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Membrane distillation (MD) has several important attributes that are ideal for strategic 
desalination applications. These attributes include the ability to concentrate feed solutions to 
their saturation points with negligible flux decline, the exclusion of a high hydraulic pressure 
and hence a reduction in capital and operational costs, and the compatibility with low-grade 
waste heat and solar thermal energy. However, current MD applications are still restricted to 
lab-scale and pilot demonstrations. The realisation of MD for practical desalination 
applications has been challenged mostly due to high energy demand and membrane fouling 
and scaling that lead to membrane pore wetting. This thesis focuses on optimising small-scale 
MD systems with respects to thermal efficiency and membrane fouling and scaling for the 
desalination of seawater and saline produced water from coal seam gas exploration. The 
thesis also aims at manifesting the viability of MD for the regeneration of hyper saline liquid 
desiccant solution used in air conditioning system. 
Membrane scaling and mitigation techniques during air gap membrane distillation 
(AGMD) of seawater were investigated using a lab-scale system. The results showed a strong 
influence of AGMD operating temperature on not only the process water flux but also 
membrane scaling and subsequent membrane cleaning efficiency. Elevating feed/coolant 
temperature from 35/25 to 60/50 ºC increased water flux, but also escalated membrane 
scaling of the AGMD process. Membrane scaling was more severe, and occurred at a lower 
water recovery (68%) when operating at 60/50 ºC compared to 35/25 ºC (78%) partly because 
of increased concentration polarisation effect. Operating temperature also affected the 
efficiency of the subsequent membrane cleaning. Membrane scaling that occurred at low 
temperature (i.e. 35/25 ºC) was more efficiently cleaned than at high temperature (i.e. 60/50 
ºC). In addition, membrane cleaning using vinegar was much more efficient than fresh water. 
Nevertheless, vinegar cleaning could not completely restore the membrane surface to the 
original condition. Scaling material remaining on the membrane surface facilitated scaling in 
the next operation cycle. On the other hand, anti-scalant addition could effectively control 
scaling. Membrane scaling during AGMD of seawater at 70% water recovery and 60/50 ºC 
was effectively controlled by anti-scalant addition. 
A pilot AGMD process for seawater desalination was then optimised with respect to 
distillate production as well as thermal and electrical energy consumption. Pilot evaluation 
data showed a notable influence of evaporator inlet temperature and water circulation rate on 
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process performance. An increase in both distillate production rate and energy efficiency 
could be obtained by increasing the evaporator inlet temperature. On the other hand, there 
was a trade-off between the distillate production rate and energy efficiency when the water 
circulation rate varied. Increasing the water circulation rate resulted in an improvement in the 
distillate production rate, but also an increase in both specific thermal and electrical energy 
consumption. Given the small driving force used in the pilot AGMD, discernible impact of 
feed salinity on process performance could be observed, while the effects of temperature and 
concentration polarisation were small. At the optimum operating conditions identified in this 
study, a stable AGMD operation for seawater desalination could be achieved with specific 
thermal and electrical energy consumption of 90 and 0.13 kWh/m3, respectively. These 
values demonstrate the commercial viability of AGMD for small-scale and off-grid seawater 
desalination where solar thermal or low-grade heat sources are readily available. 
A technique to optimise thermal efficiency using brine recycling during a small-scale 
direct contact membrane distillation (DCMD) process of seawater was also demonstrated. By 
returning the hot brine to the feed tank, the process water recovery could be increased and the 
sensible heat of the hot brine was recovered to improve thermal efficiency. The results 
showed that in the optimal water recovery range of 20 to 60% facilitated by brine recycling, 
the specific thermal energy consumption of the process could be reduced by more than half. It 
is also noteworthy that within this optimal water recovery range, the risk of membrane 
scaling was negligible  DCMD of seawater at a constant water recovery of 70% was 
achieved for over 24 hours without any scale formation on the membrane surface. In contrast, 
severe membrane scaling was observed when water recovery reached 80%. In addition to 
water recovery, other operating conditions such as feed temperature and water circulation 
rates could influence the process thermal efficiency. Increasing the feed temperature and 
reducing the circulation flow rates increased thermal efficiency. Increasing the feed 
temperature could also mitigate the negative effect of elevated feed concentration on the 
distillate flux, particularly at a high water recovery. 
Brine management is a major bottleneck for coal seam gas (CSG) production in Australia. 
In this thesis, MD was proposed for the treatment of the brine following a reverse osmosis 
(RO) process of CSG produced water. Membrane scaling and the efficiency of subsequent 
chemical cleaning during MD of CSG RO were systematically examined in a lab-scale study. 
The experimental results showed that increased feed water salinity and the permeation of CO2 
from the CSG RO brine feed resulted in only a small and gradual decrease in water flux. On 
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the other hand, the precipitation of sparingly soluble salts on the membrane at high process 
water recovery (>70%) led to a significant flux decline. Among the three chemical cleaning 
agents investigated, the commercial reverse osmosis scale cleaning agent (denoted as MC3) 
was the most effective at restoring the water flux; however, MC3 cleaning was not able to 
completely remove scale deposits from the membrane and restore its surface hydrophobicity 
to the original value because of the complexation of scalants with CSG RO brine. The 
remaining scalants (i.e. silicates) reduced the membrane surface hydrophobicity and could 
possibly enhance concentration polarisation and act as seeding for further scale formation. 
Thus, a gradual decrease in MD performance with respect to both water flux and salt leakage 
was observed after each MC3 cleaning cycle. It was noted that the chemical cleaning agents 
themselves did not alter the hydrophobicity of the membrane; thus, the gradual decline in MD 
performance was attributed to the remaining scale deposits on the membrane after each 
cleaning cycle. Results reported here highlighted the need to prevent membrane scaling and 
only use chemical cleaning as the last resort during MD treatment of CSG RO brine. 
Moreover, membrane scaling could be prevented by reducing concentration polarisation via 
limiting feed temperature and thus water flux. MD treatment of CSG RO brine with up to 
80% water recovery without any observable membrane scaling was achieved at the feed 
temperature and the water flux of 35 ºC and 10 L/m2.h, respectively. 
The feasibility of MD for treating CSG RO for beneficial uses was also demonstrated at a 
pilot level. The pilot system was equipped with a novel spiral-wound AGMD module. By 
operating the pilot MD system at low feed temperature and a small temperature gradient, a 
stable distillate production rate could be maintained. The resulting low permeate flux can be 
offset by a high packing density of the spiral-wound membrane module. The pilot MD 
system using a module with diameter, height, and total membrane surface area of 0.4 m, 0.5 
m, and 7.2 m2, respectively, could sustainably achieve 80% water recovery and produced 10 
L/h of distillate from CSG RO brine. Overall, 95% water recovery could be obtained from 
CSG produced water for beneficial uses by a combination of RO and MD without any 
observable membrane scaling. A preliminary thermal energy demand analysis suggested that 
if installed in New South Wales (Australia), one hectare of flat-plate solar thermal collector 
arrays could provide sufficient thermal energy to treat 472 m3/day of CSG produced water 
using the proposed RO/MD treatment train. 
Furthermore, zero-liquid discharge treatment of CSG RO brine could be achieved by 
integrating MD with membrane electrolysis (ME). The treatment of a synthetic CSG RO 
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brine using an integrated MD-ME system was investigated. Experimental results manifested 
the potential of MD for producing fresh water and simultaneously concentrating CSG RO 
brine prior to the ME process. MD water flux was slightly reduced by the increased feed 
salinity and the decomposition of bicarbonate to CO2 during the concentration of CSG RO 
brine. MD operation of CSG RO brine at a concentration factor of 10 (90% water recovery) 
was achieved with distillate conductivity as low as 18 µS/cm, and without any observable 
membrane scaling. Exceeding the concentration factor of 10 could lead to deterioration in 
both water flux and distillate quality due to the precipitation of NaCl, NaHCO3, and Na2CO3 
on the membrane. With respect to ME, current density and water circulation rates exerted 
strong influences on the ME process performance. More importantly, combining ME with 
MD reduced the thermal energy requirement of ME by 3 MJ per kg of NaOH produced and 
the thermal energy consumption of MD by 22 MJ per m3 of clean water extracted. 
This thesis also explores the MD application for regeneration of lithium chloride (LiCl) 
desiccant solution commonly used in liquid desiccant air conditioning (LDAC). The results 
revealed the viability of MD for LiCl regeneration. The MD process at the feed temperature 
of 65 C could increase the LiCl concentration up to 29 wt.% without any significant LiCl 
loss. Given the high concentration of the LiCl solution feed, the impact of concentration 
polarisation on the process water flux was significant as observed during the seawater MD 
desalination process at high water recoveries. Indeed, the calculated water flux obtained by 
excluding the concentration polarisation effect was more than twice of the experimentally 
measured water flux from a concentrated LiCl solution (>20 wt.%). The regeneration process 
could be optimised in terms of regeneration capacity (C) and specific thermal energy 
consumption () by regulating several operating conditions, including LiCl concentration, 
feed temperature, and circulation cross flow velocity. Increasing feed temperature and 
circulation cross flow velocity was beneficial to the process efficiency, enhancing water flux 
and C while reducing . On the other hand, increasing LiCl concentration resulted in a 
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Desalination is a pragmatic approach to augmenting fresh water supply in many water-
stressed areas. Desalination processes, including thermal distillation and membrane-based 
separation, can extract fresh water from various saline water sources such as seawater and 
produced water from oil and gas exploration. While the natural fresh water availability has 
been gradually depleted due to water pollution, saline water sources are virtually limitless. In 
addition, recent technological advancements in the desalination field have significantly 
reduced the cost, and at the same time improved the quality of desalted water to satisfy 
stringent regulations. Desalination processes can be environmentally friendly when they are 
driven by renewable energy [1, 2]. 
Large-scale thermal distillation and membrane-based desalination processes have been 
effectively used for fresh water provision to large and centralised communities [3]. However, 
sufficient fresh water provision in small and remote coastal areas remains a considerable 
challenge. Thermal distillation desalination processes, including multi-stage flash (MSF) and 
multi-effect distillation (MED) are energy intensive. Thus, they are only economically 
applicable in areas (i.e. the Middle East) where energy costs are affordable [4]. Membrane-
based desalination processes, most notably reverse osmosis (RO), consume less energy than 
the thermal distillation. Nevertheless, RO desalination requires extensive feed water pre-
treatment owning to its susceptibility to fouling [4, 5]. Furthermore, RO desalination relies on 
electricity to run high pressure pumps to achieve the salt-water separation. RO systems are 
made of expensive materials such as duplex stainless steel to withstand the high pressure and 
corrosion. Thus, RO is only economically viable for large-scale desalination applications. 
Membrane distillation (MD), a thermally driven membrane separation process, embodies 
notable attributes that are particularly promising for strategic desalination applications. These 
applications include small-scale seawater desalination for fresh water provision in remote 
coastal areas and desalination of hypersaline solutions (e.g. brine from the RO desalination 
process or liquid desiccant solution used in air conditioners). In MD, a hydrophobic 
microporous membrane is used as a barrier against the liquid water, and hence dissolved salts 
and non-volatile substances, but as a facilitator for water vapour transfer [6, 7]. A water 
vapour pressure gradient induced by a temperature difference between two sides of the MD 
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membrane is the driving force for the water vapour transfer, and the MD process is negligibly 
affected by the feed osmotic pressure. Thus, the desalination process using MD can produce 
ultrapure water from highly saline solution feeds at a mild feed water temperature without the 
need for high hydraulic pressure. MD can employ low-grade heat sources such as waste heat 
or solar thermal energy to meet its primary energy demands [8, 9]. In addition, the absence of 
high hydraulic pressure allows the MD system manufacture from inexpensive and non-
corrosive materials, hence reducing both process investment and operational costs [6, 7]. 
Given these advantages, MD desalination has been studied extensively in recent decades. To 
date, the application of MD for saline water desalination is still restricted to laboratory or 
pilot-scale demonstrations. The full realisation of MD for seawater and oil/gas produced 
water desalination has been hindered by the limited understanding of the thermal energy 
consumption and the susceptibility to pore wetting due to membrane fouling/scaling of the 
process [10, 11]. 
MD processes can be practised in four basic configurations, including direct contact 
membrane distillation (DCMD), air gap membrane distillation (AGMD), vacuum membrane 
distillation (VMD), and sweeping gas membrane distillation (SGMD). Amongst these 
configurations, DCMD and AGMD have simple arrangements with fewer process equipment 
and hence offering more cost-effective desalination means as compared to VMD and SGMD. 
As a result, DCMD and AGMD are considered more suitable for strategic and small-scale 
desalination applications than VMD and SGMD.  
 Objectives and scope of the thesis 
The overall goal of this research is to optimise the MD process with respects to membrane 
fouling/scaling and energy efficiency. Specific objectives to achieve this goal are to: 
1. Determine suitable operating conditions (e.g. water recovery, feed temperature) to 
minimise membrane scaling and evaluate membrane cleaning efficiency during 
the MD process of seawater feed; 
2. Quantify the electrical and thermal energy consumption of the MD process of 
seawater feed at a pilot scale level; 
3. Evaluate the effects of the brine recycling technique on thermal energy 
consumption reduction for the MD process for seawater desalination; 
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4. Elucidate membrane scaling and the efficiency of chemical cleaning during the 
MD treatment of brine from the RO process of coal seam gas (CSG) produced 
water (hereafter called CSG RO brine); 
5. Assess the feasibility of coupling solar thermal energy with MD for the treatment 
of CSG RO brine; 
6. Demonstrate a zero-liquid discharge treatment of CSG RO brine for clean water 
extraction and mineral production using a combined MD-membrane electrolysis 
(ME) system; 
7. Evaluate the technical viability of MD for regeneration of a hyper saline liquid 
desiccant solution used in air conditioning systems. 
 Thesis outline 
This thesis has three major parts in addition to the Introduction, Literature Review, and 
Conclusions sections (Figure 1.1). The first part focused on the optimisation of the MD 
process for seawater desalination application, and was covered in Chapters 3, 4, and 5. In 
Chapter 3, membrane scaling and mitigation techniques during an AGMD process with actual 
seawater were investigated. Chapter 4 showed the evaluation of a pilot seawater AGMD 
process with respects to distillate production and thermal and electrical energy consumption. 
The influences of feed salinity and operating conditions, including water circulation flow 
rates and feed inlet temperature on the process distillate production rate and thermal and 
electrical energy consumption were systematically examined. In Chapter 5, a simple but 
elegant technique using brine recycling to optimise membrane scaling and thermal efficiency 




Figure 1.1. Thesis outline. 
In the second part of the thesis, the strategic application of MD for the treatment of brine 
following an RO process of CSG produced water was demonstrated. Membrane scaling and 
its mitigation techniques during a lab-scale investigation were covered in Chapter 6. The 
results obtained from the lab-scale investigation were then applied in a pilot demonstration of 
MD for treatment of an actual CSG RO brine (Chapter 7). The feasibility of coupling solar 
thermal energy with MD for CSG RO brine treatment was also analysed in Chapter 7. 
Chapter 8 further examined the viability of MD for zero-liquid discharge treatment of CSG 
RO brine. In this chapter, an integrated MD-ME system was demonstrated for simultaneous 
extraction of clean water and NaOH for beneficial uses from CSG RO brine. 
The third part of the thesis focused on the novel application of MD for regeneration of 
liquid desiccant used for air conditioning systems. MD has notable attributes that make it a 
highly promising platform for regeneration of liquid desiccant solution. Chapter 9 scrutinised 
the viability of MD to regenerate a lithium chloride (LiCl) liquid desiccant solution. The 
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influences of LiCl concentration and operating parameters (e.g. feed temperature and water 
circulation rates) on the water flux, regeneration capacity, and specific thermal energy 




 Literature Review 
 Membrane distillation for desalination applications 
Membrane distillation (MD) is a thermally driven separation process. In MD desalination, 
a microporous hydrophobic membrane and a temperature difference across the membrane are 
used to facilitate the salt-water separation. The membrane acts as a barrier against liquid 
water and hence all dissolved salts and non-volatile substances, while allowing for the 
permeation of water in vapour phase through its pores [6, 7]. A hot saline solution is kept in 
direct contact with the membrane on the feed side while a stagnant air gap or a cool fluid is 
maintained on the permeate side [12, 13]. The temperature difference between two sides of 
the membrane induces a water vapour pressure gradient, thus facilitating the transfer of water 
vapour through the membrane pores. 
Membrane distillation is classified into four basic configurations depending on the 
methods applied on the permeate side to collect the distillate (Figure 2.1) [6, 7]. These 
configurations include direct contact membrane distillation (DCMD), air gap membrane 
distillation (AGMD), vacuum membrane distillation (VMD), and sweeping gas membrane 
distillation (SGMD). Amongst these configurations, DCMD and AGMD are the most suitable 
for desalination applications. DCMD has the simplest arrangement as compared with other 
MD configurations. The hot saline feed and the cold distillate streams are in direct contact 
with the membrane, and the vapour condensation occurs inside the DCMD membrane 
module. The direct contact arrangement also facilitates the heat and mass transfer between 
the process streams and the membrane surfaces, thus rendering DCMD high water flux [8, 
14, 15]. However, the simple arrangement also leads to a significant heat loss due to 
conduction via the membrane from the hot feed to the cold distillate stream, therefore 
limiting thermal efficiency of the DCMD process. In AGMD, an air gap is introduced 
between the membrane and the distillate stream to alleviate the heat conduction for improved 
thermal efficiency [6, 7]. The air gap also increases the resistance to the transfer of water 
vapour, hence reducing water flux of AGMD when comparing to DCMD [6, 7]. The 
substitution of the air gap by a gas flow in SGMD or vacuum in VMD helps reduce the mass 
transfer resistance and at the same time mitigate the heat conduction. As a result, SGMD and 
VMD can attain high water flux together with improved thermal efficiency [16-18]. 
Nevertheless, SGMD and VMD require external condensers for distillate collection and 
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additional equipment [6, 7]. Therefore, the SGMD and VMD processes are more complex 
and costly than DCMD and AGMD [6, 7]. 
 
Figure 2.1. Four main MD configurations. 
 Potentials of MD for desalination applications 
MD has some prominent features that make it a promising candidate for desalination 
applications, particularly for hyper saline solutions. As a thermally driven process, water flux 
in MD is negligibly affected by the feed osmotic pressure as compared with other pressure-
driven membrane desalination processes (e.g. RO and NF). As a result, the MD process can 
concentrate saline waters up to the saturation limits of salts in the feed waters. Given this 
capability, MD has been employed for treatment of concentrated brine from RO processes of 
seawater and gas drilling water [19-22], and hyper saline draw solutions from forward 
osmosis (FO) processes [23, 24]. Moreover, because the MD process does not involve high 
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hydraulic pressure to achieve salt-water separation as in RO and NF, MD systems can be 
made from inexpensive non-corrosive materials (e.g. plastics and aluminium alloys) to reduce 
the process investment and operational costs. MD also inherits typical attributes of membrane 
processes, including modulation, compactness, and process efficiency; therefore, it requires 
significantly less physical and energy footprints as compared to conventional thermal 
distillation (e.g. MSF and MED). Finally, the primary energy input to the MD process is heat 
at mild temperatures (i.e. ranging from 40 to 80 C). Low-grade heat such as waste heat or 
solar thermal energy can be sourced to meet the energy demand of the MD process, leading 
to noticeable process energy cost savings. As a result, MD can be an ideal replacement for 
RO or MSF and MED in the desalination applications which require a low-cost and 
maintenance-free process or involve highly saline feed waters. These applications can be 
small-scale seawater desalination for fresh water provision in remote coastal areas, and 
treatments of brine following other desalination processes or hyper saline liquid desiccant 
solution used in air conditioning systems. 
 Temperature and concentration polarisation effects 
Temperature and concentration polarisation effects are intrinsic problems of the MD 
process [6, 7]. MD is a non-isothermal separation process in which heat and mass transfer 
simultaneously occur and are interconnected [6, 7]. The MD process involves three main 
steps: (1) the vaporisation of the feed water at liquid-vapour interface in the feed channel, (2) 
the movement of water vapour through the membrane pores, and (3) the condensation of 
water vapour into distillate in the permeate channel. Coincidingly with the transfer of water, 
heat is taken away at the liquid-vapour interfaces on the feed and permeate sides of the 
membrane. As a result, the temperatures and salt concentrations at the liquid-vapour 
interfaces are different from those in the bulk feed and permeate, and boundary layers are 
established on both sides of the membrane (Figure 2.2). These phenomena are termed 
temperature and concentration polarisation effects. Temperature polarisation effect renders 
the temperature difference between two sides of the membrane smaller than that between the 
feed and the distillate (or coolant) streams, thus reducing the process water flux. On the other 
hand, concentration polarisation effect increases the salt concentrations at the membrane 
surface as compared with the bulk feed concentrations. For MD desalination of seawater or 
other saline feed waters with similar feed salinity, the influence of concentration polarisation 
effect on water flux is negligible as compared to that of temperature polarisation effect [7, 25, 
26]. For the MD process of hyper saline feeds, concentration polarisation effect can greatly 
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reduce water flux and increase the process propensity for membrane scaling. The negative 
effects of temperature and concentration polarisation on MD water flux are more severe for 
the process operated at high temperature and low feed velocity [25]. Under extreme 
conditions, negative flux can occur as a result of polarisation effects [6]. Thus, temperature 
and concentration polarisation effects are deemed a drawback of MD, and are desired to be 
minimised [26-29]. Various methods such as using spacers, applying turbulent flow, 
transverse vibration, and aeration, and employing microwave irradiation have been 
approached to mitigate the effects of temperature and concentration polarisation on MD 
performance [29-33]. 
 
Figure 2.2. Temperature and concentration polarisation effects in DCMD. 
The magnitude of the temperature polarisation effect can be evaluated using the 
temperature polarisation coefficient (). For the DCMD process,  can be calculated using 
Eq. (2.1). The value of  depends on the process fluid dynamic, and can vary from 0.4 to 0.7 











Similarly, the concentration polarisation coefficient () is used to assess the concentration 
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The MD process can achieve a nearly complete salt rejection. Thus, salt concentration in the 
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The mass transfer of water (i.e. water flux) through the MD membrane is proportional to 
the water vapour pressure difference between two sides of the membrane, and is given as: 
( )m mf mdJ C P P          (2.4) 
where Cm is the membrane mass transfer coefficient, Pmf and Pmd are the water vapour 
pressures at the liquid-vapour interfaces on two sides of the membrane. The water vapour 
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     (2.5) 
where w and aw are the molar fraction and activity of water, respectively. For aqueous saline 
solution, the water activity can be estimated using the molar fraction of salt (s) as follow [6]: 
21 0.5 10w s sa            (2.6) 
The membrane mass transfer coefficient, Cm, can be calculated using empirical 
correlations. The selection of empirical correlations for Cm calculation is determined by mass 
transfer mechanisms inside the membrane pores. Possible mass transfer mechanisms within 
MD membrane pores are viscous flow, surface diffusion, Knudsen diffusion, and molecular 
diffusion [6, 7, 34]. However, surface diffusion is often neglected in general MD applications 
[6]. Thus, depending on the structural properties of membrane, the properties of transported 
vapour, and operating parameters, the dominant MD mass transfer mechanism can be viscous 
flow, Knudsen diffusion, molecular diffusion, or a transition between them [35, 36]. 
The calculation of water flux using the Eq. (2.4) involves the temperature and salt 
concentration at the membrane surfaces, hence it is impractical. Due to polarisation effects, 
the temperature and salt concentration of the process solutions at the membrane surfaces 
differ from those in the bulk solutions, and it is unviable to measure them. Alternatively, 
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water flux of the MD process can be calculated using properties of the bulk process streams 
as follow: 
( )m bf bdJ K P P          (2.7) 
where Km is the process mass transfer coefficient, Pbf and Pbd are respectively the water 
vapour pressure of the feed and distillate streams. Km depends on the membrane properties 
and operating conditions, and its value can be experimentally determined. It is noteworthy 
that temperature and concentration polarisation might be included in the experimental 
determination of Km. 
 Membrane pore wettability in MD 
One vital requirement for the MD process to sustain its separation efficiency is the non-
wettability of the membrane pores. To achieve a complete salt rejection, only water vapour is 
allowed to transfer through the membrane pores, and the pores must be in dry condition. 
Under certain conditions, liquid water can penetrate the membrane pores and render them 
wet. The resistance of the MD process to membrane pore wetting is evaluated using the 
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where B is the geometric factor representing the pore structure,L is the liquid surface 
tension,  is the liquid-solid contact angle, and rmax is the maximum membrane pore radius. 
According to Lawson and Lloyd [6], the membrane pores become wetted when the pressure 
difference between liquid phase and vapour phase at the pore entrance exceeds LEP. 
Factors that can lead to membrane pore wetting during the MD process are the deposition 
of contaminants in the feed water on the membrane surface and the resultant degradation of 
the membrane. As implied in the Eq. (2.8), a higher LEP value can be achieved when using a 
more hydrophobic membrane (i.e.  > 90) with the feed solution having a high surface 
tension (L). Most membranes used in MD have water-membrane contact angle in the range 
from 120 to 130 [37], and fabricated surface-modified membranes with water-membrane 
contact angle as high as 160 and 178 have been proposed for the MD process for 
desalination applications [38, 39]. Contaminants depositing on the membrane surface can 
alter its hydrophobicity, thus reducing LEP and increasing the risk of membrane pore 
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wetting. Moreover, organic contaminants such as surfactants and detergents can greatly 
reduce the surface tension of the feed water [40], leading to further reduction in LEP. 
 Membrane fouling and scaling in MD 
Membrane fouling is a major hindrance to the commercialisation of MD for water 
treatment and desalination [10, 41]. Fouling reduces permeability, shortens the lifetime of 
membranes, and increases energy consumption. Consequently, membrane fouling raises the 
operational costs of the MD process. The investment cost of the MD process is also increased 
because of additional pre-treatment facilities and chemicals required to prevent and control 
fouling [41, 42]. 
Membrane fouling in MD is defined as the accumulation of undesirable deposits onto the 
membrane surface or into the membrane pores leading to a decline of membrane efficiency 
[43, 44]. The formation of unwanted materials adds extra resistance to the total mass transfer 
resistance of the MD process. The undesirable deposits might be particulates, gels formed by 
organic substances, precipitated crystals of sparingly soluble salts, and biofilm formed by 
microorganisms. Membrane fouling is categorised into four types, namely colloidal fouling, 
organic fouling, scaling, and biofouling according to the nature of particles that induce 
fouling. Amongst these types, organic fouling and scaling are the most prevalent during the 
MD desalination process [43, 44]. 
Organic fouling is a result of the adsorption of dissolved organic substances such as oil, 
macromolecules, proteins, humic acids onto the membrane surface. The accumulation of 
these organic matters on the membrane surface leads to a decline in membrane permeability. 
It is worth mentioning that despite their low concentration in the feed water, organic foulants 
often cause severe declines in MD water flux because they can form complexation with 
calcium scales in the feed water [45, 46]. Moreover, hydrophobic membranes are more prone 
to organic fouling due to hydrophobic adsorption of organic materials to the membrane 
surface [45, 47]. 
Scaling (or inorganic fouling) in the MD process is caused by the precipitation of 
sparingly soluble salts at their super-saturation state. The most likely scalants faced in MD 
desalination are calcium sulphate (CaSO4), calcium carbonate (CaCO3), and silicate [10, 48-
50]. These scalants have limited and temperature-inverse solubility (except silicate) in the 
MD operating temperature range [51]. During the MD process, when water is extracted from 
the feed solution, the concentrations of the sparingly soluble salts in the feed channel increase 
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and might reach super-saturation, posing a high risk of scaling. The scale formation on the 
membrane can constrain the MD desalination process from achieving high water recovery 
ratios [48, 49]. 
MD operating parameters exert great effects on the scale formation rate and the scale 
morphology. Gryta [52] reported that increasing feed temperature resulted in a higher rate of 
the carbonate scale formation, and low feed flow velocity led to a more compact deposit layer 
on the membrane. A similar trend was observed in the study of Wang et al. [53]. Nghiem and 
Cath [10] observed more severe scale formation of CaSO4 than that of CaCO3 and silicate, 
and they also found that increased feed temperature and CaSO4 concentration led to a 
decrease in the induction time and an increase in the CaSO4 crystal size. He et al. [49] 
declared that the co-precipitation of CaCO3 and CaSO4 formed more adherent and tenacious 
deposit layers on the membrane than those consisted of single salts. 
The scale formation on the membrane in MD is also influenced by the temperature and 
concentration polarisation. Due to the polarisation effect, concentrations of the sparingly 
soluble salts in boundary layers adjacent to the membrane are higher than those in the bulk 
feed solution, hence increasing the scale formation tendency [51, 53, 54]. In contrast, the 
temperature polarisation effect reduces the temperature of the feed solution next to the 
membrane, and might increase the solubility of sparingly soluble calcium salts; therefore, it 
lowers potential for the scale formation. However, the influence of the temperature 
polarisation effect on the scale formation is trivial in comparison with that of the 
concentration polarisation effect [49, 51]. It is noteworthy that unlike sparingly soluble 
calcium salts, silica has solubility proportional to temperature, thus temperature polarisation 
tends to raise the deposition of silica on the membrane surface [50]. 
 Thermal efficiency and energy consumption of the MD process 
Theoretically, desalination is an energy-intensive process. In both thermal distillation and 
membrane-based desalination processes, water, which is the major constituent of the solution, 
is removed from the solution instead of dissolved salts. Thus, significant amount of energy is 
required to achieve the salt-water separation. However, unlike other desalination processes, 
MD demonstrates considerable potential for utilising low-grade waste heat and renewable 
energy given its mild operating temperature. Thus, MD has been widely realised as an energy 
saving alternative to mature desalination processes [10, 55, 56]. 
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In MD, only the heat flux accompanying the water vapour transfer is the useful heat. The 
heat flux caused by the conduction through the membrane does not contribute to the transport 
of water vapour, and hence is deemed the heat loss. To evaluate thermal performance of the 
MD process, thermal efficiency (), which is the ratio between the useful heat and the total 
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      (2.9) 
where Hv is the latent heat of evaporation of water, km is the thermal conductivity of the 
membrane, and  is the membrane thickness. 
Specific thermal energy consumption (STEC), which is the amount of thermal energy 
demanded to produce 1 m3 distillate, is also used to assess the MD process thermal 
efficiency. The calculation of STEC is given as: 
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where mf is the mass flow rate of the feed stream, Cp is the specific heat capacity of the feed 
solution, Tf.in and Tf.out are feed inlet and outlet temperatures, respectively, and md is the 
distillate production rate. 
The latent heat of condensation can be recovered to pre-heat the feed stream to reduce the 
energy consumption of the MD process. Gained output ratio (GOR) is used to evaluate the 
performance of MD with respect to heat recovery. GOR is calculated as [57, 58]: 
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 MD for seawater desalination applications 
 Membrane fouling and scaling in seawater MD desalination 
There is a consensus that MD is much less susceptible to membrane fouling than 
pressure-driven filtration processes (e.g. RO) for seawater desalination applications. Unlike 
in RO, in MD water permeates through the membrane in vapour phase, while liquid water 
and foulants are retained on the membrane surface. The MD process does not involve high 
hydraulic pressure on the membrane surface to drive the water transport through the 
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membrane as RO does. Membrane fouling in MD is caused by the adsorption of foulants onto 
the membrane surface. As a result, the seawater MD desalination process requires noticeably 
less feed water pre-treatment as compared to RO. 
The MD process demonstrates enormous potential for seawater desalination with high 
water recovery ratios. As a thermally driven separation process, water flux in MD is 
negligibly affected by the feed osmotic pressure. Thus, the MD process can achieve water 
recovery ratios appreciably higher than those of the seawater RO process. In the context of 
high water recovery, inorganic membrane fouling (i.e. membrane scaling) caused by the 
precipitation of sparingly soluble salts (e.g. salts of calcium, magnesium, and silicate) is a 
considerable challenge to the sustainable seawater MD process. 
There has been abundance of studies on membrane scaling and mitigation techniques in 
MD as summarised in the two recent review papers [43, 44]. These studies have elucidated 
the detrimental effects of membrane scaling on the process performance (e.g. water flux and 
distillate quality), and examined various techniques to alleviate and control membrane scaling 
during the MD process. Notable examples include the studies by Nghiem and Cath [10], 
Hickenbottom et al. [59], He et al. [49], Martinetti et al. [22], Mericq et al. [21], Adam et al. 
[60], Chen et al. [61], Ge et al. [20], Hou et al. [62], Peng et al. [63], and Zhang et al. [19]. 
However, most of these scaling studies used lab-scale DCMD systems with either synthetic 
saline feed solutions or brine from the seawater RO desalination process. None of the 
previous studies has explored membrane scaling and mitigation techniques during seawater 
desalination using the pilot or large-scale AGMD process. It is worth reiterating that AGMD 
together with DCMD are the most used MD configurations for seawater desalination 
applications. Membrane scaling in the DCMD process might differ from that during the 
AGMD process given the much lower operating flux of AGMD as compared to DCMD. In 
addition, the characteristics and hence the scaling propensity of synthetic saline solutions and 
seawater RO brine are different from those of actual seawater. Last but not least, some 
membrane scaling mitigation techniques proposed in the previous studies (e.g. resetting the 
scale induction period by regular membrane flushing with fresh water [10], flow and 
temperature reversal [59], and ultrasonication [62]) are effective for DCMD, but might not be 
practicable for AGMD. As a result, membrane scaling during the AGMD process of actual 
seawater, particularly under operating conditions practised for pilot or large-scale processes, 
is still a research gap that needs addressed. 
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 Energy consumption of seawater MD desalination 
Together with membrane scaling, intensive energy consumption has been considered a 
hindrance to the realisation of MD for seawater desalination applications. As a phase-change 
separation process, MD consumes huge amount of thermal energy (i.e. heating and cooling) 
to facilitate the phase conversion of water from liquid to vapour and vice versa. The transfer 
of the latent heat that is associated with the transfer of water coincides with the heat 
conduction through the membrane during the MD process. The heat conduction through the 
membrane, which is the heat loss, can account for up to 50% of the total heat input of the MD 
process [6]. As a result, most MD processes reported in the literature demonstrate poor 
energy efficiency with specific energy consumption of several orders of magnitude higher 
than that of RO [9, 64, 65]. 
It is noteworthy that specific thermal energy consumption (STEC) of the MD processes 
reported in the literature is widely dispersed as recently highlighted by Khayet [56]. The 
STEC of the MD process can differ in 3 orders of magnitude, ranging from as low as 1 up to 
9,000 kWh/m3 [56]. The wide dispersion in STEC values is attributed to the variation in the 
configuration, membrane module geometry, and operating conditions of the MD process [56]. 
As a notable example, Carlsson [66] reported a very low STEC of 1.25 kWh/m3, but failed to 
provide any analytical details and operating parameters of the MD process used in his study. 
Koschikowski et al. [67] reported a STEC value of 117 kWh/m3 for a MD system with an 8 
m2 spiral-wound AGMD membrane module at 75 C evaporator inlet temperature and 350 
L/h water flow rate. A larger AGMD system (i.e. with membrane area of 40 m2) exhibited a 
higher STEC value ranging from 200 to 300 kWh/m3 [68]. Much higher STEC values were 
reported for the MD processes using DCMD configuration. Of a particular note, Criscuoli et 
al. [69] demonstrated a DCMD process with really high STEC values ranging from 3500 to 
4580 kWh/m3. 
Thermal efficiency of the MD process can be significantly enhanced, and thus the process 
STEC can be reduced by recovering the latent heat associated with the water vapour transfer. 
In AGMD, the recovery of the latent heat can be achieved inside the membrane module. The 
feed water can be fed to the coolant channel to act as a coolant fluid, and in tandem to be 
preheated by the latent heat of water vapour condensation. Then, the preheated feed water can 
be additionally heated by an external heat source to reach a desired temperature prior to 
entering the feed channel of the AGMD membrane module (Figure 2.1). Thus, STEC of the 
AGMD process can be noticeably reduced. Operating conditions, including feed inlet 
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temperature, feed salinity, and particularly water circulation rate, are expected to exert strong 
influences on the STEC of the AGMD process. It is noteworthy that no previous studies have 
systematically elucidated the influences of operating conditions on thermal and electrical 
energy consumption of the AGMD process with actual seawater. Optimisation of the 
seawater AGMD desalination process at pilot or large-scale level remains a gap in the MD 
literature. 
Unlike in AGMD, in DCMD the heat recovery can be achieved using an external heat 
exchanger [70]. The latent heat accumulated in the distillate stream is recovered to preheat 
the feed stream in the heat exchanger. When the heat exchanger is coupled with the DCMD 
membrane module, the relative flow rate between the feed and the distillate stream and the 
surface areas of the heat exchanger and the membrane module strongly determine the process 
STEC [70]. The DCMD process obtains minimum STEC at a critical relative flow rate and 
with infinite heat exchanger and membrane module surfaces [70]. In practice, however, it is 
unfeasible to have heat exchanger and membrane module with infinite surfaces. 
Thermal efficiency of the DCMD process can also be improved by brine recycling. In the 
DCMD process, particularly for the small-scale system with short membrane channels, the 
warm brine leaving the membrane module contains a considerable amount of sensible heat. 
When the brine is recycled in the process, the brine sensible heat can be utilised, hence 
reducing the total heat demand and STEC of the process. Brine recycling also helps enhance 
the utilisation of the available membrane surface area to increase the water recovery ratio of 
the DCMD process. Indeed, Saffarini et al. [71] have suggested brine recycling for MD 
thermal efficiency improvement. A major challenge to brine recycling in seawater DCMD 
desalination is to manage the negative influence of membrane scaling and increased feed 
salinity on the water flux and salt rejection of the process. It is noteworthy that brine 
recycling for optimisation of the seawater DCMD process has not yet been experimentally 
evaluated. 
 MD for the treatment of coal seam gas produced water 
Management and treatment of coal seam gas (CSG) produced water has emerged as a 
critical issue for the gas exploration and water industries [72-75]. CSG is essentially methane 
gas originated in deep underground coal seams. Due to high pressure in coal seams, methane 
is well mixed with underground water and absorbed into micro pores of coal [75, 76]. During 
the production of CSG, large volumes of water are extracted from coal seams to release 
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methane from coal. The extracted water is called CSG produced water, and typically 
characterised as saline wastewater [77, 78]. Directly discharging raw CSG produced water to 
the environment can adversely alter the surrounding water bodies and negatively affect the 
ecosystem [75, 78]. Thus, efficient management and treatment of CSG produced water have 
played a vital role in enabling environmentally sustainable CSG extraction. 
 Characteristics of CSG produced water 
The quality of CSG produced water greatly varies depending on the geological formation, 
the depth of the coal seam, and the quality of water entering the coal seam [75, 79, 80]. 
Overall, CSG produced water can be characterised as saline and highly sodic water with high 
contents of sodium, chloride, and bicarbonate [75, 76]. The salinity of CSG produced water is 
comparable to that of brackish water, and varies in the range of 1,000  6,000 mg/L [75], 
though a high salinity of 17,000 mg/L has been reported [79]. The pH of CSG produced 
water is normally in the range from 6.5 to 8.5 [81] or even to 10.3 [76]. Table 2.1 shows 
characteristics and ion concentration of the CSG produced water obtained from one gas field 
in New South Wales, Australia. 
One important characteristic of CSG produced water is the sodium adsorption ratio 
(SAR), which is the relative content of sodium to calcium and magnesium in the water [82]. 
SAR is used to evaluate the harmful effects of dissolved sodium on the soil. Discharging 
water of high SAR to the environment may result in detrimental damage of soil structure and 
adversely affect the growth of plants [75, 76, 78]. 
Table 2.1. Characteristics of CSG produced water obtained from a pilot gas field in New 
South Wales, Australia (From [83]). 
General characteristics Ion concentration (mg/L) 
Conductivity (S/cm) 7,200 Chloride 1,270 
pH 7.84 Bicarbonate alkalinity as CaCO3 2,020 
Turbidity (NTU) 6.1 Carbonate alkalinity as CaCO3 < 1 
Total dissolved solids (mg/L) 4,385 Sulphate < 1 
Suspended solid (mg/L) 276 Sodium 1,710 
Total organic carbon (mg/L) 9 Calcium 9 
Total anions (meq/L) 64.9 Magnesium 4 
Total cations (meq/L) 75.5 Sodium adsorption ratio (SAR) 119.2 
In addition to the major constituents shown in Table 2.1, CSG produced water may 
contain organic compounds at low concentrations and metallic ions at trace levels [75]. 
Common organic compounds identified in CSG produced water are polycyclic aromatic 
hydrocarbons, aromatic amines, phenols, biphenyls, and N-, O-, and S-containing 
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heterocylclic compounds [79, 84]. Trace metallic ions, particularly heavy metals, in CSG 
produced water present potential harms to human and aquatic life [85]. Therefore, treatment 
of CSG produced water is required to reduce the risk of these trace elements. 
 Management and treatment of CSG produced water 
Various methods have been applied to manage the wastewater produced during the 
extraction of CSG. The produced water can be directly discharged to surface water, injected 
into underground, kept in reservoirs for natural evaporation, or treated for beneficial uses 
[75]. With the expansion of CSG production, more stringent regulations on CSG produced 
water management have recently been imposed. Conventional management methods such as 
direct surface discharge, underground injection, and impoundment can adversely alter the 
ecosystem and present considerable risks to the surrounding environment [75]. Therefore, 
treatment of CSG produced water for beneficial uses is preferred regarding environmentally 
sustainable outcomes and effective utilisation of water resources [75, 86]. The treated water 
from CSG produced water can be used for various purposes such as aquaculture, irrigation, 
livestock watering, and potable water supply [75, 80]. 
Most state-of-the-art treatments of CSG produced water for beneficial uses employ 
membrane processes. A typical CSG water treatment train consists of pre-treatment facilities 
and a RO desalination process (Figure 2.3). Pre-treatment possibly involves percolation, 
chlorine addition, acidification, and filtration (e.g. sand filtration or microfiltration) to reduce 
the fouling propensity of CSG produced water prior to the RO desalination process [75]. 
Subsequently, the RO process can technically and economically obtain fresh water of 
drinking water standards [87]. 
 
Figure 2.3. A typical CSG water RO treatment train (from [75]). 
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A key limitation of the current CSG produced water treatment for beneficial uses is 
limited process water recovery. As a pressure-driven separation process, RO is highly 
susceptible to the salinity of the feed solution. Membrane fouling also limits the water 
recovery of the RO process of CSG produced water. Low water recovery results in less water 
product and large volumes of discharged brine; thus increases the treatment cost [88]. In 
addition, large volumes of the discharged brine pose environmental concerns, and present 
difficulties in managing CSG produced water. Thus, there is a great need to increase the 
water recovery of the RO treatment of CSG produced water for favourable economic and 
environmental outcomes [89, 90]. 
Several methods have been applied to increase water recovery and minimise brine from 
RO desalination processes. These methods basically are the integration of a thermal process 
such as thermal evaporation, crystallisation, and spray drying with RO [88]. Combining these 
processes with RO, zero-liquid discharge can be achieved in the treatment of CSG produced 
water. However, high investment and operational costs are the key limitations of the thermal 
methods. Given its considerable advantages over the conventional thermal processes, MD can 
be an ideal alternative to the thermal methods for further concentrating the brine from the 
CSG produced water RO treatment process. 
 Potential of MD to treat brine from the RO process of CSG produced water 
MD can be a viable technology for the treatment brine following the RO process of CSG 
produced water. As a thermally driven process, water flux of the MD process is not limited 
by the osmotic pressure of the feed solution. As a result, the MD process might be capable of 
further concentrating CSG RO brine. Moreover, low-grade waste heat and renewable energy 
can be integrated into the MD process; thus, the operating cost of CSG RO brine treatment 
can be considerably reduced. Finally, the MD process has a small physical footprint, and is 
easily scaled up or down, thus facilitating the coupling of the MD process with existing RO 
plants. 
Several technical challenges confront the realisation of MD for the treatment of CSG RO 
brine. The most notable challenge is membrane scaling. CSG RO brine contains high 
concentrations of bicarbonate, sulphate, and calcium ions. During the MD process of CSG 
RO brine, as the feed solution is heated to induce the driving force, bicarbonate ions will 
reduce to carbonate and carbon dioxide as [91]: 
2HCO3-   =   CO32- + CO2 + H2O      (2.12) 
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The generated carbonate can combine with calcium ions to form the calcium carbonate. 
At high water recovery ratios, the concentration of calcium carbonate might exceed the 
solubility limit, thus possibly leading to scale formation on the MD membrane. Besides 
calcium carbonate, calcium sulphate might deposit on the MD membrane. 
Low water flux might be another challenge beside membrane scaling. Carbon dioxide 
generated during the decomposition of bicarbonate can desorb from the heated feed solution 
and penetrate through the membrane pores. This can increase the resistance to the transfer of 
water vapour, resulting in decreased permeate flux. Furthermore, the transfer of carbon 
dioxide to the permeate side can deteriorate the quality of product water. The fresh and cool 
water in the permeate channel can absorb a significant amount of carbon dioxide. 
 MD for the treatment of liquid desiccant solutions 
 Liquid desiccant air conditioning (LDAC) 
The provision of thermal comfort and air quality to buildings in humid and hot areas 
remains a technical challenge. Building thermal comfort and air quality (i.e. temperature and 
humidity) are achieved by removing the building cooling load, which is divided into sensible 
load and latent load. In humid weather areas, the latent load is much higher compared to the 
sensible load. Conventional compressor based air conditioners are effective for the control of 
the sensible load, but inefficient for the removal of the latent load [92-94]. In the 
conventional air conditioning process, latent load is removed by cooling the air to below its 
dew point temperature to condense water vapour from the air, and then reheating the dried air 
to a desired temperature [92-94]. This process is energy intensive; thus, conventional air 
conditioning equipment is not ideal for the provision of indoor thermal comfort and air 
quality in hot and humid locations. 
Liquid desiccant air conditioning (LDAC) has emerged as an attractive alternative to 
vapour compression air conditioners for indoor thermal comfort and air quality in hot and 
humid areas [95, 96]. In the LDAC system, the latent load is removed by using a liquid 
desiccant stream flowing counter-currently with a warm and humid air flow. Due to the 
strong affinity of the liquid desiccant solution, the moisture from the air is absorbed into the 
liquid desiccant stream; thus, the air flow is dehumidified and cooled [92, 93]. Unlike 
conventional vapour compression air conditioners, LDAC obviates the need for over cooling 
and the subsequent reheating the air to achieve thermal comfort and air quality. The 
temperature and humidity of the air flow can be controlled by the absorption rate of moisture 
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from the air to the liquid desiccant. Electricity is consumed only for the circulation of liquid 
desiccant and air, and the primary energy input to the LDAC process is thermal energy for 
the regeneration of the liquid desiccant solution [97, 98]. Low-grade waste heat or solar 
thermal energy can be coupled with LDAC to mitigate the heavy reliance of air conditioning 
equipment on electricity. It is also noteworthy that the need for air conditioning often 
coincides with the abundance of solar radiation [97]. 
 Regeneration of liquid desiccant solution 
Regeneration of the liquid desiccant plays a vital role in maintaining the dehumidification 
efficiency of the LDAC system. Aqueous solutions of halide salts including LiCl, LiBr, and 
CaCl2 at high concentrations are frequently used as liquid desiccant in the LDAC system due 
to their noticeable low equilibrium vapour pressure [92-94]. The dehumidification efficiency 
of the LDAC system is determined by the desiccant solution equilibrium vapour pressure. 
The desiccant solution with higher salt concentration and at lower temperature has a lower 
equilibrium vapour pressure, and hence offers a higher moisture absorption rate. When a 
strong desiccant stream is in contact with the air flow inside the dehumidifier, it absorbs the 
moisture from the air. The moisture adsorption dilutes the desiccant solution and at the same 
time increases the solution temperature. This results in an increase in the equilibrium vapour 
pressure, and hence a decrease in dehumidification efficiency of the desiccant solution. Thus, 
the weak (i.e. diluted) desiccant solution needs to be regenerated before returning to the 
dehumidifier for the next dehumidification cycle [97, 98]. 
In most current LDAC systems, conventional thermal evaporation is used for regeneration 
of liquid desiccant solutions. During the conventional thermal regeneration process, the weak 
liquid desiccant solution is heated to about 90 C, and then sprayed over a packed-bed 
contact media for water evaporation (Figure 2.4) [97]. The thermal regeneration method 
largely relies on thermal energy which can be sourced from waste heat or solar thermal 
energy. Therefore, LDAC coupled with thermal evaporation is highly preferable to vapour 
compression air conditioners in areas where these low-grade heat sources are available. 
Nevertheless, the conventional thermal regeneration process suffers from two major 
drawbacks, namely large physical footprint and particularly the desiccant loss due to 
carryover [94, 97]. Large physical footprint renders a high capital cost for the LDAC system. 
On the other hand, desiccant loss due to carryover leads to the need for desiccant 
replenishment, and thus increases the operational cost of the LDAC system. Desiccant 
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carryover during the thermal regeneration process also causes long-term detrimental effects 
on building occupants [94]. 
 
Figure 2.4. The regeneration process of liquid desiccant solution using conventional thermal 
evaporation. 
Membrane separation processes, including RO and electro-dialysis (ED), have also been 
proposed for the regeneration of liquid desiccants [99-101]. Unlike thermal evaporation, the 
RO process does not require heating the weak desiccant solution, and therefore precludes 
subsequent cooling of the reconcentrated desiccant solution [100, 101]. Nevertheless, as a 
pressure-driven filtration process, liquid desiccant regeneration using RO involves an 
extremely high hydraulic pressure to surpass the osmotic pressure of liquid desiccant. It is 
noteworthy that currently available RO membranes are not compatible with LiCl solution at 
concentration above 15 wt.% [101], while LiCl solution at up to 42 wt.% can be used in the 
LDAC system [92, 93]. 
 Liquid desiccant regeneration using ED can effectively address the high osmotic pressure 
of liquid desiccant solution [99]. Unlike RO, ED uses an ion-exchange membrane and an 
electrical driving force to concentrate the weak liquid desiccant solution. In an ED system, 
the weak and a spent desiccant solution are separated by cation- or anion-exchange 
membranes. When the electrical driving force is applied, due to the selective permeation of 
the ion-exchange membranes, cations and anions from the spent solution transfer to the weak 
solution, thus increasing the weak desiccant solution concentration [99]. The utilisation of the 
spent desiccant solution helps mitigate the negative effect of osmotic pressure on the 
desiccant regeneration efficiency of the ED process. As a result, ED is compatible with most 
liquid desiccant solutions commonly used for LDAC [99]. However, the regeneration 
efficiency of the ED process is strongly affected by many factors, including the system 
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configuration and operating conditions [99]. Therefore, more researches are needed before 
ED can be successfully integrated into LDAC. 
MD can be an ideal technology platform for regeneration of liquid desiccants used in 
LDAC (Figure 2.5). Similar to conventional thermal regeneration, MD can utilise low-grade 
waste heat or solar thermal energy as the primary energy input for regeneration of liquid 
desiccants, thus resulting in a significant reduction in the energy costs of LDAC. More 
importantly, the carryover desiccant loss, which is a problematic aspect of conventional 
thermal regeneration, can be successfully eradicated in the MD process given a complete salt 
rejection achieved by the MD membrane. As compared with RO, the regeneration efficiency 
of the MD process is much less influenced by the osmotic pressure of liquid desiccant 
solutions. Therefore, MD can be more compatible with liquid desiccant solutions at high salt 
concentrations than RO. 
 
Figure 2.5. Coupling MD with dehumidification for liquid desiccant air conditioning. 
There have been very few attempts to explore the MD process for regeneration of liquid 
desiccants in LDAC despite its great attributes mentioned above. A notable example can be 
the study by Choo et al. [102]. The authors demonstrated a pilot vacuum multi-effect MD (V-
MEMD) process for regeneration of LiCl solutions. The influences of the LiCl feed 
concentration and heating temperature on the thermal performance, water flux, and 
regeneration efficiency of the V-MEMD process were examined [102]. Increasing LiCl 
concentration reduced the V-MEMD process performance indicators, while increasing feed 
temperature exerted positive influences on them [102]. It is noteworthy that the V-MEMD 
process solely relied on solar thermal collector and solar PVs to meet the energy demand of 
the LiCl regeneration [102]. 
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The extreme salinity of liquid desiccant solutions poses several challenges to the MD 
process. These challenges include severe temperature and concentration polarisation effects 
and low water activity of liquid desiccants, thus resulting in limited process water flux. 
Because MD thermal energy consumption is strongly affected by the process water flux, the 
thermal energy consumption of the MD process with liquid desiccant solutions might be 
much higher than that of seawater MD desalination. High thermal energy consumption results 
in increase in investment and operational costs of the MD process.  
 
47 
 Membrane Scaling and Prevention 
Techniques during Seawater Desalination by Air Gap 
Membrane distillation 
 Introduction 
Seawater desalination is a practical approach to secure drinking water supply for coastal 
communities around the world [3]. Traditional technologies including reverse osmosis (RO) 
and thermal distillation (e.g. multi-stage flash and multi-effect distillation) are cost-effective 
for large-scale seawater desalination. However, they are not suitable for small-scale 
applications, particularly where a reliable power supply and technical support are not readily 
available. RO requires extensive pre-treatment, high-pressure pumps with high and reliable 
electricity input, and expensive stainless-steel components. Conventional thermal distillation 
technologies are less energy efficient compared to RO. Their physical and energy footprints 
render them unsuitable for small-scale operations. Given the strategic need for water surety 
for small coastal communities, several alternative seawater desalination technologies have 
been explored in recent years. Amongst them, membrane distillation (MD) has emerged as a 
potential technology platform for small-scale, stand-alone, and off-grid seawater desalination 
[55, 65, 67, 103, 104]. 
MD is a thermally driven membrane separation process. Unlike RO, MD does not rely on 
a high hydraulic pressure for mass transfer. As a result, MD systems can be constructed from 
inexpensive plastic materials, resulting in considerable cost savings compared to RO that 
requires stainless-steel materials. In addition, the water flux in MD is governed by the water 
vapour pressure difference between the feed and coolant stream, and is not subjected to 
osmosis [48, 60]. Thus, seawater desalination using MD can be operated at a higher feed 
salinity or process water recovery (i.e. the volumetric ratio of total fresh water produced to 
initial feed water) compared to RO [70, 105]. Moreover, MD does not require intensive pre-
treatment and is less susceptible to organic and colloidal fouling in comparison to RO [13, 
106]. Last but not least, given its operating temperature in the range from 40 to 80 ºC, MD 
can directly use waste heat and solar thermal as its main source of energy [8, 9, 107]. Given 
                                                 
This chapter has been published as: H.C. Duong, M. Duke, S. Gray, P. Cooper, and L.D. 
Nghiem, Membrane scaling and prevention techniques during seawater desalination by air 
gap membrane distillation, Desalination 397 (2016), 56-62. 
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these attributes, MD can be a promising candidate for small-scale and off-grid seawater 
desalination application in remote coastal areas. 
MD can be operated in four basic configurations, including direct contact membrane 
distillation (DCMD), sweeping gas membrane distillation (SGMD), vacuum membrane 
distillation (VMD), and air gap membrane distillation (AGMD) [13]. Amongst these 
configurations, AGMD is arguably the most suitable for a small-scale, energy-efficient 
seawater desalination process [71, 108-110]. In AGMD, a condenser is inserted between the 
feed and coolant stream to form an air gap on the permeate side of the membrane. The 
inserted condenser allows for the separation between the coolant and distillate stream, hence 
facilitating the internal recovery of the latent heat of vapour condensation without the need 
for an external heat exchanger. By contrast, heat recovery may be possible with other MD 
configurations (e.g. DCMD) but only with an external heat exchanger [111]. The air gap also 
functions as an isolation layer to reduce the heat conduction through the membrane from the 
feed [112]. As a result, AGMD exhibits higher thermal efficiency compared to the other 
configurations, particularly DCMD. The internal condenser also facilitates water vapour 
condensation inside the membrane module. Thus, AGMD is less complex than SGMD and 
VMD, both of which require an external condenser. It is noteworthy that a variation of 
AGMD which is often called permeate gap membrane distillation can also be particularly 
useful for small-scale seawater desalination application in remote areas [113, 114]. 
A key technical challenge to realising MD for small-scale seawater desalination is 
membrane scaling, which can occur at high water recovery ratios. Operating MD at a high 
water recovery minimises energy loss through the sensible heat of the brine [115]. However, 
high water recovery operation also increases the risk of membrane scaling caused by the 
precipitation of sparingly soluble salts in seawater. Scale layers formed on the membrane can 
alter the hydrophobicity of the membrane surface, leading to the intrusion of seawater into 
membrane pores and, thus, deteriorated distillate quality. The scale layers also aggravate 
temperature and polarisation effects and reduce the active membrane surface for water 
evaporation, hence significantly reducing water flux [10, 50, 53, 116]. 
Several studies have focused on membrane scaling and mitigation techniques during 
DCMD processes [10, 19, 59, 117]. Hickenbottom and Cath [59] demonstrated that 
intermittently reversing the flow direction of water vapour during DCMD of seawater could 
effectively sustain water flux even above 75% water recovery. Nghiem and Cath [10] 
revealed that membrane scaling caused by CaSO4 during DCMD could be avoided by 
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regularly flushing the membrane with Milli-Q water to reset the induction period. Gryta [117] 
examined membrane cleaning using a 2  5 wt.% HCl solution for CaCO3 scaling during a 
long-term DCMD process of surface water. Membrane cleaning using HCl could fully restore 
the initial water flux [117]. Recently, anti-scalant addition has proved to be potent in 
prolonging a DCMD process of seawater RO brine at supersaturation over an extended period 
of operation [19]. The anti-scalant added to the feed helped delay the precipitation of CaCO3 
and CaSO4 when they were over-saturated, thus maintaining stability of the water flux and 
distillate quality of the DCMD process [19]. 
Membrane scaling and mitigation techniques during AGMD of seawater remain a major 
research gap. Given a lower operating water flux than DCMD, the scaling behaviour of 
AGMD can differ from that of DCMD [112, 118]. In addition, most of the aforementioned 
scaling mitigation techniques are innovative and effective for DCMD, but might not be 
usable or feasible for a small-scale seawater AGMD process in remote areas. Flow reversal 
[59] is not compatible to AGMD operation. Similarly, resetting the induction period by 
regular membrane flushing [10] involves frequent process disruption, which is less preferable 
for continuously operating desalination systems. Effective membrane cleaning using mineral 
acids such as HCl and H2SO4 has been demonstrated [117, 119]. However, given their 
corrosive nature, mineral acids cannot be safely stored and used at household level, which is 
the key target of small-scale seawater AGMD systems. For small-scale seawater AGMD 
operation in remote areas, non-hazardous and domestically available cleaning agents such as 
vinegar, which mainly consists of acetic acid (i.e. 5  8 vol.%) and water, are preferable 
mineral acids. To date, no previous study has examined the efficacy of scaling removal 
during MD operation for seawater desalination by vinegar (i.e. acetic acid). 
This chapter aims to elucidate membrane scaling and mitigation techniques during a lab-
scale seawater AGMD process operated under conditions practised for small-scale operation. 
The mass transfer coefficients of the lab-scale AGMD system at different operating 
temperatures were first experimentally determined. Given the mass transfer coefficients, the 
influence of feed salinity and particularly membrane scaling on water flux at low and high 
operating temperature was simulated and then validated by experimental results. In addition, 
scaling mitigation techniques using a commercially available anti-scalant and vinegar (which 
is readily available at all households) were also investigated. This chapter provides important 




 Materials and methods 
 Materials  
A lab-scale AGMD system (Figure 3.1A) with a plate-and-frame membrane module was 
used. The membrane module consisted of two acrylic semi-cells, an aluminium mesh and an 
aluminium condenser (0.5 mm thick), rubber gaskets, and spacers. Each semi-cell was 
engraved to create a flow channel with depth, width, and length of 0.3, 9.5, and 35.0 cm, 
respectively (Figure 3.1B). Hydrophobic flat-sheet low-density polyethylene (LDPE) 
membrane (Aquastill, Sittard, The Netherland) with nominal pore size, thickness, and 
porosity of 0.3 m, 76 m, and 85%, respectively, was used in all experiments. The 
aluminium mesh provided support to the membrane and facilitated water vapour 
condensation on the permeate side, thus increasing water flux of the AGMD system [120]. 
Rubber gaskets were used to seal the flow channels and to form a 3 mm-thick air gap 
between the membrane and the condenser. Polypropylene spacers (i.e. with thickness, mesh 
size, voidage, and hydrodynamic angle of 2.0 mm, 4.0 mm, 0.78, and 60, respectively) were 






Figure 3.1. (A) A schematic diagram of the AGMD unit, and (B) A sketch of the AGMD 
membrane module. 
The MD feed tank was equipped with a float valve and was heated using a heating 
element connected to a temperature control unit. Since this chapter focused on membrane 
scaling rather than energy efficiency, the AGMD process was simplified to exclude the 
internal latent heat recovery and a chiller was used for cooling. The heated seawater was 
circulated through the feed channel and then returned to the MD feed tank using a variable-
speed gear pump (Model 120/IEC71-B14, Micropump Inc., USA). The chiller (SC200-PC, 
Aqua Cooler, Australia) circulated chilled water through the coolant channel. A peristaltic 
pump (Masterflex, John Morris Scientific Pty Ltd., Australia) was used to bleed the 
concentrated seawater from the MD feed tank during the continuous operation mode (Section 
3.2.3). Distillate was collected in a tank on a digital balance (PB32002-S, Mettler Toledo, 
Inc., USA) connected to a computer for the automatic measurement of the process water flux. 
Milli-Q water and seawater were used as feed solutions. Seawater was sampled from 
Wollongong beach (New South Wales, Australia) and was filtered by 0.45 m filter papers 
prior to all experiments. The pre-filtered seawater had total dissolved solids (TDS), electrical 
conductivity, and pH of 37,000 ± 2000 mg/L, 52.5 ± 1.0 mS/cm, and 8.3 ± 0.1, respectively. 
The total organic carbon (TOC) concentration of this pre-filtered seawater was less than 2 
mg/L. 
A commercial anti-scalant, Osmotreat OSM35 (Osmoflo Pty Ltd, Adelaide, Australia), 
was used in the AGMD experiments with seawater at high water recoveries. According to the 
manufacture, Osmotreat OSM35 contains sodium salt of nitrilotri (methylene) phosphonic 




inhibit a broad spectrum of scalants, including the sparingly soluble salts of calcium and 
magnesium. 
Fresh water (i.e. TDS = 65  5 mg/L) and a vinegar (from a supermarket) solution with 
pH of 2.5  0.1 were used to clean the scaled membranes after the AGMD experiments with 
seawater without anti-scalant addition. Vinegar was chosen as a ‘domestic chemical’ because 
it is readily available at all households. 
 Analytical methods 
The contact angle of the membrane surface was measured using a Rame-Hart Goniometer 
(Model 250, Rame-Hart, Netcong, New Jersey, USA) following the standard sessile drop 
method (i.e. with the droplet volume of 12 L). Milli-Q water was used as the reference 
liquid. At least 5 droplets were tested for each membrane sample. 
The morphology and composition of membrane surface were examined using a low 
vacuum scanning electron microscope (SEM) coupled with an energy dispersive spectrometer 
(EDS) (JOEL JSM-6490LV, Japan). Membrane samples were air-dried and subsequently 
sputtered with a thin layer of gold prior to SEM-EDS analysis. 
The electrical conductivity (EC) of the feed and distillate was measured using Orion 4-
Star Plus meters (Thermo Scientific, Waltham, Massachusetts, USA). 
 Experimental protocols 
3.2.3.1. AGMD with Milli-Q water and seawater 
AGMD of Milli-Q water was conducted to determine the baseline mass transfer 
coefficient of the system prior to experiments using seawater. The process was operated at a 
constant water circulation rate of 0.5 L/min (i.e. equivalent to a cross flow velocity of 0.03 
m/s given the cross-sectional area of the flow channels of 2.810-4 m2) and temperature 
difference between the feed and the coolant stream (T = 10 ºC), but with various 
feed/coolant temperature (e.g. 35/25, 40/30, 45/35, 50/40, 55/45, and 60/50 ºC). Water flux 
was measured at each pair of feed/coolant temperatures following the attainment of stable 
operation for 1 hour. The operating conditions were chosen to simulate a small-scale AGMD 
process [108, 112, 118], in which feed and coolant temperatures vary while T and water 
circulation rates are almost constant along membrane channels. 
AGMD of seawater was operated at two pairs of temperature conditions (e.g. 35/25 and 
60/50 ºC), with water circulation rates of 0.5 L/min. Milli-Q water (1 L) was initially added 
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to the distillate tank to allow the immediate measurement of the distillate conductivity after 
starting the AGMD process. The seawater feed (4 L) was continuously concentrated until the 
process reached a water recovery of 80% (i.e. concentration factor of 5) or water flux 
decreased to zero. Water flux was monitored continuously along with the electrical 
conductivity of the feed and the distillate. At the end of the experiments, the membrane was 
removed for subsequent surface analyses. 
3.2.3.2. AGMD of seawater with anti-scalant 
AGMD process of seawater at a high water recovery was conducted with Osmotreat 
OSM35 at a dose of 0.5 mg/L to demonstrate the effectiveness of anti-scalant for membrane 
scaling prevention. The feed solution (4 L) was first concentrated until the process reached 
70% water recovery (i.e. the feed solution volume was reduced to 1.2 L), then a continuous 
operation mode was initiated. The detailed description of the continuous operation mode can 
be found elsewhere [115]. 
3.2.3.3. Membrane cleaning during AGMD of seawater 
AGMD of seawater without anti-scalant was first conducted under the same operating 
conditions as described in the section 3.2.3.1. At the end of the process, instead of removing 
the scaled membrane for surface analysis, membrane cleaning using either fresh water or 
vinegar was initiated. The cleaning solution (2 L) was circulated through the feed channel at 
0.5 L/min for one hour at room temperature (25 ºC). After membrane cleaning with vinegar, 
the feed channel was rinsed with 2 L of fresh water for 5 minutes. The efficiency of 
membrane cleaning was evaluated based on the restorations of initial membrane 
hydrophobicity and water flux, and the distillate quality of the subsequent AGMD process 
with seawater using the cleaned membrane. SEM-EDS analysis of membrane surface was 
also used for the evaluation of cleaning efficiency. 
 Mass transfer of water in AGMD 
In AGMD, water vapour from the feed is transported through membrane pores and 
subsequently condenses to distillate on the condenser surface at the other end of the air gap. 
The water flux of the AGMD system can be expressed as [121-123]: 
mJ K ΔP          (3.1) 
where J is in L/m2.h, Km is the system mass transfer coefficient (L/m2.h.Pa), and P is the 
water vapour pressure difference between the feed and coolant stream (Pa). The value of Km 
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depends on system specifications (e.g. the properties of the membrane, the aluminium mesh 
and condenser, and the air gap thickness) and operating conditions (e.g. feed and coolant 
temperature and circulation rates, and the pressure of the air gap). Thus, Km is a system-
specific parameter, and it can be determined experimentally. Km is a useful and convenient 
coefficient to assess mass transfer [6]. 
The water vapour pressure difference between the seawater feed and coolant stream can 
be calculated as [6]: 
 21 0.5 10 0 0water salt salt feed coolantΔP x x x P P         (3.2) 
where xwater and xsalt are the molar fraction of water and salt in the feed, P0feed and P0coolant (Pa) 
are the vapour pressure of pure water in the feed and the coolant stream, respectively. The 








     (3.3) 
where T is the absolute water temperature (K). The temperatures of the feed and coolant 
stream were the average values of the temperatures at the inlet and outlet of the feed and the 
coolant channel, respectively. 
 Results and discussions 
 Baseline testing of the AGMD process with Milli-Q water feed 
Operating the AGMD process at a high feed temperature while maintaining the same 
temperature difference between the feed and coolant stream (T) resulted in a marked 
increase in the process water flux (Figure 3.2). Given the exponential relationship between 
water vapour pressure and temperature as expressed in Eq. (3.3), increasing the feed/coolant 
temperature from 35/25 to 60/50 ºC raised the water vapour pressure difference between the 
feed and the coolant stream (P) from 1.28 to 3.68 kPa. As a result, water flux almost 
doubled when the feed/coolant temperature increased from 35/25 to 60/50 ºC. Varying 
feed/coolant temperature also exerted a small but discernible influence on the mass transfer 
coefficient (Km) of the AGMD process (Table 3.1). Increasing both feed and coolant 
temperatures while other operating parameters remained unchanged resulted in a reduction in 
Km. The observed decrease in Km was attributed to the temperature polarisation effect which 
was incorporated in the determination of Km. Operating the process at increased water flux by 
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elevating feed/coolant temperature escalated temperature polarisation effect as expressed by 
Eq. (3.4) [122]: 
  1 1 Je              (3.4) 
where  is the temperature polarisation coefficient (i.e. approaches to unity for the process 
without temperature polarisation effect),  and  are constants depending on heat transfer 
coefficients of the process. Temperature polarisation effect led to a decrease in the actual 
driving force of the AGMD process, thus reducing the value of Km obtained. 
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Figure 3.2. Experimentally measured water flux during the AGMD process with Milli-Q 
water feed at various feed/coolant temperature, a constant T of 10 ºC, and water circulation 
rates Ffeed.in = Fcoolant.in = 0.5 L/min (i.e. Re = 122). 
Table 3.1. The mass transfer coefficient of the AGMD process with Milli-Q water feed at 
various feed/coolant temperature. 







The results reported here reveal an uneven distribution of water flux and hence distillate 
production along the membrane channels of a small-scale AGMD module. For a long 
membrane channel, a significant drop in feed temperature and an increase at the same 
magnitude in coolant temperature are expected over the AGMD membrane module [108, 112, 
118]. Higher water flux and more distillate can be obtained at the high temperature end 
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compared to the low temperature end of the membrane module. Thus, the high temperature 
end is more susceptible to membrane scaling, and this uneven distribution should be 
considered during membrane module design. 
 AGMD of seawater 
The Km values reported in Table 3.1 were valid for the AGMD process with Milli-Q water 
feed in which concentration polarisation effect was negligible. These values could be used for 
a preliminary evaluation of the influence of increased feed salinity on water flux. As the 
seawater feed was concentrated and the recovery of distillate increased, a linear decrease in 
AGMD water flux was expected based on mathematical simulation (Figure 3.3A). According 
to Eq. (3.2), increasing feed salinity leads to a reduction in the water vapour pressure of the 
feed, and thus a decrease in the driving force (P) of AGMD. As a result, water flux 
decreased when seawater was concentrated. It is noteworthy that the impact of feed salinity 
on water flux in AGMD is much less significant compared to that observed in RO [125]. 
When the seawater feed was concentrated by 5-fold (i.e. 80% water recovery), the calculated 
AGMD water flux decreased by 45% and 30% at feed/coolant temperature of 60/50 and 
35/25 ºC, respectively (Figure 3.3A). 
The experimentally measured water flux of the AGMD process with seawater feed also 
decreased during the concentration of the feed as observed with the calculated flux. However, 
the measured flux deviated from the calculated values, especially at high feed salinity (Figure 
3.3A). This deviation can be attributed to concentration polarisation effect and membrane 
scaling caused by sparingly soluble salts in the seawater feed. The Km values used for water 
flux calculation were obtained during the AGMD process with Milli-Q water feed without 
concentration polarisation effect. For the AGMD process with seawater, concentration 











       (3.5) 
where Cm.feed and Cb.feed are the salt concentration at the membrane surface and in the bulk 
solution in the feed channel, respectively, k is the mass transfer coefficient of salt, and  is 
the density of feed solution. Increase in feed viscosity associated with increased feed salinity 
[19, 127] during the concentration of the seawater feed reduced k, thus exacerbating 
concentration polarisation effect. Increased water flux also exacerbated concentration 
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polarisation effect. As a result, the experimentally measured water flux deviated more from 
the calculated values at higher feed salinity and feed temperature (Figure 3.3A). 


































































Figure 3.3. (A) Calculated and experimentally measured water flux and (B) Distillate 
electrical conductivity (EC) as functions of feed salinity during the concentrating AGMD 
process with seawater feed. Water circulation rates Ffeed.in = Fcoolant.in = 0.5 L/min (i.e. Re = 
122). 
The precipitation of sparingly soluble salts on the membrane surface when their 
concentrations exceeded saturation limits further reduced the measured water flux. The 
deposited salts on the membrane promoted temperature and concentration polarisation [53], 
and reduced partial water vapour pressure on the membrane surface [128, 129] and the 
membrane active surface for water evaporation [10, 48], thus decreasing water flux. Indeed, 
the measured water flux rapidly decreased from 2.5 L/m2.h to almost zero and from 1.5 to 0.9 
L/m2.h as the feed salinity exceeded 115 and 170 g/L (i.e. water recovery of 68% and 78%) at 
feed/coolant temperature of 60/50 and 35/25 ºC, respectively (Figure 3.3A). 
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The scale layers formed on the membrane surface also deteriorated the distillate purity. 
Prior to the onset of membrane scaling, the distillate conductivity gradually decreased 
owning to the dilution of the initially added Milli-Q water by the distillate permeating from 
the feed (Figure 3.3B). The observed decline in the distillate conductivity revealed that the 
AGMD process could produce ultrapure distillate (i.e. with electrical conductivity 
significantly lower than that of Milli-Q water) directly from seawater. Scales deposited on the 
membrane surface led to a rapid decline in the pure distillate flux, whereas salt leakage 
through the membrane defects was unchanged.  In addition, the scaling layer could alter the 
membrane surface hydrophobicity [116, 117, 130], resulting in some salt leakage and thus 
increasing the distillate conductivity. As a result, the reversal of the distillate conductivity 
coincided with the significant decline in the water flux (Figure 3.3). 
Membrane surface analyses confirmed the occurrence of membrane scaling during the 
concentrating AGMD process with seawater (Figure 3.4). SEM images showed thick layers 
of well-shaped salt crystals formed on the membrane surface. The EDS elemental analyses 
revealed that the scale layers were composed of mostly CaSO4 and MgSO4. These results are 
consistent with previous studies by Duong et al. [115] and Zhang et al. [19]. Moreover, the 
scale layers rendered the membrane surface so hydrophilic that its water contact angle could 
not be determined by the standard sessile drop method. 
Operating temperature exerted a strong influence on membrane scaling of AGMD with 
the seawater feed. Elevating feed/coolant temperature exacerbated concentration polarisation 
effect and depressed the solubility of CaSO4, thus aggravating membrane scaling. As a result, 
membrane scaling occurred at a lower feed salinity (i.e. lower water recovery) for 
feed/coolant temperature of 60/50 ºC compared to 35/25 ºC (Figure 3.3). Operating 
temperature also affected the morphologies of the scale layers; larger and more needle-shaped 
crystals were formed on the membrane surface during the AGMD experiment at 60/50 ºC 
compared to 35/25 ºC (Figure 3.4). These results are consistent with the scaling study by 
Nghiem et al. [10] in which increasing feed temperature also favoured the formation of large 
CaSO4 crystals during DCMD. The cause and effect relationships between elevating 
feed/coolant temperature and aggravated membrane scaling of the AGMD process are 





Figure 3.4. SEM images and EDS spectra of the scaled membranes after the concentrating 
AGMD operations with seawater feed at feed/coolant temperature of: (A) 35/25 ºC and (B) 
60/50 ºC. 
Table 3.2. The cause and effect relationships between elevating temperature and aggravated 
membrane scaling during AGMD with seawater. 
Cause Effect 
Increasing feed/coolant temperature Increased water flux 
Increased water flux Exacerbated polarisation effects 
Exacerbated concentration polarisation Increased CaSO4 concentrations at the membrane 
surface 
Exacerbated temperature polarisation Decreased solubility of CaSO4 
Exacerbated polarisation effects Aggravated membrane scaling 
Aggravated membrane scaling Scaling occurred at lower water recovery 
Aggravated membrane scaling Lager and more needle-shaped scales 
 AGMD of seawater with anti-scalant addition at a high water recovery 
Anti-scalant addition proved to be an effective method to prevent membrane scaling 
during AGMD of seawater. A stable AGMD process (i.e. with respect to water flux and 
distillate conductivity) with seawater feed dosed with 0.5 mg/L Osmotreat OSM35 at the 





without any observable membrane scaling. Water flux was stable at 2.5 L/m2.h following an 
initial gradual decrease because of increased feed salinity during the concentrating operation 
(Figure 3.5). Distillate conductivity exhibited a similar trend to water flux. SEM analysis 
(Figure 3.6) also revealed no indications of membrane scaling  the SEM surface image of 
the membrane at the end of the continuous operation was identical to that of a virgin 
membrane. Anti-scalants have been investigated for membrane scaling prevention in DCMD 
processes [19, 63, 131, 132]. Zhang et al. [19] reported that an anti-scalant dose of 5.0 mg/L 
effectively prevented scale formation during a DCMD process of a seawater RO brine with 
electrical conductivity of 120 mS/cm (i.e. corresponding to a water recovery of 65% relative 
to the seawater in this study). It is noteworthy that the lower water flux and hence lower 
polarisation effects of the AGMD process compared to the DCMD process previously 
investigated by Zhang et al. [19] could also help alleviate membrane scaling at 70% water 
recovery obtained in this study. 












  Water flux   





































Figure 3.5. Water flux and distillate EC as functions of operating time during the AGMD 
process of seawater dosed with 0.5 mg/L Osmotreat OSM35. 
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Figure 3.6. SEM images of (A) a virgin membrane and (B) the membrane after the AGMD 
process of seawater dosed with 0.5 g/L Osmotreat OSM35 at 60/50 ºC. 
The results reported here demonstrate the potential of seawater AGMD desalination for 
fresh water provision in small and remote areas. Given water flux of 2.5 L/m2.h even at 
process water recovery of 70%, a pilot-scale AGMD system with membrane surface area of 
7.2 m2 [110, 112] can provide 144 L of distillate for eight hours during daytime. The heating 
requirement of the system can be sourced from solar thermal energy while cooling can be 
achieved using seawater as a heat sink [112]. Compared to thermal energy requirement, the 
electrical energy consumption of the AGMD system is negligible. A comprehensive techno-
economic analysis is required to determine the cost and energy consumption of seawater 
desalination by AGMD. However, such analysis is beyond the scope of this current work. It 
also noteworthy that operating the seawater AGMD process at a high process water recovery 
(i.e. 70%) might have some environmental and economic impacts because the process water 
recovery influences not only the quality of discharged brines but also the process energy 
consumption. 
 Efficiency of membrane cleaning during AGMD of seawater 
Vinegar demonstrated higher cleaning efficiency compared to fresh water under the same 
AGMD operating and cleaning conditions. Fresh water cleaning was not able to restore 
membrane surfaces to their original conditions. SEM analyses revealed many tiny, dispersed 
particles remaining on the membrane surface after fresh water cleaning (Figure 3.7). The 
remaining particles altered the hydrophobicity of the membrane surface, thus rendering the 
membrane surface slightly hydrophilic (i.e. contact angles below 80º) (Figure 3.8). In contrast, 
vinegar cleaning returned the membrane surface to an almost virgin condition as had been 
demonstrated for mineral acidic cleaning agents [117]. The SEM image of the vinegar 




membrane, and only traces of salts remained on the membrane surface following vinegar 
cleaning of the membrane scaled at 60/50 ºC (Figure 3.7). In a good agreement with SEM 
analyses, the surface of the scaled membranes after vinegar cleaning was still hydrophobic 
(i.e. contact angles above 90º) (Figure 3.8). It is noteworthy that the differences in contact 
angles of the virgin and vinegar cleaned membranes (Figure 3.8) may not be solely attributed 
to membrane scaling. Decline in membrane contact angle has been reported for an MD 
process of fresh water without any membrane scaling [20]. 
AGMD operating temperature affected not only membrane scaling (section 3.3.2), but 
also the efficiency of subsequent membrane cleaning. SEM images (Figure 3.7) and contact 
angle measurements (Figure 3.8) revealed that cleaning was less effective for the membrane 
scaled at 60/50 ºC compared to that at 35/25 ºC. The variation in cleaning efficiency can be 
attributed to the difference in the conditions under which membrane scaling occurred. 
Membrane scaling at 60/50 ºC was more severe than that at 35/25 ºC due to the increased 
concentration polarisation effect [59, 105] and saturation index of the scalants, particularly 
CaSO4 [49]. The influence of operating conditions on the morphology of scale layers has also 
been reported by Gryta [52]. Scale layers formed during DCMD with surface water feed were 
more compact when operating at higher water circulation rate [52]. 
35/25 oC 
Vinegar cleaning  
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Figure 3.7. SEM images of the scaled membranes at 35/25 and 60/50 ºC after cleaning with 
fresh water and vinegar. 
Despite demonstrating a superior efficiency than fresh water, vinegar cleaning could not 
fully restore the performance of the AGMD process, particularly at high operating 
temperature. Figure 3.9 shows water flux and distillate conductivity during the AGMD 
operation with seawater feed at 60/50 ºC before and after one vinegar cleaning cycle. The 
initial water flux of the AGMD process (i.e. with fresh seawater feed) was almost fully 
recovered after membrane cleaning with vinegar. However, membrane scaling occurred at a 
lower water recovery in the AGMD process following vinegar cleaning. The remnants of 
scale on the membrane surface (Figure 3.7) acted as nuclei for scale decomposition [19, 105], 
and promoted the concentration and temperature polarisation effects [53], thus aggravating 
membrane scaling in the subsequent AGMD process. The results reported here indicate that 
repeated membrane scaling and cleaning during AGMD of seawater inevitably result in 
decrease in process performance. Thus, anti-scalant addition is preferable to membrane 
cleaning, and membrane cleaning should only be used as the last resort for scaling mitigation 
in AGMD of seawater. 
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Figure 3.8. Contact angles of the virgin membrane and the scaled membranes at 35/25 and 
60/50 ºC after cleaning with fresh water and vinegar. Error bars represent the standard 
deviation of 5 repeated measurements. 









































































Figure 3.9. Water flux, distillate EC, and feed EC as functions of water recovery during 
AGMD with seawater feed before and after one membrane cleaning cycle with vinegar. 
Operating parameters: feed/coolant temperature of 60/50 ºC, water circulation rates Ffeed.in = 




Membrane scaling and mitigation techniques during AGMD of seawater were 
investigated. The results demonstrated a clear impact of feed/coolant temperature on both 
water flux and scaling behaviours of the AGMD process with seawater. At feed/coolant 
temperature of 60/50 ºC, the water flux was double compared to that at feed/coolant 
temperature of 35/25 ºC. Membrane scaling occurred at a lower water recovery and resulted 
in needle-shaped and larger crystals at 60/50 ºC compared to 35/25 ºC. Operating temperature 
also affected the effectiveness of the subsequent scaled membrane cleaning. Membrane 
cleaning was less effective for the membrane scaled at higher feed/coolant temperature. 
Vinegar cleaning allowed for complete restoration of the initial water flux. Nonetheless, 
vinegar cleaning could not completely remove all scalants from the membrane surface. Anti-
scalant addition was an effective scaling mitigation technique for seawater AGMD. Stable 
AGMD operation was achieved over 24 hours without any sights of membrane scaling when 
seawater was dosed with 0.5 g/L anti-scalant, the water recovery was constant at 70%, and 
the feed/coolant temperature was 60/50 C.  
 
66 
 Evaluating Energy Consumption of Air 
Gap Membrane Distillation for Seawater Desalination 
at Pilot Scale Level 
 Introduction 
Desalination is a practical approach to increase and secure drinking water supply in 
coastal areas [3]. Drinking water supply from seawater using large-scale reverse osmosis 
(RO) and conventional thermal distillation has been implemented in many parts of the world. 
However, the provision of drinking water to small and remote coastal communities remains a 
significant challenge. Conventional thermal distillation is less energy efficient and requires a 
larger physical footprint compared to RO. On the other hand, RO, as a pressure-driven 
membrane separation process, requires intensive pre-treatment, high-pressure pumps, and 
duplex stainless-steel piping. As a result, RO may not be suitable for small-scale seawater 
desalination applications, particularly in areas with unreliable or limited power supply. In this 
context, membrane distillation (MD), given its ability to use solar thermal and low-grade heat 
directly as the primary source of energy, has been identified as a potential candidate for 
small-scale and off-grid seawater desalination applications [9, 55, 107, 133]. 
MD is combination of membrane separation and phase-change thermal distillation [7, 13]. 
In MD, a hydrophobic, microporous membrane is used as a barrier against the liquid phase, 
but allows the vapour phase (i.e. water vapour) to pass through. As a result, MD, like a 
conventional thermal distillation process, can offer ultrapure water directly from seawater. 
MD can also retain most advantages of a typical membrane process, including modulation, 
compactness, and process efficiency [7, 13]. Thus, the physical and energy footprints of MD 
can be lower than those of conventional thermal distillation [56, 60]. In addition, given the 
absence of a high hydraulic pressure and the discontinuity of the liquid phrase across its 
membrane, MD is less susceptible to membrane fouling and does not require intensive feed 
water pre-treatment compared to RO [13, 106]. More importantly, MD systems can be 
manufactured from non-corrosive and inexpensive plastic materials, leading to significantly 
reduced capital and maintenance costs. Finally, the feed operating temperature of MD is often 
                                                 
This chapter has been published as: H. C. Duong, P. Cooper, B. Nelemans, T. Y. Cath, and 
L. D. Nghiem, Evaluating energy consumption of air gap membrane distillation for seawater 
desalination at pilot scale level, Separation and Purification Technology 166 (2016), 55-62. 
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in the range of 40 to 80 ºC, which is also the optimal operating temperature with respect to 
thermal efficiency of most thermal solar collectors [67]. Given these attributes, MD is a 
promising candidate for small-scale, stand-alone, and solar-driven seawater desalination 
applications [55, 65, 67, 103]. 
Despite a range of attributes that are highly suitable for small-scale and off-grid seawater 
desalination, there are still several technical challenges to the practical realisation of MD. 
Amongst them, low thermal efficiency is the most considerable. As a thermally driven 
separation process, MD requires huge amounts of thermal energy to facilitate the phase 
conversion of liquid water into vapour, and vice versa. As a result, the specific energy 
consumption of all MD processes reported in the literature to date is several orders of 
magnitude higher than that of RO [9, 64, 65]. 
MD can be operated in four basic configurations, including direct contact membrane 
distillation (DCMD), sweeping gas membrane distillation (SGMD), vacuum membrane 
distillation (VMD), and air gap membrane distillation (AGMD). DCMD has the lowest 
thermal efficiency due to significant heat conduction through the membrane. In SGMD and 
VMD, the introduction of sweeping gas and vacuum, respectively, mitigates the heat loss due 
to conduction, and hence improves the process thermal efficiency. However, this also 
increases the process complexity because an external condenser must be employed to obtain 
fresh water, thus limiting the practical applications of SGMD and VMD for seawater 
desalination. AGMD has a higher thermal efficiency compared to DCMD but lower process 
complexity compared to SGMD and VMD. Therefore, AGMD has been the most widely 
studied configuration for seawater MD desalination at pilot-scale level [71, 108, 109]. 
In AGMD, a stagnant air gap is maintained between the membrane and the condenser 
channel by using a condenser foil. The stagnant air gap functions as a thermal insulation 
layer. As a result, the heat loss due to conduction, which is intrinsic to DCMD, is noticeably 
reduced in AGMD. Moreover, because the distillate and coolant are separated by the 
condenser foil, in a single-pass AGMD process seawater at ambient temperature can be used 
as the coolant prior to being externally heated and fed into the evaporator channel. The latent 
heat of condensation can be recovered to pre-heat the feed, thus reducing the thermal energy 
consumption of AGMD [106, 112, 134]. It is noteworthy that amongst the aforementioned 
configurations, only AGMD permits the latent heat recovery without an external heat 
exchanger. In addition, cooling, which must be used in other configurations, can be excluded 
in single-pass AGMD, hence further reducing its thermal energy consumption. However, the 
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stagnant air gap also increases the overall resistance to mass transfer; therefore, AGMD is 
usually operated at a lower water flux compared to other configurations [12, 71, 109]. 
To date, there have been only few studies on process optimisation of AGMD desalination 
at pilot-scale with respect to distillate production and thermal and especially electrical energy 
consumption. As a notable example, Guillen-Burrieza et al. [108] investigated the 
performance of two pilot-scale AGMD systems using synthetic NaCl solutions as the feed. 
They elucidated the influences of feed inlet temperature and water circulation rate on water 
flux, distillate quality, and thermal energy consumption of the systems. However, they did 
not consider membrane fouling propensity and electrical energy consumption [108]. 
Koschikowski et al. [106] reported experimental investigations on eight stand-alone, solar-
powered pilot AGMD systems for drinking water production from seawater. The distillate 
production rate of the systems for one typical day and for over three years of operation was 
evaluated. Nevertheless, Koschikowski et al. [106] did not assess the energy consumption of 
their systems. 
Given the significant research gap with respect to the optimisation of energy consumption 
and water production rate of AGMD for seawater desalination, this chapter aims at 
elucidating the influences of operating conditions on the performance and thermal and 
electrical energy consumption of a single-pass, pilot-scale AGMD process. The effects of 
temperature and concentration polarisation effects and feed salinity on distillate production 
rate and energy consumption of the process were analysed. The feasibility of a single-pass 
pilot AGMD to produce fresh water from actual seawater without any pre-treatment was also 
demonstrated. 
 Materials and methods  
 Materials 
4.2.1.1. Pilot AGMD system 
A pilot AGMD system (Figure 4.1) was used. The system consisted of a spiral-wound 
AGMD membrane module (Aquastill, Sittard, The Netherlands), a feed tank, a water-
circulating pump, temperature and pressure sensors, and a magnetic flow meter. The spiral-
wound membrane module had 6 evaporator channels, 6 condenser channels, and 12 distillate 
channels. Each evaporator channel was formed with microporous low-density polyethylene 
(LDPE) membranes with nominal pore size of 0.3 m, thickness of 76 m, and porosity of 
85%. Coated aluminium foils were used to create the condenser channels. Mesh spacers, 1 
 
69 
mm in thickness, were inserted between the evaporator channels and condenser channels to 
create the distillate channels. Mesh spacers with thickness of 2 mm were also used in the 
evaporator and condenser channels to minimise temperature and concentration polarisation 





Figure 4.1. The pilot AGMD system used in the study: (A) a schematic diagram of the 
system, (B) a photograph of the pilot system, and (C) a photograph of the spiral-wound 
AGMD membrane module. 
Table 4.1. Characteristics of the spiral-wound AGMD membrane module. 
Effective membrane surface area (m2) 7.2 
Diameter of the module (m) 0.4 
Height of the module (m) 0.5 
Length of envelope (m) 1.5 
Width of envelope (m) 0.4 
Thickness of the evaporator channels (mm) 2.0 
Thickness of the condenser channels (mm) 2.0 
Thickness of the distillate channels (mm) 1.0 
Number of evaporator channels 6 
Number of condenser channels 6 





The spiral-would AGMD membrane module had been designed specifically to recover the 
latent heat of condensation. Briefly, saline solution from the feed tank first entered the 
condenser channels of the membrane module to primarily function as the coolant. When the 
saline feed solution (coolant) was flowing along the condenser channels, it facilitated the 
condensation of water vapour that crossed the membranes from the evaporator channels, and 
simultaneously was pre-heated. The pre-heated saline solution leaving the condenser 
channels was further heated using an external heat exchanger. The heated saline solution was 
then fed into the evaporator channels, where water vapour was formed and diffused across 
the membranes to the distillate channels. The warm concentrate (i.e. the brine) leaving the 
evaporator channels was returned to the feed tank. To simulate single-pass operation, the 
distillate was also returned to the feed tank, and a cooler was employed to maintain the 
constant temperature of the saline solution in the feed tank (Figure 4.1). 
Temperatures of the process stream at the inlet and outlet of the condenser and evaporator 
channels were measured using four temperature sensors. The hydraulic pressure drop along 
the spiral-wound membrane module was measured using two pressure sensors. A magnetic 
flow meter was placed before the inlet of the condensers channels to measure the water 
circulation rate. The temperature and pressure sensors and the flow meter were connected to 
the supervisory control and data acquisition system of the pilot system for continuous 
measurement and data recording. Electrical conductivity of the feed and the distillate was 
measured using Orion 4-Star Plus meters (Thermo Scientific, Waltham, Massachusetts, 
USA). Distillate production rate of the process was measured using a 500 mL gradual 
cylinder and a stopwatch. 
4.2.1.2. Feed solutions 
Tap water, synthetic NaCl solution, and seawater were used as feed solutions. Seawater 
was collected from Bulli beach (New South Wales, Australia) and was used without any pre-
treatment. The seawater had electrical conductivity, pH, and total dissolved solids of 55.0 ± 
0.5 mS/cm, 8.35 ± 0.05, and 35,000 ± 250 mg/L, respectively. The total organic carbon 
(TOC) concentration of this seawater was less than 2 mg/L. The synthetic NaCl solution 
having a similar salinity to the seawater (i.e. 35,000 mg/L) was prepared from analytical 
grade chemical and tap water. 
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 Experimental protocols 
4.2.2.1. Pilot AGMD of tap water and of synthetic NaCl solution 
Pilot AGMD of tap water was conducted to characterise the performance of the pilot 
system. To simulate the single-pass AGMD of seawater, the condenser inlet temperature, 
Tc.in, was remained at 25 ºC, while the evaporator inlet temperature, Te.in, was varied from 50 
to 70 ºC. The water circulation rate (Ffeed) was in the range from 150 to 350 L/h (i.e. 
corresponding to Reynolds number from 36 to 85), which was the permissible range of the 
pilot system. The distillate production rate (Fdist), evaporator inlet and outlet temperatures, 
condenser inlet and outlet temperatures, and the hydraulic pressures at the inlet and outlet of 
the membrane module were measured and recorded when the process had been at stable 
conditions for 1 hour. 
Pilot AGMD evaluation of the synthetic NaCl solution feed was conducted under the 
same operating conditions as described above to elucidate the influence of feed salinity on the 
distillate production rate and specific thermal and electrical energy consumption of the 
process. In addition to distillate production rate and temperatures and hydraulic pressures of 
the process streams, conductivities of the distillate and the NaCl solution in the feed tank 
were regularly measured. 
4.2.2.2. Pilot AGMD of seawater 
The optimum evaporator inlet temperature and water circulation rate (i.e. with regard to 
specific thermal and electrical energy consumption), which were obtained from the 
experiment with the NaCl solution feed, were used to evaluate the AGMD operation with 
seawater feed. The purpose of this experiment was to demonstrate a stable single-pass 
AGMD desalination of seawater with minimal energy consumption. A batch of 500 L of 
seawater was used for one pilot operation. The operation was maintained for 9 hours under 
stable operating conditions. Distillate production rate, temperatures and hydraulic pressures 
of the process streams, and conductivities of the seawater feed and the distillate were 
recorded every hour. 
 Electrical energy consumption and thermal efficiency calculations 
 In the MD process, electrical energy and thermal energy are required for water 
circulation and phase conversion, respectively. The electrical energy consumption of the pilot 
system was evaluated using specific electrical energy consumption (SEEC), which is the 
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electrical energy consumed per volume unit of distillate produced (kWh/m3). The SEEC of 
the pilot AGMD system was calculated using Eq. (4.1) [135]: 
       (4.1) 
where Ffeed and Fdist are the water circulation rate and distillate production rate (L/h), 
respectively, Pdrop is the hydraulic pressure drop over the AGMD module (bar), and  is the 
efficiency of the water-circulating pump. 
In this study, the warm brine stream leaving the evaporator channels was returned to the 
feed tank, thus cooling was required to maintain the constant condenser inlet temperature. 
However, in practice, seawater can be used as the coolant and the warm brine stream can be 
discharged from the single-pass AGMD process. Thermal energy is only required to further 
heat the feed stream prior to the evaporator inlet to generate the process driving force. As a 
result, the specific thermal energy consumption (STEC) of the pilot system, which is the 
amount of thermal energy required per volume unit of distillate produced (kWh/m3), was 
calculated as: 
      (4.2) 
where feed and Cp are the density (kg/m3) and specific heat capacity (J/kg.K) of the feed 
stream, respectively, and Ttop is the temperature difference between the evaporator inlet and 
the condenser outlet. 
In addition to STEC, gained output ratio (GOR), which is a ratio between the useful heat 
(i.e. the heat associated with water vapour transfer) and the total heat input of the system, was 
used to evaluate the thermal efficiency of the pilot process. GOR indicates how efficient the 
MD system is in terms of heat recovery, and can be calculated as: 
      (4.3) 


































 Results and discussions 
 Characterisation of the pilot AGMD system with tap water 
4.3.1.1. Influence of evaporator inlet temperature on the performance of the system 
In this study, the temperature difference between the evaporator inlet and the condenser 
outlet (Ttop) was up to 0.8 ºC higher than that between the evaporator outlet and the 
condenser inlet (Tbottom). However, for simplicity, the average value of Ttop and Tbottom, 
denoted as T, is presented when considering the driving force of the process. 
When operating at an increased feed (evaporator inlet) temperature, the AGMD system 
could achieve a higher distillate production rate. Indeed, the distillate production rate 
increased from 4.5 to 9.5 L/h when the evaporator inlet temperature increased from 50 to 70 
ºC (Figure 4.2). This observed increase in the distillate production rate can be attributed to the 
larger water vapour pressure difference across the membrane at an elevated temperature, as 
predicted by the Antoine equation [6]. In addition, the increase in the evaporator inlet 
temperature also led to an increase in the driving force of the process (i.e. T increased from 
2.0 to 3.0 ºC). 
Operating the system at a high feed temperature also increased the thermal efficiency of 
the AGMD process. The system specific thermal energy consumption (STEC) decreased from 
82 to 67 kWh/m3 when the evaporator inlet temperature increased from 50 to 70 ºC (Figure 
4.2). Similarly, the system gained output ratio (GOR) increased from 7.5 to 9.5 with the 
increase in the evaporator inlet temperature. The observed improvement in thermal efficiency 
at high feed temperature can also be explained by the relationship between water vapour 
pressure and temperature according to the Antoine equation as noted above. The benefit of 
operating the process at a high feed temperature with regard to thermal efficiency has been 
reported for other MD configurations [115, 136]. 
The increase in feed temperature also led to a small, but noticeable reduction in the 
specific electrical energy consumption (SEEC). This is mostly driven by the increase in the 
distillate production rate while the electrical energy demand for water circulation remained 
constant at the unchanged water circulation rate (Figure 4.2). 
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Figure 4.2. Distillate production rate, STEC, and SEEC as functions of evaporator inlet 
temperature in pilot AGMD of tap water. Other operating conditions:  Tc.in = 25 ºC, Ffeed = 
150 L/h (i.e. Re = 36). Error bars represent the standard deviation of triplicate experiments. 
4.3.1.2. Influence of water circulation rate on the performance of the system 
The distillate production rate could also be increased by increasing water circulation rate 
within the membrane module (Figure 4.3). Increasing the water circulation rate from 150 to 
350 L/h resulted in an increase in T from 3.0 to 4.5 ºC; thus, the distillate production rate 
increased from 9.5 to 19 L/h. The positive influence of water circulation rate on permeate 
flux, and thus distillate production rate in MD, has been widely reported [25, 136-138]. 
However, it is important to note that these previous studies used lab-scale DCMD systems 
with a high permeate flux induced by a large driving force (T > 25 ºC). Thus, the effects of 
temperature and concentration polarisation were significant [112, 136]. Increasing water 
circulation rate helped reduce the temperature and concentration polarisation effects, and 
hence improved permeate flux. In this pilot AGMD study, the driving force was small (T < 
5 ºC) and thus the polarisation effects were rather small. As a result, the observed increase in 
distillate production rate can be mostly attributed to the increased T (Figure 4.3). 
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Figure 4.3. Distillate production rate, STEC, and SEEC as functions of water circulation rate 
in the pilot AGMD of tap water feed. Other operating conditions:  Tc.in = 25 ºC, Te.in = 70 ºC. 
Error bars represent the standard deviation of triplicate experiments. 
The role of temperature polarisation effect in the pilot AGMD process at different 
operating conditions can be clarified by examining the distillate production rate as a function 
of T (Figure 4.4). Elevating the feed temperature or the water circulation rate both led to an 
increase in T, and thus increased permeate flux. Increasing permeate flux magnifies the 
temperature polarisation effect [25, 139]. However, unlike feed temperature, increasing the 
water circulation rate also helped mitigate the negative effect of temperature polarisation 
[139, 140]. As a result, the slope of distillate production rate against T for the set of water 
circulation rate experiments was slightly higher compared to the feed temperature 
experiments (Figure 4.4). It is noteworthy that water vapour pressure does not increase 
linearly as a function of temperature. Thus, the difference inlet temperature of 70 °C and 50 – 
70 °C may also play a role in changing the slope of distillate production rate against T. 
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Figure 4.4. Distillate production rate (Fdist) as a function of the driving force (T) when the 
evaporator inlet temperature or water circulation rate increased in the pilot AGMD of tap 
water.  Error bars represent the standard deviation of triplicate experiments. 
Operating the pilot process at a high water circulation rate resulted in a low thermal 
efficiency. Increasing the water circulation rate reduced the residence time of the coolant and 
the hot feed inside the membrane module, thus, reducing the heat recovery efficacy. In other 
words, the recovery of latent heat from the water vapour to the coolant decreased, leading to 
an increase in Ttop. Elevated water circulation rate and the associated increase in Ttop 
resulted in an increase in the total heat input into the system (Eq. (4.2)). The total heat input 
increased at a higher rate compared to the distillate production rate when the water circulation 
rate increased. As a result, the STEC of the system increased from 65 to 105 kWh/m3 when 
the water circulation rate was elevated from 150 to 350 L/h (Figure 4.3). Correspondingly, 
the GOR of the system decreased from 9.5 to 6.0. A similar influence of water circulation rate 
on thermal efficiency was also reported for DCMD with brine recycling [115] and when 
employing an external heat-exchanger [141, 142]. 
The water circulation rate also exerted a strong influence on the SEEC of the system. The 
SEEC of the system is proportional to the water circulation rate (Ffeed) and the hydraulic 
pressure drop over the membrane module (Pdrop) according to Eq. (4.1). Increasing the 
water circulation rate from 150 to 350 L/h resulted in an increase in Pdrop from 0.14 to 0.45 
bar. As a result, the SEEC of the system significantly increased (i.e. from 0.1 to 0.4 kWh/m3) 
despite the increase in distillate production rate (Figure 4.3). 
 
77 
 Influence of feed salinity on the performance of the pilot system 
The presence of NaCl (35,000 mg/L) in the feed solution significantly reduced the 
distillate production rate of the pilot AGMD compared to the reference experiments using tap 
water feed (Figure 4.5). Dissolved NaCl in the feed solution decreases water activity, and 
thus reduces the transmembrane partial water vapour pressure, which is the actual driving 
force of the MD process [6]. Indeed, using the Antoine equation [6], the actual driving force 
of the pilot AGMD with the NaCl solution feed (i.e. with evaporator inlet temperature and 
water circulation rate of 50 ºC and 150 L/h, respectively, and an assumed temperature 
polarisation coefficient of 0.7) decreased by 20% compared to the pilot process with tap 
water feed under the same conditions. 
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Figure 4.5. Influence of feed salinity on distillate production rate of the pilot AGMD system 
at various operating conditions: (A) distillate production rate as a function of evaporator inlet 
temperature; other operating conditions: Tc.in = 25 ºC, Ffeed = 150 L/h (i.e. Re = 36), and (B) 
distillate production rate as a function of water circulation rate; other operating conditions: 
Tc.in = 25 ºC, Te.in = 70 ºC. Error bars represent the standard deviation of triplicate 
experiments. 
In addition to decreased water activity, concentration polarisation effect might also cause 
a reduction in the distillate production rate when using a saline feed. Elevating the feed 
temperature with a constant water circulation rate increased the concentration polarisation 
effect [140]. Thus, the decline in the distillate production rate in the process of saline solution 
feed, compared to that of tap water feed, was more significant at a higher feed temperature 
(Figure 4.5A). On the contrary, the effect of concentration polarisation in the process of 
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saline solution feed was indiscernible when the water circulation rate changed (Figure 4.5B). 
Increasing the water circulation rate mitigated the effect of concentration polarisation because 
of increased flow turbulence; however, it also exaggerated the concentration polarisation 
effect due to the associated increase in permeate flux. 
The influences of operating conditions on the specific energy consumption of the pilot 
AGMD process with the NaCl solution feed were similar to those observed in the experiment 
with tap water feed (Figure 4.6). Elevating the evaporator inlet temperature and decreasing 
the water circulation rate also reduced the STEC and SEEC of the pilot process when 
operating with the NaCl feed solution. However, the presence of salts in the feed solution 
increased both STEC and SEEC because of the decreased distillate production rate compared 
to the reference results using tap water (Figure 4.5 and Figure 4.6). 
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Figure 4.6. Influence of feed salinity on the specific thermal and electrical energy 
consumption of the pilot AGMD system at various operating conditions: (A) STEC and SEEC 
as a function of evaporator inlet temperature, other operating conditions: Tc.in = 25 ºC, Ffeed = 
150 L/h (i.e. Re = 36), and (B) STEC and SEEC as a function of water circulation rate; other 
operating conditions: Tc.in = 25 ºC, Te.in = 70 ºC. Error bars represent the standard deviation of 
triplicate experiments. 
 Pilot AGMD process of seawater 
The evaporator inlet temperature of 70 ºC and the water circulation rate of 150 L/h were 
the optimal operating conditions (i.e. with respect to specific energy consumption) in the pilot 
process with tap water and the saline solution feed. Thus, these conditions were selected for 
further experiment with seawater. 
 
79 
A stable pilot AGMD operation with seawater feed and without any pre-treatment was 
obtained. Throughout 9 hours of operation, the distillate production rate of the system 
remained steady at 7.3 L/h (Figure 4.7), and the distillate conductivity was always below 100 
S/cm (i.e. equivalent to the salinity of 50 mg/L). The stable distillate production rate and 
distillate conductivity confirm the absence of membrane scaling and fouling during the 
operation. It is noteworthy that in the single-pass operation, the water recovery rate of the 
pilot AGMD system was noticeably low (i.e. 5%). Low water recovery rate together with a 
small concentration polarisation ensured that concentrations of potential scalants, such as 
CaCO3 and CaSO4 [19, 48, 115], at the membrane surface were well below their solubility 
limits. The stable distillate production rate (which indicates the absence of any membrane 
fouling) observed in this experiment can be also attributed to the low total organic carbon 
concentration of the seawater feed (i.e. 2 mg/L) and low operating permeate flux (i.e. 1.0 
L/m2.h). The results reported here are consistent with previous studies, in which MD was 
reported to be able to desalt seawater without any intensive chemical pre-treatment for 
months of operation [114, 143]. 


































































Figure 4.7. Distillate production rate, STEC, SEEC, and GOR as functions of operating time 
in the pilot AGMD treatment of seawater. Operating conditions: Tc.in = 25 ºC, Te.in = 70 ºC, 
Ffeed = 150 L/h (i.e. Re = 36). 
Throughout the experiment, the STEC and GOR of the system slightly varied from 90 to 
95 kWh/m3 and 6.5 to 7, respectively, while the SEEC of the system remained stable at 0.13 
kWh/m3 (Figure 4.7). The variations in STEC and GOR were attributed to the fluctuation in 
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the value of Ttop, which was inevitable for the pilot system. Differently, the factors 
determining the SEEC of the system remained stable; thus, a constant SEEC was obtained. It 
is also noteworthy that the distillate production rate obtained from seawater is similar to that 
from a 35,000 mg/L NaCl solution reported in section 4.3.2. 
Compared to a state-of-the-art seawater RO process, the pilot AGMD process had a 
significantly lower SEEC (i.e. 0.13 compared to approximately 4 kWh/m3) [64]. This 
comparison roughly demonstrates the advantage of MD over RO for seawater desalination 
when integrating with solar energy. PV panels used to supply electrical energy to solar-driven 
desalination systems contribute a significant portion to the capital costs of the systems [64, 
106]. The operational costs of MD can also be reduced when using low-grade waste heat 
available on site. Indeed, water production cost as low as $0.26/m3 has been reported for a 
seawater MD desalination unit using waste heat [144]. 
Comparisons between the pilot AGMD system used in the present study and other pilot 
AGMD systems reported in the literature are provided in Table 4.2. Under the optimal 
operating conditions (i.e. the evaporator inlet temperature and water circulation rate), our 
system achieved the lowest STEC and the highest GOR. However, the permeate flux of the 
present system was also the lowest. It is noteworthy that while the evaporator inlet 
temperature used in the present study was in the range investigated in previous studies, the 
water circulation rate was much lower in the present experiments. This again confirms the 
strong influence of water circulation rate on permeate flux and energy consumption of 
AGMD systems. 
Table 4.2. Comparisons between the thermal and electrical energy consumption of the pilot 




[106] [143] [65] [67] 
Water circulation flow rate (L/h) 150 280-415 400 500 200-400 
Feed temperature at evaporator 
inlet (C) 
70 60-85 - 85 60-85 
Permeate flux (L/m2.h) 1.0 2.1 2.5 3.4 1.88 
STEC (kWh/m3) 90-95 100-200 200-300 250-600 140-200 
SEEC (kWh/m3) 0.13 - - - - 
GOR 6-7 3-6 0.3-0.9 - 4-6 
 Conclusions 
This chapter investigated the optimisation of a single-pass pilot AGMD process of 
seawater with respect to distillate production rate and energy consumption. The evaporator 
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inlet temperature and the water circulation rate strongly influenced the process performance. 
The process delivered a better performance (i.e. higher distillate production rate and lower 
specific thermal and electrical energy consumption) when operating at elevated evaporator 
inlet temperature. In contrast, a trade-off between the distillate production rate and energy 
efficiency of the process was observed as the water circulation rate increased. Furthermore, 
given the small driving force (T < 5 ºC) used in this study, both temperature and 
concentration polarisation effects of the AGMD process were rather small. On the other hand, 
the effects of feed salinity (which resulted in a decrease in water activity and an increase in 
concentration polarisation) on distillate production rate and thermal efficiency were clearly 
discernible. Finally, a stable single-pass pilot AGMD operation of seawater with a specific 
thermal and electrical energy consumption of 90 and 0.13 kWh/m3, respectively, was 
demonstrated. The specific thermal energy consumption obtained here is lower than all other 
values from previous pilot AGMD evaluations in the literature.  
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 Optimising Thermal Efficiency of Direct 
Contact Membrane Distillation by Brine Recycling for 
Small-scale Seawater Desalination 
 Introduction  
Desalination is a practical approach to augmenting fresh water supply in coastal areas 
[145]. Large-scale seawater desalination can be readily implemented using reverse osmosis 
(RO) and conventional thermal distillation [3]; however, the provision of small-scale 
seawater desalination for small and remote coastal communities remains a significant 
challenge. Indeed, RO requires intensive pre-treatment, high-pressure pumps, and duplex 
stainless-steel piping, all of which are expensive and not practical for small-scale seawater 
desalination [146, 147]. In the context of small-scale seawater desalination, membrane 
distillation (MD) can be a favourable alternative particularly because of the potential to 
directly use solar thermal and low-grade heat as the primary source of energy [56, 113]. 
Unlike conventional thermal distillation processes, which require a large physical footprint, 
MD can retain most positive attributes of a typical membrane process, including modulation, 
compactness, and process efficiency [7, 13]. The optimal thermal energy consumption of MD 
can be lower than that of conventional thermal distillation [144]. 
MD is a hybrid separation process that involves phase-change thermal distillation and 
microporous hydrophobic membrane separation [7, 13, 148]. In MD desalination, the 
hydrophobic nature of the membrane allows for the transport of water vapour while 
preventing the permeation of liquid water. As a result, dissolved solutes (i.e. inorganic salts 
that cannot be evaporated) and suspended particles can be completely rejected by MD. In 
addition, unlike in RO, the driving force for mass transport in MD is the partial water vapour 
pressure difference across the membrane, which is mainly induced by a transmembrane 
temperature difference. Thus, water flux in MD is negligibly affected by the feed water 
salinity. In other words, MD can be used for desalinating hypersaline feed streams or to 
achieve high water recovery desalination [21, 59, 149-152]. Given the discontinuity of the 
                                                 
This chapter has been published as: H. C. Duong, P. Cooper, B. Nelemans, T. Y. Cath, and 
L. D. Nghiem, Optimising thermal efficiency of direct contact membrane distillation by brine 
recycling for small-scale seawater desalination, Desalination 374 (2015) 1-9. 
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liquid phase across the membrane and a small hydraulic pressure on the membrane surface, 
MD is less susceptible to membrane fouling compared to RO, and hence does not require 
extensive pre-treatment [13]. More importantly, due to the absence of high hydraulic 
pressure, which is required for RO, non-corrosive and inexpensive plastic materials can be 
used for MD’s infrastructure (i.e. membrane modules, vessels, and piping), thus significantly 
reducing its capital costs. Furthermore, by using a microporous membrane to facilitate the 
transport of water vapour, MD is more compact and thus has a significantly smaller footprint 
compared to conventional thermal distillation. Finally, MD is often operated at feed 
temperature ranging from 40 to 80 ºC, which coincides with the optimal range of most 
thermal solar collectors [67]. Given these attributes, MD is arguably the most promising 
candidate for portable, stand-alone, and solar driven seawater desalination applications [55, 
65, 67]. 
In practice, the use of MD for seawater desalination is still largely restricted to pilot-scale 
demonstrations [13]. Technical challenges, namely intensive energy consumption and 
membrane pore wetting, must be overcome before seawater desalination by MD can be 
commercially realised. As a phase-change separation process, MD consumes significant 
heating and cooling energy to perform the phase conversion. Consequently, all MD processes 
reported in the literature demonstrate an energy consumption of several orders of magnitude 
higher than that of RO [9, 64, 65]. In addition, to sustain its separation functionality, MD 
requires the membrane pores to be dry. In seawater applications, organic matter and scale 
formed on the membrane surface can alter the membrane hydrophobicity, which may lead to 
liquid intrusion into the pores, and, subsequently, water flux reduction and deteriorated 
distillate quality [20, 44, 48]. 
Depending on the methods applied to generate its driving force, MD can be divided into 
four basic configurations, including vacuum, air gap, sweeping gas, and direct contact 
membrane distillation. Among these configurations, direct contact membrane distillation 
(DCMD) has the simplest arrangement [13], and is deemed best suited for small-scale 
desalination applications [7, 13]. DCMD has also been the most studied configuration in the 
MD literature [13]. However, heat loss due to conduction through the membrane in DCMD 
can be significant because of its simple arrangement (i.e. the hot feed and the cold distillate 
are both in contact with the membrane). Thus, DCMD may have a lower thermal efficiency 




Several attempts have been made to reduce energy consumption and thus enhance thermal 
efficiency of DCMD desalination processes. As a notable example, Lin et al. [70] 
investigated the coupling of DCMD with an external heat exchanger to recover the latent heat 
accumulated in the distillate stream, thus enhancing process thermal efficiency. The authors 
demonstrated that if infinite membrane and heat-exchanging surface was available, a 
minimum specific heat consumption of DCMD (i.e. with a heat exchanger) of 0.03 MJ/L 
could be achieved by optimising the ratio between the feed and distillate flow rates. However, 
it is impractical to have infinite membrane and heat-exchanging surface; thus, in practice, 
brine recycling can be used to improve water recovery and thermal efficiency [70]. Brine 
recycling for water recovery and thermal efficiency enhancement has also been suggested by 
Saffarini et al. [71]. Brine recycling enhances the utilisation of the available membrane 
surface area. In other words, brine recycling can be used to optimise the thermal efficiency 
without the need of increasing membrane surface area (or module size). The cost of 
membrane is significant [136] and this attribute is particularly important for small-scale 
desalination applications. It is noteworthy that no previous studies have experimentally 
evaluated brine recycling in DCMD of seawater. 
A major challenge for brine recycling during DCMD of seawater is to manage the 
negative effects of increased feed salinity associated with high water recovery on water flux, 
distillate quality, and membrane scaling. This chapter aims to elucidate the relationship 
between thermal efficiency, water recovery, and membrane scaling in DCMD of seawater 
with brine recycling. The effects of operating conditions, including water recovery, feed 
temperature, and water circulation rates, on thermal efficiency of the process were 
systematically examined. The risk of membrane scaling at a high water recovery from actual 
seawater was also investigated. 
 Materials and methods 
 DCMD test unit 
A flow diagram of the DCMD unit used in this study is shown in Figure 5.1. The 
membrane cell, provided by Aquastill (Sittard, The Netherlands), composed of two 
polypropylene (PP) semi-cells. Each semi-cell had a flow channel with depth, width, and 
length of 0.2, 10, and 50 cm, respectively, forming an active membrane area of 500 cm2. A 
flat-sheet, low-density polyethylene (LDPE) membrane (also provided by AquaStill) having 
nominal pore size of 0.3 m, thickness of 76 m, and porosity of 85% was installed between 
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the two semi-cells to form the feed and distillate channels. PP spacers were used in both 
channels for improved flow turbulence. Two variable-speed gear pumps (Model 120/IEC71-
B14, Micropump Inc., Vancouver, Washington, USA) were used to circulate the feed and 
distillate through the membrane cell. Two rotameters, positioned before the inlet of each 
channel, were used to monitor the circulation flow rates of the feed and distillate. 
 
Figure 5.1. Flow diagram of the DCMD system used in the study. 
Feed water from a storage tank flowed into the MD feed tank by gravity via a float valve. 
The MD feed tank was heated using a submerged heating element connected to a temperature 
control unit. A temperature sensor positioned immediately before the inlet of the feed channel 
was used to regulate the feed water temperature. Another temperature sensor was installed at 
the outlet of the feed channel to monitor the feed temperature drop along the channel. A 
peristaltic pump (Masterflex, John Morris Scientific Pty Ltd., Australia) was used to bleed the 
concentrated brine from the MD feed tank when necessary (see section 5.2.3). A chiller 
(SC200-PC, Aqua Cooler, Sydney, New South Wales, Australia) was used to control the 
distillate temperature through a stainless-steel heat-exchanging coil submerged directly into 
the distillate tank. The temperatures of the distillate entering and leaving the cell were 
monitored by other two temperature sensors. A digital balance (PB32002-S, Mettler Toledo, 
Inc., Hightstown, New Jersey, USA) connected to a computer was used to weigh the excess 
distillate flow for determining the water flux. 
 Analytical methods 
Electrical conductivity of the feed and distillate was measured using Orion 4-Star Plus 
meters (Thermo Scientific, Waltham, Massachusetts, USA). Contact angle of membrane 
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surface before and after experiments was measured by the sessile drop technique using a 
Rame-Hart Goniometer (Model 250, Rame-Hart, Netcong, New Jersey, USA). Milli-Q water 
was used as the reference liquid for the contact angle measurements. Morphology and 
composition of membrane surface were examined using a low vacuum scanning electron 
microscope (SEM) coupled with an energy dispersive spectrometer (EDS) (JOEL JSM-
6490LV, Japan). The membrane samples were air-dried and then directly used (i.e. without 
coating) for SEM-EDS analysis. 
 Experimental protocols 
5.2.3.1. Feed solutions 
Milli-Q water, synthetic 35,000 mg/L NaCl solution, and pre-filtered seawater were used 
as feed solutions. Seawater was collected from Wollongong beach (New South Wales, 
Australia) and was pre-filtered by 0.5 m filter paper prior to all experiments. The 
conductivity, pH, and total dissolved solids of this pre-filtered seawater were of 52.5 ± 1.0 
mS/cm, 8.35 ± 0.05, and 37,000 ± 2000 mg/L, respectively. The total organic carbon (TOC) 
concentration of this pre-filtered seawater was less than 2 mg/L. The synthetic NaCl solution 
was prepared from analytical grade chemical and Milli-Q water. 
5.2.3.2. DCMD of Milli-Q water and saline solutions 
DCMD of Milli-Q water was conducted to determine the system’s baseline mass transfer 
coefficient prior to the experiments with the saline solutions. The process was operated at 
constant water circulation rates (1.25 L/min) and distillate temperature (25 ºC), but varied 
feed temperature (i.e. 35, 40, 45, 50 ºC). Water flux of DCMD was measured at each feed 
temperature at stable conditions for three hours. 
Concentrating and constant recovery operating modes were used in the DCMD 
experiments with saline solutions. In the concentrating mode, the volume of feed solution in 
the feed tank was allowed to decrease, thus resulting in an increase in feed salinity over time. 
The water recovery (Rec) of the system in this mode was the ratio between the accumulated 
distillate volume and the initial feed volume. In the constant recovery mode, concentrated 
brine was bled out and saline solution was allowed to flow into the MD feed tank via the float 
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where Fbrineout and Fd are the volumetric flow rates (m3/s) of bled-out brine and produced 
distillate, respectively, and Rec is the predetermined system water recovery. In the constant 





cRe             (5.2) 
where Fsys is the volumetric flow rate of saline water fed into the MD feed tank. In both 





          (5.3) 
Prior to constant recovery operation, the feed was first concentrated to reach a 
predetermined water recovery. Then, the constant recovery mode was initiated and 
maintained for at least 24 hours before being terminated or switched to another water 
recovery set point. At the end of the experiments with the pre-filtered seawater, the 
membrane sample was removed for subsequent contact angle measurement and SEM-EDS 
analysis. To ensure experimental reproducibility, a new membrane sample and 2 L of Milli-Q 
water as the initial distillate were used for each experiment. 
 Mass transfer of water in DCMD 
The mass transfer of water vapour across the membrane in DCMD depends on the 
membrane properties and operating conditions, and can be expressed as: 
mJ K ΔP           (5.4) 
where J is the water flux of the system (L/m2.h); Km is the mass transfer coefficient 
(L/Pa.m2.h); P is the water vapour pressure difference between the vapour-liquid interfaces 
formed at two sides of the membrane (Pa). The mass transfer coefficient is a function of 
membrane properties and operating conditions, including feed and distillate temperatures, 
pressures, and water circulation rates. Km can be determined using empirical correlations [13, 
26] or experimentally measured  [48]. 
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where P0 is in Pa and T is the temperature in K. For a saline solution, the presence of salts in 
the solution reduces water activity and, hence, water vapour pressure. Thus, the partial 
vapour pressure of water at the membrane surfaces in DCMD of saline solutions (P) is 
calculated as [6]: 
 21 0.5 10 0water salt saltP x x x P           (5.6) 
where xwater and xsalt are the molar fraction of water and salts, respectively. 
For DCMD of a diluted solution, xsalt is negligible and thus the concentration polarisation 
effect can be ignored. On the other hand, due to temperature polarisation, the real 
transmembrane temperature difference is smaller than that between the bulk feed and 
distillate (which can be readily measured), thus reducing the driving force for mass transfer. 
However, the effect of temperature polarisation can be incorporated into the mass transfer 
coefficient, Km, and P can be calculated using the average temperatures of the bulk feed and 
distillate (i.e. (Tf.in + Tf.out)/2 and (Td.in + Td.out)/2, respectively). 
 Energy consumption and thermal efficiency in DCMD    
In MD, thermal energy is required to heat the saline feed solution and to cool the 
distillate. In this study, a chiller was used as a heat sink. However, in practice, seawater at 
ambient temperature can be circulated through a heat-exchanging coil for cooling. Thus, 
cooling energy was excluded when calculating the process thermal efficiency. 
The efficiency of a thermal desalination process can be determined by the specific thermal 
energy consumption (STEC), which is the thermal energy consumed per volume unit of 
produced distillate [65, 112]. Based on a heat and mass balance (Figure 5.2), STEC (in MJ/L) 
of DCMD without brine recycling can be calculated as: 
 . . .
610
f in f in P f in sys
d
F C T T
STEC
F
    


      (5.7) 
where Ff.in, Tf.in, and f.in are the inlet volumetric flow rate (m3/s), inlet temperature (ºC), and 
inlet density (kg/m3) of the feed, respectively, Tsys is the temperature of the saline water in the 
storage tank (i.e. assumed to be constant at 25 ºC), and CP is the specific heat capacity of 
solutions (kJ/kg.ºC). When the brine is returned to the feed tank and the system water 
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where Qinput is in kJ/s, sys and d are densities of saline water in the storage tank and the 
distillate (kg/m3), and Tf.out is the outlet temperature of the feed. Thus, the heat input of the 
system could be calculated by measuring the volumetric flow rates of feed and distillate, 
along with feed inlet and outlet temperatures. Then, STEC of the process in constant recovery 








          (5.9) 
Another useful parameter, particularly when involving heat recovery, is the gained output 
ratio (GOR). GOR is the ratio between the heat associated with water vapour transfer and the 







         (5.10) 
where H is the latent heat of evaporation of water (kJ/kg). The density, specific heat 
capacity, and the latent heat of evaporation of saline solutions are dependent on temperature 
and salinity, and their calculations are given elsewhere [123]. Unless otherwise stated, for 
comparison purpose, the STEC and GOR of DCMD reported in this study were calculated for 
the constant recovery mode. 
 
Figure 5.2. Heat and mass flow in DCMD with brine recycling. 
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 Results and discussions 
 Water flux and mass transfer coefficient in DCMD of diluted solution 
As expected, water flux increased as the transmembrane temperature difference increased 
(Figure 5.3A). When Milli-Q water was used as the feed, concentration polarisation can be 
ignored and the mass transfer coefficient of the system, Km, could be obtained (i.e. 1.0110-3 
L/Pa.m2.h) based on Eqs. (5.4) through (5.6) and a linear regression between the water flux 
and the calculated P. The linear regression coefficient (R2 value) was 0.999. 




































































Figure 5.3. (A) Experimentally measured water flux at different feed temperatures and (B) 
water flux as a function of the calculated water vapour pressure difference between the two 
sides of the membrane in DCMD with milli-Q water feed. Operating parameters: Td.in = 25 
ºC, Ff.in = Fd.in = 1.25 L/min (i.e. Re = 435). 
 Water flux and thermal efficiency in DCMD of saline solution with brine 
recycling 
The obtained Km value (section 5.3.1) is valid for DCMD of a diluted feed with negligible 
concentration polarisation. It is also useful to evaluate the impact of water recovery on water 
flux in DCMD of saline solutions with brine recycling. For the NaCl feed solution of 35,000 
mg/L, as water recovery increases, the remaining feed becomes more concentrated because 
MD can offer complete salt rejection. However, the increase in water recovery up to about 
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40% (i.e. in DCMD at feed temperature of 40 ºC) did not exert any discernible impact on 
water flux. The measured water flux coincided with the calculated values using the obtained 
Km (Figure 5.4A). As water recovery further increased, the increase in salt concentration for 
each unit increase in water recovery becomes more significant. As a result, the impact of 
recovery increase on water flux was noticeable at water recoveries above 40% (Figure 5.4A). 
As discussed in section 5.3.1, the obtained Km did not take into account concentration 
polarisation, which was signified at high salt concentration in the feed. Thus, the measured 
water flux deviated considerably from the calculated values, especially at high water 
recoveries. In addition, because the polarisation effects are magnified by elevating feed 
temperature, and hence increasing water flux [59, 105], the deviation of the measured flux 
from the calculated values occurred at lower water recovery in the experiments conducted at 
higher feed temperature (Figure 5.4A). 





































































































Figure 5.4. Influence of feed salinity on water flux as water recovery increased in DCMD of 
the NaCl 35,000 mg/L solution with brine recycling at different feed temperatures: (A) 
calculated and experimentally measured water flux as a function of water recovery, and (B) 
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normalised measured water flux as a function of water recovery. Operating conditions: Td.in = 
25 ºC, Ff.in = Fd.in = 1.25 L/min (i.e. Re = 435). 
Operating DCMD at elevated feed temperature helped alleviate the negative effects of 
feed salinity on water flux at high water recoveries. At water recoveries below 40%, the 
normalised water fluxes at the three feed temperatures were almost identical and 
approximated to unity (Figure 5.4B), demonstrating the independence of MD flux on feed 
salinity at low feed concentrations. As water recovery reached 80%, water flux declined by 
20% at feed temperature of 50 ºC, but it decreased by 50% when operating at feed 
temperature of 40 ºC. This could be attributed to the increasing ratio between the driving 
force, which exponentially depends on feed temperature, and the feed salinity as feed 
temperature rises. The reported result is consistent with previous studies by Duong et al. 
[112] and Winter et al. [145], emphasising the significant influence of feed salinity on the 
performance characteristics of the MD processes with a small driving force. 
Brine recycling in DCMD could be optimised to increase thermal efficiency (Figure 5.5). 
Increasing water recovery by returning the hot brine to the feed tank resulted in a slight 
decline in water flux, but a noticeable improvement in GOR. A significant reduction in STEC 
was also obtained by brine recycling. Without brine recycling, the STEC value (i.e. calculated 
using Eq. (5.7)) was 16.2 MJ/L. When operating the lab-scale process at the constant 
recovery mode with brine recycling to obtain the optimal water recovery of 30%, a 
substantial reduction in STEC, to 6.5 MJ/L, could be achieved. It is noteworthy that this 
calculated STEC was from a simple lab-scale DCMD process without any energy recovery. A 
lower STEC value (i.e. 1.6  2.2 MJ/L) can be obtained from pilot-scale DCMD processes 
with energy recovery and better insulation [153, 154]. However, the inclusion of an external 
energy recovery system is not suitable for a small-scale system and is beyond the scope of 
our study. 
The optimal water recovery for maximised thermal efficiency is approximately 30%; 
however, it is noteworthy that changes in both GOR and STEC values within the water 
recovery range of 20 to 60% are negligible (Figure 5.5). Thus, 20 to 60% can be taken as the 
optimal water recovery range in DCMD desalination with brine recycling. Exceeding this 
optimum range, an increase in water recovery led to a small rise in STEC and a slight 
decrease in GOR. The decrease in thermal efficiency at water recoveries above 60% can be 
attributed to the increased effect of feed salinity on water flux at high water recoveries. As 
water recovery increased, while the required heat input did not change greatly, water flux of 
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the system gradually decreased. Thus, thermal efficiency of the system declined as water 
recovery exceeded the optimum range. 




















































Figure 5.5. Water flux, STEC, and GOR as a function of water recovery in DCMD of the 
35,000 mg/L NaCl solution with brine recycling. Operating parameters: Tf.in = 50 ºC, Td.in = 
25 ºC, Ff.in = Fd.in = 1.25 L/min (i.e. Re = 435). 
In addition to water recovery, the feed temperature and water circulation rates had 
considerable influence on thermal efficiency of the DCMD process. Increasing feed 
temperature was beneficial for improving GOR and reducing STEC of the system (Figure 
5.6A). At low water recoveries, the influence of feed temperature on GOR and STEC was 
unnoticeable. However, at high water recoveries, elevating feed temperature from 45 to 50 ºC 
resulted in 30% increase in GOR and a reduction at the same magnitude in STEC. The 
observed increase in thermal efficiency at high water recoveries could be attributed to the 
mitigated effects of feed salinity at elevated feed temperature as discussed above. Reducing 
water circulation rates also helped increase thermal efficiency of the system. Operating the 
system at decreased circulation rates favoured the reduction in STEC and improvement in 
GOR (Figure 5.6B). This observation is consistent with previous results by Summers et al. 
[141] and Guan et al. [142] who simulated thermal efficiency of DCMD using a heat-
exchanger. It is worth noting that elevating feed temperature and reducing water circulation 
rates promote concentration polarisation [52, 59, 112], and thus might increase the risk of 
membrane scaling in DCMD of actual seawater. 
 
94 


















































































Figure 5.6. Influence of operating conditions on thermal efficiency of DCMD with brine 
recycling. (A) STEC and GOR as a function of water recovery at feed temperature, Tf.in, of 45 
and 50 ºC; other operating conditions: Td.in= 25 ºC, Ff.in = Fd.in= 1.25 L/min. (B) STEC and 
GOR at water circulation rates of 0.75, 1.00, and 1.25 L/min (i.e. Re = 261, 348, and 435 
respectively), and water recovery of 60%; other operating conditions: Tf.in= 50 ºC, Td.in= 25 
ºC. 
 Membrane scaling in DCMD with seawater 
The performance of DCMD with the pre-filtered seawater operated in the concentrating 
mode was similar to that observed in the experiment with the NaCl feed solution (Figure 5.7). 
At water recoveries below 70% (i.e. concentration factor, CF, below 3.3), membrane scaling 
caused by the presence of sparingly soluble salts did not occur, indicated by the steady 
decrease in the distillate conductivity, even with increased feed concentration. Thus, there 
were only effects of temperature and concentration polarisations, and increased feed salinity 
on water flux, which were also encountered in DCMD with the NaCl solution. As a result, 
water flux gradually decreased when the system water recovery increased to 70%. As the 
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system water recovery approached higher values, water flux further decreased. However, no 
significant reduction in water flux was observed even when the distillate conductivity started 
increasing, which is an indication of scale formation and membrane pore wetting. 































































Figure 5.7. Water flux, feed and distillate electrical conductivity (EC) as a function of water 
recovery in DCMD of pre-filtered seawater. Operating conditions: Tf.in = 50 ºC, Td.in = 25 ºC, 
Ff.in = Fd.in = 1.25 L/min (i.e. Re = 435). 
Surface analysis of the membrane after the experiment with pre-filtered seawater 
confirmed the deposition of scale on the membrane surface. Indeed, contact angle of the 
scaled membrane decreased to 20º while that of the virgin membrane was 116º. SEM imaging 
(Figure 5.8) reveals a thick and porous layer of salt crystals on the membrane surface at the 
completion of the experiment. It is possible that the salt crystals did not completely clog the 
membrane pores, and thus did not result in a significant decrease in water flux. Nevertheless, 
they drastically altered the hydrophobicity of the membrane surface layer. Qualitative 
elemental analysis of the scale layer using EDS shows that its main compositions were 
carbonate and sulphate salts of calcium and magnesium. Morphology of these crystals 
(Figure 5.8) is consistent with calcium sulphate precipitate [10]. 
 
96 
   
Figure 5.8. SEM images and EDS spectra of the membrane after the concentrating DCMD of 
pre-filtered seawater up to 80% water recovery. 
 DCMD of seawater with brine recycling at high water recoveries 
DCMD of pre-filtered seawater with brine recycling at constant water recoveries of 60 
and 70% (CF of 2.5 and 3.3, respectively) could be achieved without any observable 
membrane scaling. In the concentrating mode, the increase in water recovery resulted in a 
gradual rise in feed salinity (represented by the feed conductivity) and hence, a steady 
decrease in water flux (Figure 5.9). When the process was operated in the constant recovery 
mode at 60 and 70% for over 24 hours at each water recovery, both stable feed salinity and a 
constant water flux were achieved. The conductivity of the distillate steadily decreased 
during the first 25 hours of the operation before stabilising around 2 S/cm for the remainder 
of the test. The observed decrease in the distillate conductivity was because of the dilution of 
the Milli-Q water (conductivity of 8.5 S/cm) which was initially used as the condensing 
liquid. The obtained constant water flux, along with superior distillate quality, indicates that 
membrane scaling did not occur throughout the operation. The analysis of membrane surface 
at the completion of the operation also supports the absence of membrane scaling. Contact 
angle of the membrane decreased slightly to 100º. No evidence of scaling could be seen from 
the SEM image of the membrane after DCMD experiment at 70% water recovery (Figure 
5.10). Traces of sodium, chloride and silica could be observed from the EDS spectra; 
however, the intensity of these peaks is negligible (Figure 5.10A) compared to the EDS 
spectra of the virgin membrane (Figure 5.10B). 
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Figure 5.9. Water flux, feed and distillate electrical conductivity as a function of operating 
time in DCMD of pre-filtered seawater with brine recycling at different operation modes: (A) 
concentrating operation with increased water recovery from 0 to 60%, (B) operation at 
constant water recovery of 60%, (C) concentrating operation with increased water recovery 
from 60 to 70%, and (D) operation at constant water recovery of 70%. Operating conditions: 
Tf.in = 50 ºC, Td.in = 25 ºC, Ff.in = Fd.in = 1.25 L/min (i.e. Re = 435). 
There appears to be a trade-off between increasing water recovery and improving 
performance of the system in DCMD of seawater at high water recoveries. By increasing 
water recovery from 60 to 70%, the volume of the discharged MD brine can be reduced by 
25%. However, this increase in water recovery also resulted in a small reduction in water flux 
(i.e. from 8 to 7 L/m2.h), and a slight decrease in the GOR value from 0.35 to 0.33 
(corresponding to an increase in the STEC value from 6.8 to 7.1 MJ/L). Moreover, excessive 
water recovery can lead to the formation of scale on the membrane surface as discussed 
above. 
Thermal efficiency of seawater DCMD with brine recycling when operating at the 
constant water recovery of 60% was more than doubled compared to that of a single-pass 
process (i.e. STEC decreased from 16.2 to 6.8 MJ/L, and GOR increased from 0.15 to 0.35). 
Nevertheless, the achieved thermal efficiency of the DCMD test unit is still lower compared 
to those reported in the MD literature [65, 112]. It is important to note that the recovery of 
latent heat from the distillate stream back to the feed stream by using a heat exchanger was 
not implemented in this study. The thermal efficiency of the DCMD process coupled with the 
heat exchanger can be improved significantly [70, 142, 153], but will also increase the system 





Figure 5.10. SEM images and EDS spectra of (A) the membrane after DCMD of pre-filtered 
seawater at 70% water recovery, and (B) the virgin membrane. 
 Conclusions 
Over two-fold reduction in the specific thermal energy consumption of DCMD of 
seawater could be achieved by brine recycling. The experimental results reveal an optimal 
water recovery range of 20 to 60% with respect to thermal efficiency. A high water recovery 
beyond this optimal range led to an increase in the risk of membrane scaling. Indeed, severe 
membrane scaling was observed at 80% water recovery. On the other hand, DCMD of 
seawater at water recovery of up to 70% was operated for over 24 hours without any 
observable membrane scaling. Results reported here suggest that the risk of membrane 
scaling within the water recovery range for an optimal thermal efficiency is negligible. In 
addition to water recovery, feed temperature and water circulation rates had influence on the 
process thermal efficiency. Elevating feed temperature and reducing circulation rates 
increased thermal efficiency. Increasing feed temperature also helped reduce the negative 





 Scaling Control during Membrane 
Distillation of Coal Seam Gas Reverse Osmosis Brine 
 Introduction 
Coal seam gas (CSG), also known as coal seam methane or coal bed methane, is 
essentially methane gas trapped in coal seams together with ground water. During CSG 
production, both gas and water are extracted to the surface. Gas is commonly separated from 
water at the wellhead, and the remaining water is called CSG produced water [155]. CSG 
produced water is usually saline and dominated by sodium, bicarbonate, and chloride [75, 
78]. As a result, it is not suitable for direct environmental discharge or beneficial reuse [74, 
75, 156]. In addition, the volume of water associated with CSG production can vary greatly 
from basin to basin and can be very large. For example, in Queensland, Australia, the yearly 
CSG produced water production is expected to be 100 GL in 2015, and is predicted to reach 
maximum generation of 200 GL in 2030 [155]. Therefore, cost-effective and sustainable 
management of produced water is essential for the expansion of the CSG industry in 
Australia. 
In most current CSG production projects in Australia, produced water is treated by 
reverse osmosis (RO) desalination prior to environmental discharge or beneficial reuse. 
However, RO can only achieve 75 – 80% water recovery [75, 79, 80, 157]. In Australia, 
where reinjection of CSG RO brine to depleted coal seams is generally not permitted, brine 
ponds have to be used as a temporary solution. Thus, new treatment technologies allowing for 
further water extraction and ultimately the extraction of minerals from CSG RO brine as 
saleable products are being investigated [73, 158-160]. One such technology, membrane 
distillation (MD), which combines thermally driven distillation and membrane separation, has 
shown great promise for the treatment of hypersaline solutions, including CSG RO brine. 
In MD, a micro-porous hydrophobic membrane is used to separate the hot saline aqueous 
feed solution from the cold distillate and facilitate the transport of water vapour through its 
pores [6, 7, 161]. Unlike the RO process, which is driven by a transmembrane hydraulic 
pressure difference, in MD a partial vapour pressure difference induced by a temperature 
                                                 
This chapter has been published as: H.C. Duong, S. Gray, M. Duke, T.Y. Cath, and L.D. 
Nghiem, Scaling control during membrane distillation of coal seam gas reverse osmosis 
brine, Journal of Membrane Science 493 (2015), 673-682. 
 
100 
gradient across the membrane is the driving force. Therefore, compared to RO, the water flux 
in MD is not affected to the same extent when the salinity of the feed solution (and thus its 
osmotic pressure) increases. As a result, a potential application of MD is arguably for the 
treatment of hypersaline solutions, and specifically the brine generated during RO 
desalination [21, 59, 159, 162]. 
A major technical challenge to the realisation of MD for CSG RO brine management is to 
control membrane scaling. The highly saline nature of produced water, particularly CSG RO 
brine, and the desire for high water recovery (i.e. the volume ratio of fresh water to feed 
water) can significantly elevate the risk of membrane scaling [163]. Membrane scaling can 
cause several negative consequences on MD performance, including flux reduction due to 
surface blockage, exacerbated temperature and concentration polarisation, salt leakage, and 
membrane damage [10, 50, 53, 116]. 
Given the significance of membrane scaling, there have been a large number of studies on 
membrane scaling and mitigation techniques in various MD configurations as summarised in 
recent review articles [43, 44]. These studies have identified calcium carbonate, calcium 
sulphate, magnesium carbonate, and silicate as some of the most likely scalants during MD 
operation [43, 44]. In contrast to the large number of laboratory scale studies using synthetic 
saline feed, very few studies have attempted to examine the scaling potential of actual 
produced water. As a notable example, Thiel et al. [163] investigated the likely scalants in the 
treatment of produced water from Nova Scotia (Canada). In addition to calcium carbonate, 
calcium sulphate, magnesium carbonate, and silicate, the authors revealed that the 
precipitation of sodium chloride may also be a key factor that limits water recovery [163]. 
Several scaling mitigation approaches including chemical cleaning and process 
optimisation have been proposed and investigated [44]. However, none of them have been 
demonstrated for RO brine treatment. In addition, most of previous membrane scaling studies 
used synthetic feed water [43, 52, 116, 117]. Thus, the feasibility of chemical cleaning to 
control membrane scaling during MD treatment of CSG RO brine is still a subject of ongoing 
investigation. Using tap water as the feed, Gryta [52, 117] showed that calcium carbonate 
scaling developed in long-term operation and could be removed by a 2  5 wt.% HCl 
solution. Curcio et al. [116] investigated membrane fouling and scaling using synthetic 
seawater, and stated that membrane cleaning by citric acid followed by NaOH solution could 
restore most of the initial flux and the membrane hydrophobicity. Nghiem and Cath [10] 
investigated the scaling of direct contact membrane distillation (DCMD) using a synthetic 
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saline solution containing calcium carbonate, calcium sulphate, and silicate. Membrane 
scaling caused by calcium sulphate was the most problematic, but could be effectively 
controlled by regularly flushing the feed channels with deionized water. Hickenbottom and 
Cath [59] proposed new scaling mitigation techniques called flow and temperature reversal. 
They successfully demonstrated their proposed techniques during DCMD of the Great Salt 
Lake water [59]. The techniques proposed by Nghiem and Cath [10] and Hickenbottom and 
Cath [59] are innovative; however, they involve frequent disruption to the process for rinsing 
and flow or temperature reversal. Thus, further development is required before their practical 
applications for scaling control can be realised. 
Given the absence of viable membrane scaling mitigation techniques in the literature, and 
the high scaling propensity of CSG RO brine, this chapter aims to investigate the feasibility 
of DCMD for CSG RO brine treatment. Membrane scaling as well as the efficiency of 
membrane cleaning and their subsequent impacts on the DCMD process were systematically 
examined. A method to alleviate membrane scaling was then proposed and evaluated. 
 Materials and methods 
 Materials 
6.2.1.1. Lab-scale DCMD system 
A schematic diagram of the lab-scale DCMD system used in this study is shown in Figure 
6.1. The membrane cell was made of acrylic and composed of two semi-cells. Each semi-cell 
was engraved to create a flow channel with depth, width, and length of 0.3, 9.5, and 14.5 cm, 
respectively. The active membrane area for mass transfer was 138 cm2. Two pumps (Model 
120/IEC71-B14, Micropump Inc., Vancouver, Washington, USA) were used to circulate the 
feed and distillate through each semi-cell. The circulation flow rates were monitored using 
two rotameters. 
The feed solution was heated using a stainless-steel heat-exchanging coil submerged in a 
hot water bath. A temperature sensor was placed immediately after the outlet of the feed 
channel. The water bath and the temperature sensor were connected to a temperature control 
unit to regulate the feed temperature. A digital balance (PB32002-S, Mettler Toledo, Inc., 
Hightstown, New Jersey, USA) connected to a computer was used to weigh the excess 
distillate flow for determining the water flux. A chiller (SC200-PC, Aqua Cooler, Sydney, 
New South Wales, Australia) was used to control the distillate temperature through a 




Figure 6.1. Schematic diagram of the lab-scale DCMD system. 
A flat-sheet membrane provided by Porous Membrane Technology (Ningbo, China) was 
used in this study. The membrane has a polypropylene (PP) supporting layer laminated with a 
12 m-thick polytetrafluoroethylene (PTFE) active layer. The nominal pore size and porosity 
of this membrane were 0.2 m and 70%, respectively. 
6.2.1.2. Saline solutions 
Three saline solutions, including CSG RO brine, synthetic CSG RO brine, and sodium 
chloride, were used. The CSG RO brine was from our previous pilot work at the Gloucester 
gas field (New South Wales, Australia). CSG produced water was pre-treated by 
ultrafiltration and then desalted by RO. Antiscalant (Osmotreat, Osmoflo, Adelaide, South 
Australia, Australia) was added to the CSG produced water prior to the RO treatment at a 
dose of 5 mg/L.  The water recovery of the pilot RO system was 75%. Further details of this 
pilot study are available elsewhere [112]. Composition of major ions of the CSG RO brine is 
summarised in Table 6.1. The total dissolved solids (TDS), turbidity, and pH of this CSG RO 
brine were 17,100 mg/L, 0.22 NTU, and 8.2, respectively [112]. The synthetic solution was 
prepared from analytical grade sodium chloride and sodium bicarbonate to have the same 
bicarbonate/chloride mass ratio and TDS as the CSG RO brine from the Gloucester gas field. 
The NaCl solution was also prepared from the analytical grade chemical to have conductivity 
similar to that of the CSG RO brine (22,300 S/cm). 
6.2.1.3. Cleaning solutions 
Tap water, 0.5 wt.% HCl, and 2.5 wt.% MC3 were used as membrane cleaning solutions. 
The 0.5 wt.% HCl solution was prepared using analytical grade HCl from VWR International 
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Pty Ltd (Australia). The 2.5 wt.% MC3 solution was made from a commercial cleaning agent, 
Floclean MC3 (IMCD Australia Limited, Mulgrave, Victoria, Australia), following the 
manufacturer recommendations for RO membrane cleaning, resulting in a clear liquid at pH 
3. According to the manufacturer, Floclean MC3 had been designed specifically to clean RO 
membranes scaled by metal hydroxides, calcium carbonate, and similar deposits. In addition, 
there were no surfactants in Floclean MC3. 
Table 6.1. Composition of the CSG RO brine from the Gloucester gas field. 








 Analytical methods 
6.2.2.1. Contact angle measurement 
Water-membrane contact angle was used to determine the hydrophobicity of membrane. 
The contact angle measurements of the membranes were performed with a Rame-Hart 
Goniometer (Model 250, Rame-Hart, Netcong, New Jersey, USA) using the standard sessile 
drop method (i.e. with droplet volume of 12 L). Membrane samples were gently washed 
with Milli-Q water and then air-dried prior to contact angle measurements. Milli-Q water was 
used as the reference liquid. 
6.2.2.2. Scanning electron microscope (SEM) and energy-dispersive X-ray spectroscopy 
(EDS) elemental analysis 
The morphology and composition of the surface of membranes were examined using a 
scanning electron microscope (Model JSM-6490LA, JEOL, Tokyo, Japan), with additional 
semi-quantitative energy dispersive spectrometer. Prior to SEM analysis, the membrane 
samples were air-dried and subsequently sputtered with a thin layer of gold. SEM imaging 
was conducted at a voltage of 10 kV. 
6.2.2.3. Water quality parameters 
Electrical conductivity and pH of the feed and distillate were measured using an Orion 4-
Star Plus pH/conductivity meter (Thermo Scientific, Waltham, Massachusetts, USA). 
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 Experimental protocols 
6.2.3.1. DCMD experiments of saline solutions 
DCMD experiments with the NaCl solution, synthetic CSG RO brine, and CSG RO brine 
were performed under the same operating conditions. The process was started with 4 L of the 
saline solution in the feed tank and 2 L of Milli-Q water as the initial distillate (condensate). 
Unless otherwise stated, the feed water and the distillate at temperatures of 50 and 25 ºC, 
respectively, were introduced to their respective membrane semi-cells at flow rates of 1 
L/min (cross flow velocities of 0.06 m/s). The normalised flux, which is the ratio of the water 
flux at a given time to the initial flux, along with the system water recovery, pH and electrical 
conductivity of the feed and the distillate were regularly monitored. DCMD operation was 
terminated when a system water recovery of 80% had been achieved or the normalised flux 
had decreased to 0.2. 
Prior to all experiments, membrane integrity was verified for 2 hours by measuring the 
water flux at the standard operating conditions described above using tap water as the feed 
solution. The membrane sample would be used for the subsequent experiment if the obtained 
water flux was between 30 and 32 L/m2.h. Otherwise, another membrane sample would be 
used. 
A set of DCMD experiments using CSG RO brine feed at a temperature of 40 and 35 ºC 
was also conducted. Except for the reduced feed temperature, all other operating conditions 
were as described above. 
6.2.3.2. Membrane cleaning experiments 
DCMD experiments with the CSG RO brine were conducted under the same operating 
conditions (i.e. feed temperature of 50 ºC) mentioned above. When the DCMD system 
achieved water recovery of 80% or if the normalised flux decreased to below 0.2, membrane 
cleaning was initiated. During membrane cleaning, the feed solution was replaced with 1 L of 
the cleaning solution. The cleaning solution was circulated through the feed channel at 2 
L/min (cross flow velocity of 0.12 m/s) for one hour at room temperature (25 ºC). To avoid 
any hydraulic pressure differential across the membrane, Milli-Q water was circulated 
through the distillate channel at the same flow rate (2 L/min). After membrane cleaning, the 
membrane was taken out, rinsed with tap water, and allowed to dry overnight. Subsequently, 
the DCMD experiment was resumed using the cleaned membrane and fresh CSG RO brine. 
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After the last chemical cleaning cycle, the membrane was removed for subsequent SEM and 
contact angle analysis. 
Additional membrane cleaning experiments were conducted to elucidate the impacts of 
chemical cleaning agents on the membrane hydrophobicity. Virgin membrane coupons were 
cleaned with 1 L of 0.5 wt.% HCl and 2.5 wt.% MC3 solution for 6, 12, and 18 hours under 
the same cleaning conditions applied to the scaled membrane. After chemical cleaning, the 
membrane coupons were rinsed with Milli-Q water and air-dried prior to contact angle 
measurements. 
 Results and discussions  
 DCMD treatment of saline solutions 
As shown in Figure 6.2, despite having the same salinity, the three investigated feed 
solutions exhibited notably different water flux profiles. The water flux only slightly declined 
when NaCl solution was used as the feed. The observed decline in normalised water flux 
from 1.0 to 0.9 (at 80% water recovery) could be attributed to the increase in viscosity [112] 
and the decrease in water activity of the feed solution as salinity increased from 17,100 to 
over 85,500 mg/L NaCl [6, 7, 164]. The viscosity of NaCl solution increases from 0.70 to 
0.75 cP as the concentration rises from 17,100 to 85,500 mg/L [127]. It is important to note 
that this influence of viscosity and water activity on water flux during MD is much smaller 
than the influence imposed by the increase in osmotic pressure during RO [48]. 
Compared to the NaCl solution, water flux decline was slightly more significant when 
using the synthetic CSG RO brine as the feed to the DCMD process. The small additional 
flux decline associated with the synthetic CSG RO brine could be attributed to the migration 
of CO2 through the membrane pores, which could compete with the transport of water vapour 




 ) [91]. At high temperature (50 ºC), the generated CO2 might 
be released from the hot feed solution and migrate through the membrane pores to the 
distillate [44]. The transport of CO2 through the membrane can be confirmed by the reduction 
in pH of the distillate at the early stage of the operation (Figure 6.3). It is noteworthy that the 
solubility of CO2 in water is low and carbonic acid is a weak acid; thus, the decrease in the 
distillate pH could only be observed during the early stage of the DCMD experiments. 
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Figure 6.2. Normalised flux and feed electrical conductivity versus water recovery in DCMD 
of NaCl solution, synthetic CSG RO brine, and CSG RO brine. Operating conditions: Tfeed = 
50 ºC, Tdistillate = 25 ºC, Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). The initial water flux was 
from 30 to 32 L/m2.h. 
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Figure 6.3. pH and electrical conductivity of the distillate in DCMD of NaCl solution, 
synthetic CSG RO brine, and CSG RO brine. Operating conditions: Tfeed = 50 ºC, Tdistillate = 
25 ºC, Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). 
Significant flux decline was observed with the actual CSG RO brine. At low water 
recovery, the normalised flux was similar to those observed in the experiments with the 
synthetic CSG RO brine and NaCl solution. However, when water recovery exceeded 70%, 
in addition to the permeation of CO2, the precipitation of sparingly soluble salts on the 
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membrane surface led to a rapid flux decline. The normalised flux decreased to 0.3 when 
water recovery reached 80%. SEM analysis of the membrane at the end of the experiment 
revealed a thick, amorphous layer of scale on the membrane surface. The scale layer 
increases both heat and mass transfer resistance through the membrane [53] and reduces its 
active area for water evaporation, thus reducing water flux. In addition, the increase in the 
distillate conductivity when water recovery exceeded 70% (Figure 6.3) might be an 
indication of membrane pore wetting because of scaling. Membrane wetting contributes to 
the decrease in water flux as it also reduces the active membrane area. 
Distillate of high quality was recovered from the three saline solutions (Figure 6.3). The 
distillate conductivity remained stable and in the range of 5 to 10 S/cm throughout the 
experiments with the synthetic CSG RO brine and the NaCl feed solutions. This confirms the 
absence of salt leakage and possible pore wetting during these experiments. During the 
DCMD experiments with the actual CSG RO brine, the formed scale might have partially 
wetted the membrane; however, the distillate conductivity was still below 15 S/cm. 
 Membrane cleaning in DCMD treatment of CSG RO brine 
6.3.2.1. Efficiency of various cleaning solutions 
Membrane cleaning efficiency can be evaluated based on the recovery of water flux and 
membrane surface hydrophobicity. Of the three cleaning solutions investigated in this study, 
the 2.5 wt.% MC3 solution showed the best cleaning efficiency (Figure 6.4). Following MC3 
cleaning, nearly 100% of the initial flux was restored and the normalised flux remained stable 
above 0.85 at water recovery below 65%, before sharply declining to 0.2 as water recovery 
reached 80%.  In contrast, only 85% and 90% initial water flux restoration was achieved after 
cleaning the scaled membrane with tap water and 0.5 wt.% HCl, respectively. In addition, the 
normalised flux after membrane cleaning with tap water and HCl gradually decreased 
throughout the experiments. SEM analysis of the membranes also reveals that thick layers of 
scale remained on the membrane surface after tap water and HCl cleaning while only traces 
of scale were observed following MC3 cleaning (Figure 6.4). The residual scale layer on the 
membrane worsened the intrinsic concentration polarisation of the MD process [53] and acted 
as nuclei for the precipitation of sparingly soluble salts, thus accelerating scale formation. As 
a result, the normalised flux started to gradually decrease at lower water recovery in the 
treatment of CSG RO brine following tap water and HCl cleaning. 
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The results obtained from qualitative elemental analysis of the membrane surface and 
scalants using SEM-EDS shown in Figure 6.5 support the above discussion. The spectra of 
the virgin and scaled membranes (Figure 6.5A&B) indicate that the scale layer formed by the 
end of the DCMD process of CSG RO brine was composed of mostly calcium and, to a lower 
extent, magnesium as well as silicate salts. The composition of the scale deposit did not 
change significantly after tap water cleaning (Figure 6.5C). Cleaning the scaled membrane 
with 0.5 wt.% HCl effectively removed the alkaline (calcium and magnesium) scalants but it 
was less effective for silicate removal (Figure 6.5D). A notable amount of silica was observed 
after HCl cleaning. The 2.5 wt.% MC3 solution demonstrated the best cleaning efficiency. 
However, traces of silica could still be seen in the EDS spectra (Figure 6.5E). 
 
Figure 6.4. Normalised flux and water recovery in DCMD of CSG RO brine prior and after 
membrane cleaning using tap water, 0.5 wt.% HCl, and 2.5 wt.% MC3 solutions for 1 hour at 
room temperature and cross flow velocities of 0.12 m/s and SEM photos of corresponding 
membranes after cleaning. DCMD operating conditions: Tfeed = 50 ºC, Tdistillate = 25 ºC, Vfeed = 







Figure 6.5. EDS spectra of the surface of: (A) virgin membrane, (B) scaled membrane, and 
scaled membranes after cleaning with (C) tap water, (D) 0.5 wt.% HCl solution, and (E) 2.5 
wt.% MC3 solution. 
Contact angle measurements of the membranes also demonstrated the variations in the 
efficiency of the three cleaning solutions (Figure 6.6). The virgin membrane had high contact 
angle (i.e. 133º). After DCMD testing with tap water feed, the contact angle of the membrane 
slightly decreased to 126º. The slight reduction in membrane contact angle caused by tap 
water observed in this study was consistent with results reported by Ge et al. [20]. In contrast, 
a significant decrease in the membrane contact angle was observed at the end of the DCMD 
process with CSG RO brine. The severe precipitation of scale on the membrane surface 
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reduced the contact angle to 50º. Cleaning the scaled membrane with tap water, 0.5 wt.% 
HCl, and 2.5 wt.% MC3 solutions partially restored the contact angle to 66º, 84º, and 98º, 
respectively. The contact angles of the membranes after chemical cleaning were lower than 
that of the virgin membrane. It is, however, noteworthy that no significant salt leakage was 
observed after one cycle of chemical cleaning, and the conductivity of the distillate was 

























































































Figure 6.6. Contact angles of: the virgin membrane, the membranes after DCMD of tap water 
and CSG RO brine, and the scaled membranes after cleaning with tap water, 0.5 wt.% HCl, 
and 2.5 wt.% MC3 solutions. Milli-Q water was used as the reference. Error bars represent 
the standard deviation of 5 replicate measurements. 
6.3.2.2. Efficiency of repetitive membrane chemical cleaning 
Of the three investigated cleaning agents, the 2.5 wt.% MC3 solution showed the highest 
membrane cleaning efficiency. Thus, it was chosen to investigate the impacts of repetitive 
chemical cleaning on the performance of the DCMD membrane for desalination of CSG RO 
brine. Cleaning efficiency of the MC3 solution gradually decreased as the membrane 
cleaning cycles were repeated. Repetitive membrane cleaning (using fresh 2.5 wt.% MC3 
solution) resulted in a decrease in initial flux restoration (Figure 6.7). After the first MC3 
cleaning, nearly 100% of the initial flux was restored, whereas a lower flux restoration (i.e. 
95%) was achieved from the second cleaning. Scale formation also occurred at lower water 
recovery in subsequent DCMD tests as membrane cleaning was repeated. Severe membrane 
scaling, indicated by rapid flux decline, was observed as water recovery exceeded 60% in the 
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DCMD test after one MC3 cleaning cycle. In contrast, following the second MC3 cleaning 
the flux started to rapidly decline when only 50% of the RO brine had been recovered to the 
distillate. 







































Figure 6.7. Normalised flux and water recovery in the repetitive DCMD of CSG RO brine 
applying MC3 cleaning. Cleaning conditions: 1 L of 2.5 wt.% MC3 solution, room 
temperature, cross flow velocities V = 1.2 m/s. DCMD operating conditions: Tfeed = 50 ºC, 
Tdistillate = 25 ºC, Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). Initial water flux was 30 L/m2.h. 
The impact of repetitive MC3 cleaning on MD performance was also demonstrated by a 
gradual increase in salt leakage – the distillate conductivity increased gradually and decreased 
conductivity rejection was observed after each chemical cleaning cycle (Figure 6.8). In the 
DCMD process of CSG RO brine using the virgin membrane and the scaled membrane after 
the first MC3 cleaning, distillate of high quality (electrical conductivity below 20 S/cm) and 
conductivity rejection of above 99.9% were obtained. However, following the second MC3 
cleaning cycle, membrane pore wetting appeared to occur at the early stage of the experiment 
leading to distillate contamination. The distillate conductivity gradually increased from 10 
S/cm at the beginning to 110 S/cm at the end of the experiment. As a result, the 
conductivity rejection of the system significantly decreased throughout the operation. 
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Figure 6.8. Distillate conductivity and conductivity rejection in DCMD of CSG RO brine 
using the virgin membrane and the membrane after one and two MC3 cleaning cycles. 
The decrease in efficiency of MC3 cleaning in the DCMD treatment of CSG RO brine 
might be attributed to the complexation of scalants with the feed water. Ion analysis of the 
CSG RO brine (Table 6.1) showed high concentrations of silica beside alkaline metals such 
as calcium and magnesium. The presence of calcium and magnesium was reported to catalyse 
the polymerisation of silica [165], thus accelerating silica deposition. The co-precipitation of 
silica and alkaline salts in the DCMD test of CSG RO brine was confirmed by the SEM-EDS 
analysis of the scale layer (Figure 6.5B). It is widely accepted that a membrane scaled by 
silica is more difficult to be cleaned than if scaled by alkaline salts [44, 50]. In addition, 
unlike alkaline scalants, which tend to deposit on the membrane surface, silica scaling was 
reported to deposit deeper into the membrane pores [50]. Therefore, a possible explanation 
for the decreased cleaning efficiency and MD performance upon repetitive cycling is the 
formation of scale inside the pores that hinders the efficiency of chemical cleaning, and 
results in pore wetting in repetitive membrane cleaning [43]. Furthermore, the acid based 
cleaning reagent MC3 was not designed for silica removal. Thus, silica scale remained on the 
membrane surface causing a gradual decrease in water flux and membrane hydrophobicity 
decrease after repetitive cleaning. 
It is noteworthy that the chemical cleaning agents used in this study did not exert any 
discernible impacts on the hydrophobicity of the PTFE membrane. The contact angles of the 
virgin membrane remained unchanged after being cleaned with the 0.5 wt.% HCl and 2.5 
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wt.% MC3 solutions for 6, 12, and 18 hours. The reported results indicate that the reduction 
in the membrane hydrophobicity observed in the repetitive DCMD testing was attributed to 
the remaining scalants on the membrane rather than the chemical cleaning agents. 
 Membrane scaling control in the DCMD treatment of CSG RO brine 
Membrane scaling during DCMD of CSG RO brine at high water recovery was 
effectively mitigated by reducing feed temperature, and thus water flux (Figure 6.9). When 
operating the system at feed temperature of 50 ºC (initial water flux of 30 L/m2.h), severe 
membrane scaling occurred as water recovery exceeded 70%, leading to a significant decline 
in normalised flux. At feed temperature of 40 ºC (initial water flux of 20 L/m2.h), membrane 
scaling started at a higher water recovery and was less severe. The normalised flux decreased 
to 0.8 as water recovery approached 80%. In contrast, no membrane scaling occurred and 
stable DCMD operation was achieved at feed temperature of 35 ºC (initial water flux of 10 
L/m2.h). The normalised flux only slightly decreased to 0.9 when 80% water recovery was 
achieved. 
SEM analysis of the membrane surface at the end of the experiments also confirmed the 
impacts of operating temperature and initial water flux on membrane scaling (Figure 6.9). A 
compact and amorphous scale layer was formed on the membrane surface following testing 
with feed temperature of 50 ºC while a layer of well-defined angular crystals was observed 
when feed temperature was 40 ºC. In contrast, no scale deposition on the membrane could be 
observed after testing with feed temperature of 35 ºC. 
However, it is noteworthy that the calculated Langelier Saturation Index (LSI) of the 
DCMD feed solution at water recovery of 80% indicated high potential for scale formation at 
all three investigated operating feed temperatures. The LSIs of the feed solution at 
temperatures of 50, 40, and 35 ºC were 2.0, 1.8, and 1.7, respectively. These results indicate 
potential calcium carbonate scaling formation even at feed temperature of 35 ºC. 
Nevertheless, no scale formation was observed at this temperature. As noted in section 6.2.2, 
the addition of antiscalant prior to RO desalination [112] of the CSG produced water might 
helped mitigate scale formation in the DCMD process of CSG RO brine at low feed 
temperature (i.e. 35 ºC). In addition, as discussed in section 3.1, the transport of carbon 
dioxide through the membrane might also have reduced the actual scaling potential of the 




Figure 6.9. Normalised flux versus water recovery and SEM photos of scaled membranes in 
the DCMD process of CSG RO brine operated at feed temperatures, Tfeed, of 35, 40, and 50 
ºC (corresponding to initial flux of 10, 20, 30 L/m2.h, respectively). Distillate temperature 
Tdistillate = 25 ºC, feed and distillate cross flow velocity Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 
205). 
The difference in membrane scaling observed in the DCMD process of CSG RO brine at 
various operating conditions can be attributed to the extent of concentration polarisation at 
the membrane surface [22, 51]. Due to concentration polarisation, the solute concentration 
immediately at the membrane surface can be higher than the bulk solute concentration [7] as 









        (6.1) 
where Cfm and Cfb are the solute concentration at the membrane surface and in bulk solution 
in the feed channel, respectively, J is the water flux,  is the density of feed solution, and k is 
solute mass transfer coefficient. Given this relationship, an increase in the water flux results 
in an exponential increase in solute concentration at the membrane surface. As a result, 
operating DCMD of CSG RO brine at higher feed temperature and increased water flux led to 
more severe membrane scaling at the end of the experiments. Membrane scaling also started 
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at a lower water recovery in DCMD experiments conducted with higher feed temperature and 
water flux [59]. 
The results reported here suggest that the precipitation of scale on the membrane surface 
can be mitigated by operating the system at low feed temperature and thus low water flux. 
The DCMD treatment of CSG RO brine at 80% water recovery without any observable 
membrane scaling was feasible at feed and distillate temperatures of 35 and 25 ºC, 
respectively, corresponding to initial water flux of 10 L/m2.h. However, it is worth noting that 
lowering feed temperature, and hence water flux, reduces the thermal efficiency of the MD 
process [70, 136, 166, 167] and increases the operation duration required for a specific initial 
brine volume. Thus, there exists a trade-off between membrane scaling prevention and 
economic efficiency in the MD treatment of CSG RO brine. 
 Conclusions 
DCMD treatment of CSG RO brine for further fresh water extraction and brine 
minimisation was investigated. At high water recovery (i.e. >70%), while increased feed 
salinity and the migration of CO2 through the membrane resulted in only a small decrease in 
water flux, the precipitation of sparingly soluble salts on the membrane significantly reduced 
the water flux. Membrane cleaning using 2.5 wt.% MC3 solution was the most effective at 
restoring the water flux and recovering the hydrophobicity of the membrane. However, due to 
the complex composition of the scalants with CSG RO brine, MC3 cleaning could not 
completely remove scale deposits (i.e. silicates) from the membrane and restore its surface 
hydrophobicity to the original value. The remaining scalants increased concentration 
polarisation, and thus the rate of subsequent scaling, and deteriorated the membrane surface 
hydrophobicity. As a result, a gradual decrease in MD performance with respect to both water 
flux and salt leakage was observed after repetitive chemical cleaning. It is noteworthy that the 
chemical cleaning agents themselves did not alter the hydrophobicity of the membrane; thus, 
the gradual decline in MD performance could be attributed to the remnants of scale deposits. 
Furthermore, by reducing concentration polarisation via lowering feed temperature and thus 
water flux, membrane scaling could be substantially alleviated, however, at the expense of 
lower thermal efficiency. Results reported here demonstrated that up to 80% water recovery 
from CSG RO brine could be achieved without any observable membrane scaling by limiting 
the feed temperature and thus the initial water flux to a sufficiently low value (i.e. 35 ºC and 
10 L/m2.h, respectively). 
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 Treatment of RO Brine from CSG 
Produced Water by Spiral-wound Air Gap Membrane 
Distillation  A Pilot Study  
 Introduction 
Coal seam gas (CSG) – known as coal seam methane or coal bed methane in the US and 
Canada – has emerged as an important source of energy in many countries. CSG is essentially 
methane gas produced in coal seams at up to about 1,000 m depth, where it is trapped in 
fractures and on the surface of the coal. Similar to coal, the geographical distribution of CSG 
is much more dispersed than that of oil and conventional natural gas. The ultimately 
recoverable CSG reserve has only be estimated for Europe, North America, and Asia-Pacific 
where sufficient geological data are available. It already amounts to about 120 trillion m3 or 
about 25% of the current global conventional natural gas reserve [168]. 
CSG production is commonly accompanied by the undesired co-extraction of a large 
volume of water to the surface. This water is known as CSG produced water, and in Australia 
it is rich in sodium, bicarbonate, and chloride. Thus, CSG produced water is usually saline 
and sodic, and must be treated prior to environmental discharge or beneficial use [74, 75, 
156]. The volume of produced water associated with CSG production for some basins is 
enormous. For example, the annual generation of CSG produced water from Southern 
Queensland alone is expected to be 175 GL/year, spanning until 2060 to result in an 
accumulative volume of 5,100 GL [155]. Therefore, cost-effective and sustainable 
management of this large volume of produced water is of paramount importance to the CSG 
industry around the world. 
The current state-of-the-art CSG produced water treatment system involves pretreatment 
(e.g. coagulation, microfiltration (MF) or ultrafiltration (UF), and in some cases ion 
exchange) followed by reverse osmosis (RO) desalination [75, 79, 80, 157]. The desalted 
water can be used for a range of beneficial purposes including coal washing, dust 
suppression, irrigation, livestock watering, industrial consumption, and even drinking water 
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supply [75, 79, 87]. RO can only achieve 75 – 80% water recovery and it is still necessary to 
manage the RO brine, which is 20 – 25% of the initial CSG produced water volume. This 
CSG RO brine presents a vexing challenge to the CSG industry and environmental regulators. 
In the absence of any technically and economically proven processes for CSG RO brine 
management, it is being stored in brine ponds. Brine storage is an expensive, temporary, and 
environmentally risky option until the water sector can catch up with the rapid growth of the 
CSG industry. In fact, in Australia, the state of Queensland has established a CSG produced 
water management policy to encourage the extraction of usable products from the brine 
wherever possible as a procedure to gradually phase out the use of brine ponds for indefinite 
storage [86]. In addition, while reinjection of CSG produced water or brine to coal seams can 
be considered in the US and several other countries, it is generally not allowed in Australia. 
Several CSG brine utilisation techniques have been proposed in recent years [157]. For 
example, Penrice in collaboration with General Electric (GE, Australia) and QGC (QGC Pty 
Limited, Australia) has announced a pilot project to demonstrate the recovery of soda ash 
from CSG brine rich in sodium bicarbonate [169]. Another notable approach is to use 
saturated CSG brine as feed stock for the production of sodium hydroxide [158]. While the 
proof of concept of these approaches has been demonstrated, a critical step is to further 
concentrate CSG RO brine to near the point of saturation. Traditional thermal distillation 
processes such as multi-stage flash, multi-effect distillation, and vapour compression can be 
used for this step; however, they are notorious for their large physical and energy footprint as 
well as high capital cost [159]. In this context, membrane distillation (MD), which is a 
thermally driven membrane process, can be an ideal alternative to the thermal distillation 
processes for further concentrating CSG RO brine. 
The MD process involves the phase conversion from liquid to vapour on one side of the 
membrane and the condensation of vapour to liquid on the other side [7]. In MD, a 
hydrophobic microporous membrane is used to facilitate the transport of water vapour 
through its pores. As a result, the MD process is more compact and has a smaller footprint 
than traditional thermal distillation processes [148, 170]. Moreover, because water is 
transported through the membrane only in the vapour phase, in theory 100% or near complete 
rejection of ions and dissolved non-volatile organics can be achieved. In addition, unlike in 
RO filtration, in the MD process the mass flux is not significantly affected by the 
transmembrane osmotic pressure difference due to the discontinuity of the liquid phase across 
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the membrane. As a result, the greatest potential of MD can be realised for the treatment of 
highly saline solutions [21, 59, 104, 148]. 
Integrated desalination systems in which MD is used to further enhance water recovery 
have been extensively studied [23, 60, 70, 171-173]. Drioli et al. [171] integrated MD into a 
combined MF/UF/RO seawater desalination process. RO brine with total dissolved solids 
(TDS) of 75 g/L was further treated by MD to increase the overall fresh water recovery up to 
88%. Adham et al. [60] reported a feasible and effective MD process capable of treating the 
brine from a thermal desalination plant with high salinity of 70 g/L TDS. Distillate of 
excellent quality (conductivity below 10 S/cm) was produced. Ji et al. [172] investigated the 
treatment of seawater RO brine by a MD-crystallisation hybrid process and demonstrated an 
overall fresh water recovery of up to 90% as well as the production of sodium chloride 
crystals. It is, however, noteworthy that no previous studies have explored the use of MD for 
the treatment of CSG RO brine. Therefore, this chapter aims to demonstrate and evaluate the 
performance of a pilot air gap membrane distillation (AGMD) system for further volume 
reduction of CSG RO brine. 
 Materials and methods 
 Pilot MD system 
A pilot MD system from AquaStill (Sittard, The Netherlands) was used in this study 
(Figure 7.1). The pilot MD system consisted of a spiral-wound AGMD membrane module, a 
feed water tank, a water-circulating pump, temperature and pressure sensors, and a flow 
meter. The membrane module contained 7.2 m2 of low-density polyethylene membrane 
having nominal pore size of 0.3 m, thickness of 76 m, and porosity of 85%. Key 
characteristics of the membrane module are provided in Table 7.1. The pilot MD system was 
equipped with a supervisory control and data acquisition system, which was used to regulate 
the water circulation flow rate and temperature of the hot feed water entering the evaporator 
channels of the membrane module. 
A novel aspect of this study is the use of the spiral-wound AGMD module, which is more 
energy efficient compared to most other MD configurations. In the AGMD module, a 
condenser is inserted between the membrane and the coolant stream to create a stagnant air 
gap. As a result, the heat loss due to conduction through the membrane can be attenuated and 
is much smaller than that in direct contact membrane distillation [6, 35]. More importantly, 
because the coolant stream is separated from the hot water vapour by the condenser, internal 
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recovery of the latent heat of condensation is possible in AGMD. It is noteworthy that 
AGMD is normally operated at a low permeate flux because of a small temperature gradient 
across the membrane. The spiral-wound membrane module used in this study has a packing 
density of 115 m2/m3 and thus can offset the low permeate flux of this operating regime. 
Table 7.1. Characteristics of the spiral-wound AGMD module. 
Total net membrane surface area (m2) 7.2 
Diameter of the module (m) 0.4 
Height of the module (m) 0.5 
Length of envelope (m) 1.5 
Width of envelope (m) 0.4 
Thickness of flow channels (mm) 2.0 
Number of evaporator channels 6 
Number of condenser channels 6 
Number of distillate channels 12 
 
 
Figure 7.1. Schematic diagram of the CSG RO brine treatment by the pilot MD system: (1) 
membrane, (2) air gap, (3) condenser, (4) temperature sensors; (5) pressure sensors, (6) flow 




RO brine was fed into the MD feed water tank by gravity via a float valve. An external 
chiller was used to reduce the temperature in the feed tank in this study; however, in practice, 
raw CSG water can be used as a heat sink. As schematically depicted in Figure 7.1, the CSG 
RO brine was pumped into the condenser inlet of the AGMD module and was initially used 
as the coolant fluid. As this cool CSG RO brine was flowing through the condenser channels, 
it was pre-heated by the latent heat from vapour condensation. After leaving the module, the 
pre-heated CSG RO brine feed water was further heated using a heat exchanger to reach the 
desired MD feed temperature. In practice, this additional heat may be sourced from solar 
thermal collectors, waste heat associated with electricity generation, and the liquefaction of 
natural gas. The heated CSG RO brine feed water then entered the evaporator channels and 
travelled through the module in the reverse direction. As the heated CSG RO brine travelled 
along the evaporator channels, water vapour diffused through the membrane pores and the 
brine was cooled. The cool brine was returned to the feed water tank to start another cycle. 
 Pilot UF/RO treatment 
The CSG produced water used in this study was from a pilot gas well in Gloucester, New 
South Wales (Australia). A pilot UF/RO system provided by Osmoflo (Adelaide, SA, 
Australia) was used to produce CSG RO brine for the pilot MD investigation (Figure 7.2). 
CSG produced water was pre-treated by UF and then desalted by RO to achieve 75% water 
recovery. The brine (which is 25% of the initial CSG produced water volume) from RO was 
fed into the pilot MD system for brine volume reduction and further fresh water extraction. 
The pilot UF system was equipped with two hollow fibre polyacrylonitrile membrane 
modules (Ultra-Flo U860, Singapore) with a total membrane surface of 96.6 m2 and was 
operated in dead end mode. The pilot RO system consisted of three 4-inch spiral-wound 
membrane modules (AG4040FM, General Electric, CT, USA) having a total membrane 
surface of 71.1 m2. Anti-scalant (Osmotreat, Osmoflo, Adelaide, SA, Australia) was added to 






Figure 7.2. The treatment process of CSG produced water; (a) UF and RO pilot systems, (b) 
MD pilot system, (c) Spiral-wound AGMD membrane module, (d) Schematic diagram of the 
treatment process. 
 Energy consumption and thermal efficiency calculations for the pilot MD system 
In the pilot MD process, thermal energy was used for heating the RO brine entering the 
evaporator channels and cooling the water in the feed tank, while electrical energy was 
required to operate the water-circulating pump. It is noteworthy that an external chiller was 
used in this pilot study; however, the available CSG produced water can be used as the heat 
sink via a heat-exchanging system. Thus, the thermal energy consumption of the pilot MD 
system was evaluated based on the thermal energy required to heat the CSG RO brine. To 
assess the thermal energy consumption of the pilot MD system, the specific thermal energy 
consumption (STEC) (kWh/m3), which is the amount of heat consumed to generate 1 m3 of 
MD distillate, was calculated using Eq. (7.1) [65, 71]: 
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where Qin is the rate of total heat input to the system (kW), J is the MD distillate production 
rate (m3/h), mf is the mass flow rate of feed water (kg/h), Cp is the specific heat capacity of 
feed water (kWh/kg.K), Tcout is the temperature of feed water leaving the condenser channels 
(K), and Tein is the temperature of feed water flowing into the evaporator channels of the 
AGMD membrane module (K). 
To evaluate the thermal efficiency of the MD system, the gained output ratio (GOR) was 







         (7.2) 
where md is the MD distillate mass flow rate (kg/h) and Hv is the latent heat of evaporation 
of water (kWh/kg). 
In MD processes, heating and cooling consume the major fraction of the supplied energy, 
thus the actual electrical energy consumption is commonly overlooked in the literature. 
However, electrical energy consumption is also important and must be known. In this study, 
the electrical energy consumption of the pilot MD system was estimated using the specific 
electrical energy consumption (SEEC) (kWh/m3), which is the amount of electrical energy 
required to produce 1 m3 of MD distillate. Eq. (7.3) was used to calculate the SEEC of the 








       (7.3) 
where F is the water circulation flow rate (L/h), P is the hydraulic pressure drop over the 
AGMD module (bar), and  is the efficiency of the water-circulating pump. 
 Analytical methods 
7.2.4.1. Anion analysis 
The concentrations of anions were determined using an ion chromatograph (LC-20AC, 
Shimadzu, Kyoto, Japan) that was equipped with a Dionex IonPac AS23 anion-exchange 
column (Thermo Scientific, Waltham, Massachusetts, USA). A solution containing 4.5 mM 
Na2CO3 and 0.8 mM NaHCO3 was used as the eluent. The sample injection volume and 
eluent flow rates were 10 L and 1 mL/min, respectively. Prior to analysis, the system was 
calibrated using standard solutions containing 5, 10, 50, and 100 mg/L of each ion. 
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7.2.4.2. Cation analysis 
The concentrations of cations were analysed using an Agilent 7500CS ICP-MS (Agilent 
Technologies, Wilmington, DE, USA). A lithium internal standard (BDH Spectrosol, Poole, 
U.K.) was spiked to all samples at a concentration of 4 g/L. Sample dilution was carried out 
with 5% Suprapur nitric acid with a dilution factor of up to 20. Calibration was conducted 
prior to each batch of analysis. The linear regression coefficients for all calibration curves 
were greater than 0.99 for all elements. Prior to each batch of analyses, the ICP-MS was 
tuned by a multi-element tuning solution that contained 10 g/L of Li, Y, Ce, Tl, and Co. 
Each analysis was conducted in triplicate and the variation was less than 5% [174]. 
Electrical conductivity and pH of MD distillate and brine were measured using an Orion 
4-Star Plus pH/conductivity meter (Thermo Scientific, Waltham, Massachusetts, USA). 
 Experimental protocols 
Operation of the pilot MD system was first optimised in the laboratory using an 8000 
mg/L sodium chloride feed solution. The aim of this test was to optimise the water circulation 
flow rate and operating temperature as well as to identify the separation performance of the 
system. During the preliminary tests, tap water was continuously added to the feed tank via 
the float valve to compensate for the distillate flow and to maintain a constant feed salinity. 
Optimising the water circulation flow rate was necessary. A high circulation flow rate can 
be used to minimise membrane scaling and temperature polarisation on the membrane 
surface. However, there are several limitations to the circulation flow rate in the pilot MD 
system. First, the spiral-wound AGMD module used in this study was designed to utilise the 
internal heat recovery of the system. The latent heat of condensation is recovered from the 
hot vapour to the coolant through the condenser foil. Hence, sufficient contact time is 
required for effective heat recovery. Second, an excessive circulation flow rate can cause 
high pressure inside the module leading to intrusion of liquid into the membrane pores 
causing contamination of the distillate. Lastly, a rise in circulation flow rate results in 
increased pumping and, in turn, an increase in the electrical energy consumption. Due to the 
long path for water travelling through the module, there exists a significant hydraulic pressure 
drop between the inlet and outlet of the module, and at a high circulation flow rate the 
pressure drop can be significant. Thus, the maximum differential pressure between the inlet 
and outlet was set at 0.7 bar (10 psi). 
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After the initial optimisation process, the pilot MD system was deployed at a CSG site in 
Gloucester, New South Wales (Australia), for further testing. The pilot MD was initially 
operated only during the daytime to allow close supervision. At the end of each day, the 
AGMD module was disconnected from the system to completely drain all residual liquid. 
During this initial intermittent operation, the increase in salinity of the CSG brine in the feed 
tank due to distillate extraction was monitored by electrical conductivity measurement. When 
the feed CSG RO brine in the feed tank concentrated by a factor of 5 (i.e. 80% water 
recovery), the pilot MD was switched to automatic and continuous operation mode for the 
remainder of the pilot program. A peristaltic pump was used to remove excess MD brine 
from the feed tank (Figure 7.1). The excess MD brine pumped-out flow rate was 25% of the 
distillate flow rate to maintain a water recovery of 80%. The electrical conductivities, pH, 
and flow rates of MD brine and distillate were monitored and recorded on a regular basis. 
 Results and discussions 
 UF/RO treatment of CSG produced water 
The CSG produced water used in this study can be characterised as slightly saline, highly 
sodic, and rich in sodium, bicarbonate and chloride. Key characteristics and ionic 
composition of the CSG produced water are summarised in Table 7.2. The average electrical 
conductivity and sodium adsorption ratio (SAR), which is a measure of the water sodicity 
[75], of the CSG produced water were 6,550 S/cm and 103, respectively. Given these 
values, the CSG produced water could pose detrimental impacts on soil structure and the 
growth of plants; therefore, it was not suitable for irrigation or direct environmental discharge 
[75, 87]. 
The combined UF/RO system operated sustainably at a water recovery of 75% from CSG 
produced water. No evidence of membrane fouling or scaling was observed during the pilot 
program. At 75% water recovery, the UF/RO system produced more RO brine than the MD 
system could accommodate. Thus, the UF/RO system was only operated intermittently. The 
RO permeate was of high quality (Table 7.2) and suitable for a range of beneficial uses. 
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Table 7.2. Characteristics of water before and after the pilot UF/RO treatment of CSG 
produced water. 






Conductivity (S/cm) 6,550 110 21,800 
Total dissolved solids (g/L) 3.57 0.06 14.10 
Turbidity (NTU) 6.1 0.07 0.22 
pH 8.2 6.8 8.2 
SAR  103 - - 
Ion concentration (mg/L) 
Sodium 1,710 18 6,840 
Bicarbonate 1,920 0 4,740 
Chloride 1,400 15 5,520 
Magnesium 5 0 17 
Potassium 8 0 32 
Calcium 10 1 14 
Iron 0 0 0 
Silica 13 1 75 
 Characteristics of the pilot MD system 
The differential hydraulic pressure between the membrane module inlet and outlet was 
over the permissible maximum value (0.7 bar) when the circulation flow rate was increased 
above 450 L/h. Thus, the pilot MD was evaluated at the circulation flow rates of 350, 400, 
and 450 L/h (cross flow velocities of 0.020, 0.023, and 0.026 m/s, respectively). 
As discussed in Section 7.2.1, the MD feed solution was introduced to the membrane 
module first as the coolant fluid to recover the heat of condensation, and after being further 
heated as the actual feed to the evaporator channels. Therefore, the effective temperature 
difference across the membrane reported here was much lower than that in a laboratory-scale 
module with a small membrane surface area [175]. Nevertheless, an increase in the feed 
solution temperature immediately before entering the evaporator channels could also lead to 
an increase in the bulk temperature difference (T) between the hot and cold streams along 
the membrane channels (Figure 7.3). As a result, there was a notable rise in the distillate 
production rate when the evaporator inlet temperature increased from 50 to 60 ºC 
(corresponding to an increase in T from 3.1 to 3.9 ºC). It is noteworthy that, under all 
experimental conditions evaluated here, T values at the entrance and exit of the module 
were identical. However, the transmembrane temperature difference inside the membrane 
module could be influenced by temperature polarisation [57]. The distillate production rate 
also increased with increasing circulation flow rate. This can be attributed to a decrease in 
temperature polarisation on the membrane surface, which is an intrinsic phenomenon in MD 
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[176]. In fact, the impact of circulation flow rate on the distillate production rate was more 























































Water circulation flow rate (L/h)  
Figure 7.3. Distillate production rate of the pilot MD system at various evaporator inlet 
temperatures (Tein) and water circulation flow rates. Feed solution was 8000 mg/L sodium 
chloride. 
The increase in both evaporator inlet temperature and circulation flow rate resulted in a 
small increase in salinity leakage; however, the distillate conductivity was still very low. 
Even at the highest evaporator inlet temperature (60 ºC) and circulation flow rate (450 L/h), 
the distillate conductivity was less than 60 µS/cm, resulting in a conductivity rejection of 
over 99.5%. Overall, the influence of operating conditions on the conductivity rejection by 
the pilot MD system was negligible. 
The water permeate flux achieved during the preliminary tests with 8000 mg/L sodium 
chloride feed solution was low, ranging from 1.2 to 2.2 L/m2.h, depending on the operating 
conditions. However, given the high packing density of the spiral-wound AGMD module (i.e. 
115 m2/m3), distillate production rate in the range of 8.5 to 16 L/h could be obtained in this 
study. 
 Treatment of CSG RO brine by the pilot MD system 
Based on the initial assessment of the impact of operating conditions on distillate 
production rate, the highest circulation flow rate (450 L/h) was selected to evaluate the 
treatment of CSG RO brine to minimise the risk of membrane scaling. On the other hand, the 
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intermediate evaporator inlet temperature of 55 ºC was chosen to balance between a low 
scaling potential (which increases with temperature) and a high distillate production rate. 
During the treatment of CSG RO brine, there were some variations in system performance 
in comparison with the initial assessment using the synthetic sodium chloride feed solution. 
Of particular note, a T of approximately 4 ºC was obtained at the evaporator inlet 
temperature and the condenser inlet temperature of 55 and 25 ºC, respectively, and the 
distillate production rate showed two major trends consistent with two operation modes 
(Figure 7.4). 
A gradual decrease in distillate production rate was observed during intermittent 
operation. Initially, the distillate production rate of the system was 15 L/h (permeate flux of 
2.1 L/m2.h), and then it gradually decreased to 10 L/h (permeate flux of 1.4 L/m2.h) as the 
concentration factor increased to 5. There could be several reasons for this reduction in the 
distillate production rate with increased feed concentration. 























































Figure 7.4. Distillate production rate and temperature difference as a function of time during 
the pilot MD treatment process of CSG RO brine (The condenser inlet temperature Tcin = 25 
ºC; the evaporator inlet temperature Tein = 55 ºC; water circulation flow rate F = 450 L/h (i.e. 
Re = 109)). 
First, increased feed solution salinity resulted in a decrease in water activity, thus 
reducing the transmembrane partial vapour pressure difference, which is the driving force of 
the MD process [7]. As a result, the distillate production rate decreased with increasing feed 
salinity. Indeed, using the Antoine equation [6], the calculated vapour pressure across the 
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membrane decreased by 34% (at the assumed temperature polarisation coefficient of 0.5) 
when a feed solution containing 14 g/L of sodium chloride (equivalent to the TDS of the RO 
brine used here) was concentrated by 5 times. 
Second, the increase in feed concentration led to a rise in the viscosity of the feed water 
and hence temperature polarisation, which subsequently reduced the rate of distillate 
production. In the pilot system, at the circulation flow rate of 450 L/h, the velocity of water 
travelling through the evaporator and condenser channels was low (0.026 m/s), and thus the 
temperature polarisation effect was significant. The considerable effect of the temperature 
polarisation on the distillate production rate was also proved in the evaluation of the pilot MD 
system during the optimising experiments. 
Lastly, the release of carbon dioxide during the distillation process could also contribute 
to the reduction in the distillate production rate. The bicarbonate content of the RO brine was 
4740 mg/L (Table 7.3). At elevated temperature, bicarbonate partly decomposed into 
carbonate and carbon dioxide (2HCO3- = CO32- + CO2 + H2O) [91]. The transport of carbon 
dioxide through the membrane pores could compete with water vapour, thus, reducing the 
distillate production rate. In addition, the existence of carbon dioxide in gas phase in the 
evaporator channels reduced the effective membrane surface area for evaporation, resulting in 
the reduction in the distillate production rate. In fact, the release of carbon dioxide as gas 
bubbles was observed in the feed water tank at the brine-returning outlet. Furthermore, when 
CSG RO brine was used as the feed, the conductivity of the distillate was as high as 500 
µS/cm, most of this could be attributed to bicarbonate. 
Table 7.3. Characteristics of water before and after the pilot MD treatment of CSG RO brine. 
 RO brine MD 
distillate 
MD brine Concentration 
Factor 
General characteristics 
Conductivity (mS/cm) 21.8 0.5 82.1 4 
Total dissolved solids (g/L) 14.10 0.25 86.10 6.1 
Turbidity (NTU) 0.22 0.11 0.67 - 
pH 8.2 6.3 8.2 - 
Ion concentration (mg/L) 
Sodium 6,840 65 34,200 5 
Bicarbonate 4,740 110 32,800 6.9 
Chloride 5,520 63 31,800 5.8 
Magnesium 17 nd 74 4.4 
Aluminium nd nd nd - 
Potassium 32 1 146 4.6 
Calcium 14 nd 34 2.4 
Iron nd nd nd - 
Silica 75 5 170 2 
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 RO brine MD 
distillate 
MD brine Concentration 
Factor 
nd: not detectable. 
Once the concentration factor of 5 had been reached (equivalent to 80% recovery), the 
MD system was operated continuously until the end of the pilot program and the feed salinity 
remained constant at about 80 mS/cm. As a result, a stable distillate production rate of 10 L/h 
was achieved. There was no observable evidence of membrane fouling or scaling (Figure 
7.4). The anti-scalant added to the CSG produced water prior the RO process remained in the 
RO brine and may have prevented sparingly soluble salts from depositing on the membrane 
[60, 131]. In addition to the anti-scalant dosage, it is possible that the intentional system 
operation at low feed temperature and a small temperature gradient, and hence low water flux 
(1.4 L/m2.h in continuous operation), could reduce membrane scaling [22]. At a low permeate 
flux, the concentration polarisation, which would accelerate the precipitation of scale, was 
attenuated, reducing the risk of membrane scaling. 
On the other hand, the ion concentration analyses (Table 7.3) revealed that potential 
scalants (silica and calcium) in the MD feed water may pose a scaling risk. Indeed, the 
concentrations of silica and calcium in the MD brine were lower than those calculated when 
the feed solution was concentrated by 5 times. Data reported here suggest that the co-
precipitation of silica and calcium carbonate has possibly occurred on the internal surface of 
the heat exchanger used for heating MD feed water prior to entering the evaporator channels. 
Due to its inverse solubility to temperature, the risk of calcium carbonate scaling was highest 
in the heat exchanger where the maximum temperature occurred. Thus, the precipitation is 
likely to start from the heat exchanger. The scale deposition on the surface of the heat 
exchanger could reduce its efficiency (which was assessed by monitoring the temperature 
difference between the condenser outlet and the evaporator inlet). However, due to the slow 
kinetics of scale deposition, the effect of scale deposition on the efficiency of the heat 
exchanger was found insignificant over one week of continuous treatment. 
Results reported here suggest that operating the pilot MD system at a low permeate flux 
(1.4 L/m2.h) together with anti-scalant addition prior to RO treatment could be an effective 
measure to control membrane fouling. However, due to the complex and highly variable 
composition of the CSG RO brine, further studies on membrane scaling during MD treatment 
of CSG RO brine are recommended. 
Overall, the pilot MD system showed excellent separation performance even at a high 
water recovery. Conductivity rejection was always above 99.0% (Figure 7.5). At the 
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beginning of the experiment, the distillate conductivity was 100 S/cm, and then increased 
sharply to 600 S/cm potentially due to the carbon dioxide permeation effect discussed 
earlier. During the continuous-mode operation, the water recovery was 80% and the distillate 
conductivity was stable at 500 S/cm (Figure 7.5). 



















































































Figure 7.5. Conductivity rejection of the pilot MD system and conductivities of its feed and 
distillate during the treatment of CSG RO brine. 
It is worth noting that when using CSG RO brine, the salinity rejection (>99.0%) by the 
pilot MD system was slightly lower than that observed during testing with synthetic sodium 
chloride feed solution (99.5%). This slightly lower rejection when desalting CSG RO brine 
could be attributed to the permeation of carbon dioxide into the distillate, which also resulted 
in a much lower pH in the distillate compared to the feed (Table 7.3). Furthermore, there was 
also evidence that some carbon dioxide had escaped into the atmosphere. Indeed, at the 
continuous-mode operation (80% water recovery), the measured MD brine electrical 
conductivity of 82.1 mS/cm was significantly less than the mass balance calculated value of 
109 mS/cm (which was based on feed conductivity of 21.8 mS/cm and a concentration factor 
of 5). 
 Feasibility consideration 
The thermal energy requirement of the pilot MD system in the treatment of RO brine from 
CSG produced water was evaluated using the STEC value, while its thermal efficiency was 
assessed by the GOR value. Figure 7.6 shows the evolution of GOR, STEC, and the distillate 
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production rate as a function of time. Values reported in this study are consistent with 
previous pilot MD studies [71] using other saline feed solutions (Table 7.4). 



























































Figure 7.6. Distillate production rate, GOR, and STEC as functions of time during the 
treatment of CSG RO brine by the pilot MD system (Tein = 55 ºC, Tcin = 25 ºC, F = 450 L/h). 
A correlation between GOR and the distillate production rate could be observed as 
expected from Eq. (7.2). Initially, at the distillate production rate of 15 L/h, the pilot MD 
system had a GOR value of 4. As the distillate production rate decreased because of the 
increased water recovery rate, GOR gradually decreased. GOR was then stable at about 2.5 
throughout the continuous-mode operation when the distillate production rate remained 
steady at 10 L/h (Figure 7.6). 
The STEC of the pilot MD system was also linked to GOR. A decrease in GOR led to an 
increase in STEC. The STEC value of the system was 175 kWh/m3 at the GOR of 4 at the 
beginning of the experiment and increased to a stable value of 250 kWh/m3 when GOR 
decreased to 2.5 during the continuous-mode operation. 
Table 7.4. Comparisons between the pilot MD system used in the present study and other 




[106] [143] [65] [67] 
Permeate flux (L/m2.h) 2.1 2.1 2.5 3.4 1.88 
Water circulation flow rate (L/h) 450 280-415 400 500 200-400 
Feed temperature at evaporator 
inlet (C) 
55 60-85 - 85 60-85 
STEC (kWh/m3) 175-250 100-200 200-300 250-600 140-200 
GOR 2.5-4 3-6 0.3-0.9 - 4-6 
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In addition to STEC and GOR, the SEEC of the pilot MD system in the treatment of CSG 
RO brine was monitored. During the continuous operation, at the water circulation rate of 450 
L/h, the pressure drop over the module was stable at 0.6 bar. Given the system distillate 
production rate of 10 L/h during this operation and the practical efficiency of the water-
circulating pump of 0.7, the SEEC of the pilot MD system was 1.1 kWh/m3. The SEEC of the 
pilot MD system was negligible in comparison with the STEC of 250 kWh/m3. In addition, 
comparing with the current state-of-the-art RO seawater desalination systems, which have an 
SEEC ranging from 4 to 6 kWh/m3 [64], the pilot MD system was found to consume 
significantly less electrical energy. 
Thermal energy accounts for most of the power input into the MD process. As a result, a 
viable energy source for MD is waste heat available onsite (e.g. from the compressor used for 
liquefaction of CSG) or solar thermal energy. In Australia, the use of solar thermal energy is 
particularly attractive. For example, in New South Wales, the annual mean daily radiation 
exposure is 4.7 kWh/m2 [177]. Given the solar thermal efficiency of flat-plate solar thermal 
collectors in the range from 0.1 to 0.8 [178], a value of 0.5 can be assumed. Thus, at the 
STEC value of 250 kWh/m3 and the water recovery of 80% of the MD system, a flat-plate 
solar thermal collector area of 85 m2 is required to treat one m3/day of CSG RO brine. Taking 
into account a typical water recovery of 75% of the UF/RO system, the area of flat-plate solar 
thermal collectors required for treating one m3/day of CSG produced water is 21 m2. In other 
words, one hectare of flat-plate solar thermal collector arrays can provide sufficient thermal 
energy to treat 118 m3/day of CSG RO brine, which is equivalent to 472 m3/day of raw CSG 
produced water. It is noteworthy that electricity requirement for water circulation in the solar 
collectors has been omitted in this estimation. 
 Conclusions 
Pilot treatment of CSG produced water by a combination of UF/RO and MD was 
demonstrated. Overall, 95% of CSG produced water could be recovered by the hybrid system 
for beneficial uses. The UF/RO recovered 75% fresh water from the raw CSG produced 
water and the pilot MD system extracted 80% fresh water from the RO brine. The low 
permeate flux of the pilot MD system was offset by the high packing density of the AGMD 
module used. Despite being operated at 80% water recovery, the distillate production rate 
was stable throughout the pilot study possibly because of the addition of anti-scalant to CSG 
produced water and the small operating temperature gradient. However, mass-balance 
calculation indicates the possible precipitation of silica and calcium, which may pose a 
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scaling risk in long-term operation. When operating in continuous mode, the STEC and SEEC 
of the pilot MD system were stable at 250 and 1.1 kWh/m3, respectively, and a GOR of 2.5 
was achieved. The integration of solar thermal energy into the MD system was considered. In 
New South Wales (Australia), one hectare of flat-plate solar thermal collectors can provide 
sufficient thermal energy for the treatment of 118 m3/d of CSG RO brine using AGMD. 
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 Membrane Distillation and Membrane 
Electrolysis of Coal Seam Gas Reverse Osmosis Brine 
for Clean Water Extraction and NaOH Production  
 Introduction 
Coal seam gas (CSG)  known as coal bed methane in the US and Canada  has been 
recognised as an important energy source in many parts of the world. The production of CSG 
involves the extraction of water from underground coal seams to the surface and subsequent 
gas/water separation [75]. Once brought to the surface, the water is called CSG produced 
water [179]. CSG produced water in Australia is usually saline and highly sodic. In addition, 
the ionic composition of CSG produced water is dominated mostly by sodium, chloride, and 
bicarbonate [75, 89]. Given its saline and sodic nature, CSG produced water must be treated 
prior to environmental discharge or beneficial uses [75, 86]. 
Most current CSG produced water treatment systems utilise reverse osmosis (RO) as their 
core treatment process [89, 180]. Water recovery of the RO process is constrained to about 
80% (i.e. 5-fold concentration factor) due to the brine osmotic pressure and membrane 
fouling [79, 80, 157]. The brine following the RO treatment (hereafter called CSG RO brine) 
is highly concentrated. As a result, effective and environmentally friendly CSG RO brine 
management remains a significant challenge to CSG exploration. 
In Australia, the dominant practice is to securely store CSG RO brine in evaporation 
ponds [75, 86]. All evaporation ponds for CSG RO brine storage must be constructed with 
two separate lining layers and an extensive monitoring system. They usually entail a security 
bond of about one million dollars per hectare for any future environmental clean-up. Thus, 
evaporation ponds are expensive and are considered a temporary option while a more cost-
effective and environmentally friendly technology for CSG RO brine management is being 
developed [86, 89]. Indeed, extraction of usable products from CSG RO brine for beneficial 
uses and zero-liquid discharge treatment to phase out evaporation ponds have been actively 
promoted by the environmental regulators [86]. A notable approach is to utilise CSG RO 
                                                 
This chapter has been published as: H. C. Duong, M. Duke, S. Gray, B. Nelemans, and L. D. 
Nghiem, Membrane distillation and membrane electrolysis of coal seam gas reverse osmosis 
brine for clean water extraction and NaOH production, Desalination 397 (2016), 108-115. 
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brine as the feed stock for sodium hydroxide (NaOH) production by membrane electrolysis 
(ME) [158]. 
ME is currently the most widely used technology by the chlor-alkali industry for NaOH 
production [181-183]. Compared to mercury and diaphragm cell processes, ME requires 
significantly less energy and poses lower environmental risk [181, 183]. As a result, ME has 
been used in most recent NaOH production installations [158]. The feedstock for commercial 
NaOH production by ME has been sourced mostly from rock salt, concentrated salt lake 
brine, or concentrated seawater [158, 181]. It is also noteworthy that the feasibility of using 
RO brine from either CSG produced water or seawater for NaOH production by ME has been 
demonstrated in several recent studies [158, 181]. In addition, utilisation of CSG RO brine as 
the feedstock for NaOH production can be a pragmatic and innovative approach to achieve 
zero-liquid discharge treatment of CSG produced water. This approach, however, requires 
further concentration of CSG RO brine to a near saturation condition [181, 184]. This step 
can be implemented using a thermal distillation process, such as multi-effect distillation [73, 
184] or membrane distillation (MD) [105, 112]. 
MD is a thermally driven membrane separation process involving phase-change thermal 
distillation and a microporous hydrophobic membrane [7, 13]. MD retains all positive 
attributes of a membrane process, including modulation, compactness, and process efficiency 
[7, 13]. On the other hand, MD relies on a partial water vapour pressure gradient across the 
membrane, which is induced by a temperature difference between the feed and distillate 
streams, as the driving force for mass transfer. As a result, unlike RO, MD is not significantly 
affected by the feed solution osmotic pressure. In addition, MD can offer excellent rejection 
of salts and any non-volatile constituents since only water in vapour form (rather than liquid 
water) can be transported through the membrane. Given these attributes, MD is arguably an 
ideal process for the treatment of hypersaline solutions, including seawater RO brine [21], 
draw solution for forward osmosis treatment [23, 24], and CSG RO brine [105, 112, 185]. 
Several MD hybrid systems for brine concentration prior to a mineral recovery process 
have recently been proposed [59, 107, 151]. Chen et al. [151] employed MD for continuous 
concentration of NaCl brine (26.7%) prior to crystallisation. They successfully demonstrated 
the recovery of high quality distillate (i.e. conductivity  10 S/cm) and solid NaCl products. 
Hickenbottom and Cath [59] utilised MD to replace evaporation ponds in mineral production 
from hypersaline brines (i.e.  150 g/L total dissolved solids, TDS). MD could concentrate 
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the brines up to twofold and at many times faster than evaporation ponds while achieving 
near complete salt rejection [59]. 
CSG RO brine is usually dominated by NaHCO3 [73, 75, 112], whose solubility is about 
100 g/L and thus is significantly lower than that of NaCl [158]. Little is known about the 
ability of MD to further concentrate CSG RO brine prior to subsequent NaOH production by 
ME. In addition, in ME, pre-heated feed brine is required for process efficiency [158, 186]. 
On the other hand, thermal heat is also generated by ME as a by-product of the electrolysis 
process. Thus, the combination of MD and ME can take advantage of the sensible heat of the 
MD brine, and at the same time allow for heat recovery from the ME process. 
This chapter aims to investigate the performance of MD and ME processes for 
simultaneously producing fresh water and NaOH from a synthetic CSG RO brine. The effects 
of increased feed salinity and membrane scaling on MD water flux and distillate quality 
during the concentration of CSG RO brine were elucidated. Then, MD operation with CSG 
RO brine at high concentration factors over an extended period was demonstrated. The 
influences of operating conditions on ME performance, particularly its auxiliary thermal 
energy requirement and thermal energy co-generation with the MD brine feed, were also 
systematically examined. 
 Materials and methods  
 Materials 
8.2.1.1. Lab-scale MD test system 
A direct contact membrane distillation (DCMD) system (Figure 8.1) was used. It 
consisted of a plate-and-frame membrane module and a flat-sheet membrane. The membrane 
module had two flow channels, each with depth, width, and length of 0.3, 9.5, and 35 cm, 
respectively. The flat-sheet membrane (Aquastill, Sittard, The Netherlands) was made of low-
density polyethylene (LDPE) with nominal pore size of 0.3 m, thickness of 76 m, and 
porosity of 85%. The membrane surface area available for mass transfer inside the module 




Figure 8.1. Schematic diagram of the lab-scale DCMD system. 
Synthetic CSG RO brine was allowed to flow into the MD feed tank by gravity via a float 
valve, and was heated using a heating element connected to a temperature control unit. The 
heated brine was circulated to the feed channel using a variable-speed gear pump (Model 
120/IEC71-B14, Micropump Inc., USA). A peristaltic pump (Masterflex, John Morris 
Scientific Pty Ltd., Australia) was used to bleed the concentrated brine from the MD feed 
tank when necessary (Section 8.2.2). The distillate was circulated through the distillate 
channel using another variable-speed gear pump. The distillate temperature was regulated 
using a chiller (SC200-PC, Aqua Cooler, Australia) and a stainless-steel heat-exchanging coil 
submerged directly into the distillate tank. A digital balance (PB32002-S, Mettler Toledo, 
Inc., USA) connected to a computer was used to weigh the excess distillate flow for 
determining water flux. 
8.2.1.2. Lab-scale ME test system 
The ME system consisted of a membrane module (Model E-0, AGC Engineering Ltd., 
Japan), a programmable power supplier (Model PSH-2018A, GW Instek, Taiwan), two 
peristaltic pumps (Masterflex, John Morris Scientific Pty Ltd., Australia), and a water/gas 
separator (Figure 8.2). The membrane module was fitted with a cation exchange membrane 
(AGC Engineering Ltd., Japan) having a total surface area of 200 cm2. The programmable 
power supplier was able to provide a direct current of up to 18 A (i.e. equivalent to a current 
density of 900 A/m2). The two peristaltic pumps circulated brine and Milli-Q water through 




Figure 8.2. Schematic diagram of the lab-scale ME system. 
8.2.1.3. Synthetic CSG RO brine 
A synthetic solution containing 10.26 g/L NaCl and 6.84 g/L NaHCO3 (which are the two 
dominant salts in CSG produced water) was used to simulate CSG RO brine. This synthetic 
CSG RO brine had TDS, electrical conductivity, and pH of 17.1 g/L, 22.5  0.2 mS/cm, and 
8.2, respectively. These parameters are similar to those of the CSG RO brine obtained from a 
previous pilot study at the Gloucester gas field in New South Wales (Australia) [112]. In the 
full-scale ME process for NaOH production, NaCl brine feed is first purified for removal of 
sparingly soluble salts [181, 184, 187]. Brine purification can be implemented before the MD 
treatment of CSG RO brine. Thus, utilising the synthetic instead of the actual CSG RO brine 
does not compromise the applicability of this study. 
 Experimental protocols 
8.2.2.1. DCMD operation of CSG RO brine 
DCMD concentration of CSG RO brine was conducted first to ascertain the maximum 
concentration factor that the process could achieve before the onset of membrane scaling. 
Then, continuous DCMD process with the brine at high concentration factors was 
demonstrated. The concentrating DCMD experiments were operated at feed and distillate 
temperatures of 45 and 25 ºC, respectively, and feed and distillate circulation rates of 1 L/min 
(i.e. cross-flow velocities of 0.06 m/s). During the experiments, the volume of the feed in the 
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MD feed tank was allowed to decrease; thus, the concentration factor of the feed increased 
with operating time. Water flux along with electrical conductivities of the feed and the 
distillate (i.e. ECfeed and ECdistillate, respectively) was regularly measured. Then, the system 
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where Rec was the system water recovery, which was a ratio between the accumulated 
distillate volume and the initial feed volume (i.e. 5 L). 
Eight-fold concentrated synthetic CSG RO brine (136.8 g/L TDS) was used as the initial 
feed in the DCMD experiments at high concentration factors. The feed brine was first 
concentrated to a predetermined concentration factor. Then, the feed brine concentration was 
maintained constant by bleeding out the concentrated MD brine while allowing the synthetic 
CSG RO brine (17.1 g/L TDS) to flow into the MD feed tank (Figure 8.1). The MD brine 








       (8.3) 
where Fbrineout and Fd were the volumetric flow rates (L/h) of the bled-out brine and the 
produced distillate. The system water flux and conductivities of the feed and distillate were 
monitored. The constant concentration operation was maintained for 6 h before being 
terminated or switched to another concentration factor. 
A new membrane was used in each DCMD experiment. At the completion of each 
experiment, the used membrane was air-dried and stored in a desiccator for subsequent 
surface analyses. 
The influence of feed salinity increase as a function of concentration factor on water flux 
could be simulated using a model previously described by Duong et al. [115]. Salinity 
rejection by MD was assumed to be complete. Thus, feed salinity could be readily obtained at 
each concentration factor value. The specific water activity (awater) of the feed solution could 
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be calculated using the Eq. (8.4) [188], with the assumption that NaHCO3 and NaCl in the 
feed solution exerted the same influence on water activity: 
2
saltsaltwater x10x5.01a        (8.4) 
where xsalt was the total molar fraction of salts in the feed solution. 
The mass transfer coefficient (Km) of the membrane could be determined as by Duong et 
al. [115]. Given Km, the system water flux at each concentration factor value could be 
calculated as [7]: 
PKJ m          (8.5) 
where P (Pa) was the partial water vapour pressure difference between the feed and the 
distillate streams, and was calculated as: 
0 0Δ water water feed distillateP x a P P          (8.6) 
where xwater was the molar fraction of water in the feed solution, P0feed and P0distillate (Pa) were 
the vapour pressure of pure water in the feed and the distillate, respectively. The vapour 








     (8.7) 
where T was the water temperature (K). 
8.2.2.2. ME operation of MD brine 
ME experiments with the MD brine were conducted to elucidate the influence of 
operating conditions on the NaOH production, desalination efficiency, and thermal energy 
requirement and co-generation of the process. The MD brine (at 45 ºC) and Milli-Q water (at 
ambient temperature of 25 ºC) were circulated through the anode and cathode cell, 
respectively, at the same flow rates. A current density in the range from 400 to 900 A/m2 was 
applied over anode and cathode electrodes. Under each set of operating conditions, the 
electrolysis process was stabilised for at least 15 min prior to measurements of the electrical 
conductivity and temperature of the diluted brine. Cathode effluent samples were also 
collected after the stabilisation for determining the process NaOH production. 
The desalination capacity of the ME unit was evaluated using the reduction in 


















      (8.8) 
where Cf.brine was the concentration (g/L) of the feed brine, ECd.brine and ECf.brine were the 
electrical conductivities of the diluted brine and the feed brine, respectively. 
Specific auxiliary thermal energy requirement (), which is the thermal energy required 
per mass unit of produced NaOH, was used to evaluate the auxiliary thermal energy 









      (8.9) 
where Fanode was the anode circulation flow rate (L/h), , CP, and Tanode were the density 
(kg/m3), specific heat capacity (MJ/kg.ºC), and temperature (ºC), respectively, of the ME feed 
brine, and mNaOH was the mass flow rate of the produced NaOH (kg/h). 
The ME process can also generate heat as a by-product. Thus, specific thermal energy co-









      (8.10) 
where Td.brine was the temperature (ºC) of the diluted brine leaving the anode. The 
calculations of  and CP can be found elsewhere [189]. 
 Analytical methods 
Electrical conductivities were measured using Orion 4-Star Plus pH/conductivity meters 
(Thermo Scientific, Waltham, Massachusetts, USA). MD membrane surface morphology was 
examined using a JSM-6490LA scanning electron microscope (SEM) system (JEOL, Japan). 
Membrane samples were gold-coated prior to SEM analysis. X-ray diffraction (XRD) (Model 
MMA from GBSCI, USA) was used to determine crystals precipitated on the membrane 
surface at the completion of the concentrating DCMD experiments. Strength of the produced 
NaOH in the ME experiments was determined using the gravimetric method previously 
described elsewhere [158]. 
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 Results and discussions 
 DCMD treatment of CSG RO brine 
8.3.1.1. DCMD concentration of CSG RO brine 
The influence of feed salinity increase on water flux during the concentration of CSG RO 
brine by DCMD is shown in Figure 8.3. Briefly, feed salinity increase resulted in a decrease 
in water activity [6, 7]. As a result, it led to a decrease in the DCMD water flux as the 
concentration factor increased from 1 to 11 (i.e. corresponding to increased salinity from 17.1 
to 188.1 g/L) as can be seen in the simulated data in Figure 8.3. 










 Simulated water flux















Concentration factor, CF  
Figure 8.3. Experimentally measured and simulated water flux as functions of concentration 
factor in the DCMD concentration of the synthetic CSG RO brine. Operating conditions: Tfeed 
= 45 C, Tdistillate = 25 C, Ffeed = Fdistillate = 1 L/min (i.e. Re = 244). 
The experimentally measured water flux was notably lower than the simulated values 
based solely on water activity calculation. At concentration factor below 10, the measured 
water flux also linearly decreased with increasing feed salinity, but at a higher rate compared 
to the simulated water flux (Figure 8.3). The difference between experimental and simulated 
values can be first attributed to the permeation of carbon dioxide (CO2) from the feed 
following the decomposition of bicarbonate [19, 52, 105, 112]. CO2 is liberated when HCO3- 
is converted to CO32- [19, 91], and it can compete with water vapour for their transport 
through membrane pores. The exclusion of concentration polarisation effect in the 
determination of Km [115] is another notable factor [28, 190]. Increasing feed salinity 
aggravates the concentration polarisation effect in DCMD [191]; hence, the measured water 
flux diverged more from the simulated values at high concentration factor (Figure 8.3). 
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Finally, feed viscosity increase [19, 127], which was omitted in the model, is also responsible 
for the decline in the measured water flux compared to the simulated data. 
It is noteworthy that the increased feed salinity together with CO2 permeation only 
reduced the measured water flux by 30% when the concentration factor increased to 10. The 
experimentally measured water flux decreased sharply to almost zero as the concentration 
factor increased further from 10 to 11 (Figure 8.3). At concentration factor of above 10, 
inorganic salts in the feed exceeded their saturation limits, precipitated on the membrane 
surface, and induced membrane scaling. A scaling layer was formed on the membrane, 
reduced the active surface for water vapour transport through the membrane [10, 48] and 
partial water vapour pressure on the membrane surface [128, 129], thus decreasing water 
flux. The scaling layer could also promote membrane wetting [20, 44]. As a result, following 
the occurrence of membrane scaling, the distillate conductivity increased sharply, 
corresponding to a remarkable decrease in conductivity rejection (Figure 8.4). 
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Figure 8.4. Distillate conductivity and conductivity rejection as functions of concentration 
factor in the DCMD concentration of the synthetic CSG RO brine. Operating conditions: Tfeed 
= 45 C, Tdistillate = 25 C, Ffeed = Fdistillate = 1 L/min (i.e. Re = 244). 
Microscopic analysis of the membrane surface at the end of the concentrating DCMD 
experiment confirmed the occurrence of membrane scaling at concentration factor exceeding 
10. A layer of well-defined angular crystals was observed on the membrane surface (Figure 
8.5A). Furthermore, the XRD analysis of the scaled membrane (Figure 8.5B) revealed the 
compositions of the scaling layer of NaHCO3, Na2CO3, and NaCl. Amongst these inorganic 
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salts, NaHCO3 was envisaged to be dominant given its lowest solubility [158]. The presence 
of Na2CO3 in the scale layer also confirmed the reduction of bicarbonate to CO2. 
  
Figure 8.5. (A) SEM image and (B) XRD spectra of the scaled membranes after the DCMD 
concentration of the synthetic CSG RO brine. DCMD operating conditions: Tfeed = 45 C, 
Tdistillate = 25 C, Ffeed = Fdistillate = 1 L/min (i.e. Re = 244). 
The DCMD process was capable of producing distillate of high quality from the synthetic 
CSG RO brine concentrated up to 10-fold. The obtained distillate conductivity always 
remained below 20 µS/cm while the conductivity rejection was above 99.9% prior to the 
occurrence of membrane scaling (Figure 8.4). At the beginning of the experiment, distillate 
conductivity slightly increased from 16 µS/cm (i.e. the conductivity of Milli-Q water used as 
the initial distillate) to 19 µS/cm possibly due to the transport of CO2 from the feed to the 
distillate. Subsequently, it steadily decreased before slightly increasing as concentration 
factor approached 10 (Figure 8.4). It is noteworthy that the distillate quality and the 
conductivity rejection obtained by the DCMD process were comparable to that of multi-effect 
distillation [73]. 
8.3.1.2. DCMD of CSG RO brine at high concentration factors 
A stable DCMD process of the synthetic CSG RO brine at concentration factor of 10 with 
respects to water flux and distillate quality was achieved for over 6 h (Figure 8.6). At the 
beginning of the process, the feed solution was concentrated from 136.8 to 171.0 g/L (i.e. 
concentration factor increased from 8 to 10); thus, water flux decreased from 6.5 to 6.0 
L/m2.h due to the increase in feed salinity as previously described in section 8.3.1.1. The 
distillate conductivity increased from 16 to 26 µS/cm because of the CO2 permeation, which 
was also observed at the beginning of the concentrating DCMD experiment. For the 




the distillate conductivity steadily decreased to 18 µS/cm. The stable water flux, decreasing 
distillate conductivity, and the SEM analysis of the membrane surface confirmed the absence 
of membrane scaling at concentration factor of 10. Indeed, very few small crystals were 
observed on the membrane surface at the end of the DCMD experiment at the concentration 
factor of 10 (Figure 8.7). 














































































Figure 8.6. Water flux, feed and distillate conductivities as functions of operating time during 
the DCMD of the synthetic CSG RO brine at different operation modes: (A) concentrating 
with concentration factor increased from 8 to 10, (B) constant concentration factor of 10, and 
(C) concentrating with concentration factor increased from 10 to 11. Operating conditions: 
Tfeed = 45 C, Tdistillate = 25 C, Ffeed = Fdistillate = 1 L/min (i.e. Re = 244). 
  
Figure 8.7. SEM images of (A) a virgin membrane and (B) the membrane after 6 h DCMD 
treatment with the synthetic CSG RO brine at concentration factor of 10. 
Operating the DCMD process with CSG RO brine at concentration factor exceeding 10 




performance of the DCMD process. Membrane scaling occurred before the process reached 
the concentration factor of 11 (i.e. determined by monitoring the feed conductivity). Given 
the occurrence of membrane scaling, the system water flux decreased to almost zero while 
the distillate conductivity sharply increased (Figure 8.6). 
It is noteworthy that membrane scaling in DCMD of the synthetic CSG RO brine started 
at the concentration factor lower than the calculated value for the saturation point of NaHCO3 
(i.e. 11.3 at feed temperature of 45 C [192]). This might be attributed to the temperature-
proportional solubility of NaHCO3 [192] and both concentration and temperature polarisation 
effects of DCMD. Concentration polarisation increases the concentration of NaHCO3, 
whereas temperature polarisation reduces the temperature of the feed (i.e. hence reducing 
NaHCO3 solubility) at the membrane surface compared to the bulk feed solution, thus 
facilitating membrane scaling. The drop in the temperature (i.e. 4 C) and the increase in the 
concentration of the brine along the feed channel (i.e. 35 cm long) could also facilitate the 
onset of membrane scaling. This effect is signified for pilot or large-scale MD processes, 
where membrane modules having much longer feed channels are employed [108, 110, 145]. 
Results reported in Figure 8.6 demonstrate the feasibility of MD for producing fresh water 
and simultaneously concentrating CSG RO brine prior to the ME process for NaOH 
production. A stable DCMD operation of the synthetic CSG RO brine at 90% water recovery 
(i.e. concentration factor of 10) without any observable membrane scaling was achieved. 
Given 75% water recovery of the RO process [112], the combined treatment chain 
UF/RO/MD (i.e. including brine purification prior to MD) can extract 97.5% fresh water 
from the CSG produced water. The concentrated brine following the MD process, which is 
only 2.5% of the initial volume of CSG produced water, can be fed to ME for the production 
of NaOH. 
 ME treatment of MD brine for NaOH production 
8.3.2.1. Influence of current density on the performance of the ME system 
Current density exerted a strong influence on the performance of the ME process with the 
MD brine. Elevating current density accelerated the movement of ions to the electrodes and 
boosted the electrolysis, hence increasing both the process NaOH production and desalination 
efficiency (i.e. represented by the reduction in brine concentration) (Figure 8.8). At current 
density of 900 A/m2, the single-pass ME process could produce a NaOH solution of 1.15 M 
(4.6% w/w), and desalinate 75 g/L of salts from the MD brine feed. These obtained values are 
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higher than those reported by Simon et al. [158] under the same operating conditions (i.e. 
current density and circulation flow rates). It is noted that the current study used the feed 
brine at a higher temperature and concentration compared to those in Simon et al. [158], thus 
achieving a higher process efficiency than previously reported values [158, 186]. 


























































































Figure 8.8. Produced NaOH concentration, diluted brine temperature, and brine concentration 
reduction as functions of current density in the ME process of the MD brine. Operating 
conditions: cathode temperature Tcathode = 25 C, anode temperature Tanode = 45 C, anode and 
cathode circulation flow rates = 0.4 L/h (cross-flow velocities of 5×10-4 m/s). Error bars 
represent the standard deviation of duplicate experiments. 
Elevating current density also increased the temperature of the diluted brine (Figure 8.8). 
As reported by Simon et al. [158], the current efficiency of the ME test unit was about 50% in 
the investigated current density range, meaning that half of the supplied energy was 
converted into heat. At a low current density, the generated heat was smaller than the heat 
loss to the cathode; thus, the temperature of diluted brine was lower than the brine feed 
temperature (i.e. 45 C). At current densities above 600 A/m2, the generated heat outweighed 
the heat loss, thus heating the diluted brine. The diluted brine temperature nearly reached the 
maximum allowable operating temperature of the ME process (i.e. 80 C) at current density 
of 900 A/m2. 
8.3.2.2. Influence of circulation flow rates on the performance of the ME system 
Unlike current density, increasing anode and cathode circulation flow rates reduced the 
process NaOH production and desalination efficiency (Figure 8.9). When circulation flow 
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rates increased from 0.30 to 0.85 L/h (i.e. cross-flow velocity increased from 3.75×10-4 to 
6.25×10-4 m/s), the concentration of produced NaOH and the reduction in brine concentration 
decreased from 1.40 to 0.65 M and 75 to 15 g/L, respectively. Shortened brine retention time 
inside the electrolyser resulted from increasing circulation flow rates can be attributed for 
these reductions. Shortening the brine retention time also reduced the heat loss from the 
anode to the cathode. As a result, the diluted brine temperature rose with increased circulation 
flow rates. However, the influence of circulation flow rates on diluted brine temperature was 
not as strong as that of current density. At the highest investigated circulation flow rate, the 
diluted brine temperature was well below the maximum limit (i.e. 55 compared to 80 C). 























































































Figure 8.9. Produced NaOH concentration, diluted brine temperature, and brine concentration 
reduction as functions of circulation flow rates in the ME process of the MD brine. Operating 
conditions: cathode temperature Tcathode = 25 C, anode temperature Tanode = 45 C; current 
density 600 A/m2. Error bars represent standard deviation of duplicate experiments. 
8.3.2.3. Auxiliary thermal energy requirement and co-generation by ME 
The influences of current density and circulation flow rates on the specific auxiliary 
thermal energy requirement () and specific thermal energy co-generation () of the ME 
process with the MD brine are shown in Figure 8.10. Increasing current density increased the 
NaOH production, whereas the auxiliary thermal energy required by the process remained 
unchanged, thus leading to a decrease in  (Figure 8.10A). On the other hand, increasing 
current density raised the diluted brine temperature at a higher rate compared to the NaOH 
production. As a result,  of the process increased with current density. At current density 
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above 500 A/m2,  outweighed . In other words, the ME process generated heat as a by-
product. It is noteworthy that this generated heat (i.e. at temperature below 75 C) can be 
utilised only by MD but not a conventional thermal distillation process. 
Elevating circulation flow rates also resulted in an increase in  (Figure 8.10B). However, 
unlike current density, elevating circulation flow rates reduced the NaOH production but 
increased the auxiliary thermal energy demand of the process; hence, it increased  of the 
process. 






























































Figure 8.10. Specific auxiliary thermal energy requirement () and specific thermal energy 
co-generation () as functions of (A) current density (other operating conditions: cathode 
temperature Tcathode = 25 C, anode temperature Tanode = 45 C, anode and cathode circulation 
flow rates = 0.4 L/h), and (B) circulation flow rates (other operating conditions: cathode 
temperature Tcathode = 25 C, anode temperature Tanode = 45 C, current density 600 A/m2) in 
the ME treatment the MD brine. 
The results reported here show that current density and circulation flow rates are key 
parameters for process optimisation when integrating MD and ME for NaOH production 
from CSG RO brine. Complementary operating conditions between MD and ME can be 
achieved to avoid unnecessary heating of the feed and excessive heat production from ME. 
At the operating conditions used in this study, using the MD brine directly to the ME process 
results in 3 MJ in thermal energy saving per 1 kg of NaOH produced. Moreover, our 
 
150 
calculation also reveals that returning the heated diluted ME brine to the MD process can 
reduce the MD thermal energy consumption by 22 MJ per 1 m3 of fresh water extracted. 
Further economic optimisation is required in order to ascertain the optimum ME operating 
conditions for a combined MDME process. 
 Conclusions 
The treatment of CSG RO brine for beneficial reuses using MD and ME was investigated. 
The results demonstrate significant benefits of combining MD and ME for simultaneous 
clean water extraction and NaOH production from CSG RO brine. Increased feed salinity and 
the reduction of bicarbonate to CO2 during MD concentration of CSG RO brine only resulted 
in a slight decline in water flux. MD operation of the 10-fold concentrated CSG RO brine 
(i.e. 90% water recovery) was achieved for over an extended period with distillate of superior 
quality and without any membrane scaling. At the concentration factor of above 10 folds, the 
precipitation of NaCl, NaHCO3, and Na2CO3 on the membrane was observed together with a 
severe decline in water flux and distillate quality. With respect to the ME process, current 
density and circulation flow rates could exert strong influences on the NaOH production 
efficiency. By combining ME with MD for NaOH production from CSG RO brine, thermal 
energy savings could be achieved for both processes (i.e. 3 MJ per 1 kg of NaOH produced 
by ME and 22 MJ per 1 m3 of fresh water extracted by MD).  
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 Liquid Desiccant Lithium Chloride 
Regeneration by Membrane Distillation for Air 
Conditioning 
 Introduction 
Ongoing economic and environmental concerns together with the demand for thermal 
comfort have resulted in significant innovation in the air conditioning industry. Amongst the 
current technologies for improving indoor thermal comfort and air quality, liquid desiccant 
air conditioning (LDAC) has emerged as an attractive option in terms of humidity control and 
energy consumption [97, 98, 193]. LDAC can offer improved humidity control with 
significant energy savings particularly in applications where latent loads (moisture) are very 
high relative to sensible loads [98, 193]. Examples include hot and humid climates as well as 
applications in commercial buildings that require low indoor humidity to avoid condensation 
on glass doors and building envelopes. 
LDAC can simultaneously regulate the humidity and temperature of air by removing 
moisture using a liquid desiccant solution. The latent load of the process air is controlled by 
the absorption rate of moisture to the liquid desiccant. The liquid desiccant solution can then 
be reconcentrated (i.e. regenerated) by removing excess water using a desalination process, 
most commonly thermal evaporation. When thermal evaporation is used, heat is the primary 
energy input to the LDAC process. Thus, electricity consumption by LDAC is only one-
fourth of that of a vapour-compression air conditioning system for the same cooling output 
[98]. As a result, where waste heat (i.e. recovered from engines or industrial processes) or 
solar thermal energy are readily available, LDAC can be much more energy efficient 
compared to conventional air conditioning methods which are based on vapour-compression 
technology [92, 97]. 
Liquid desiccant regeneration is a critical step in LDAC. Given their very high solubility 
in water, LiCl and LiBr have been widely used as desiccating agents for LDAC [92, 194]. 
The solubilities of LiCl and LiBr in water at 25 C are 45.4 and 60.7 wt.%, respectively. The 
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and L. D. Nghiem, Liquid desiccant lithium chloride regeneration by membrane distillation 
for air conditioning, Separation and Purification Technology 177 (2017), 121-128. 
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dehumidification efficiency of LDAC using these solutions is strongly affected by salt 
concentration and solution temperature. In general, a more concentrated liquid desiccant 
solution at a lower temperature produces a higher moisture absorption rate [193, 195]. When 
the liquid desiccant flows along a dehumidifier, it absorbs moisture from the air, resulting in 
a slight dilution. Thus, it is necessary to reconcentrate the weak (i.e. diluted) liquid desiccant 
before the next dehumidification cycle. Unlike desalination processes for drinking water 
production, the regeneration of a liquid desiccant involves the removal of only a small 
volume of water but from an extremely saline feed solution. It is also noteworthy that the 
regeneration of liquid desiccant solution accounts for over 75% of the total energy 
consumption of LDAC [97]. Therefore, optimising the regeneration step is crucial to the 
overall energy consumption of LDAC. 
In most current LDAC applications, the weak liquid desiccant solution is reconcentrated 
by conventional thermal evaporation [97, 98, 196]. The weak desiccant solution is heated to 
about 70 to 90 C [98]. The hot desiccant solution is then sprayed over a packed-bed contact 
media to allow for water evaporation. The heat source can be from the combustion of natural 
gas, waste heat, or solar thermal. When waste heat or solar thermal can be utilised, LDAC is 
a much more favourable option than vapour-compression air conditioning techniques that 
rely exclusively on electricity input. It is noteworthy that liquid desiccant regeneration by 
thermal packed-bed evaporation can result in considerable desiccant loss due to carryover. 
Desiccant carryover does not only result in the need to replenish desiccating agents (hence a 
cost increase), but also cause potential long-term health concerns [97, 98]. To address the 
issue of desiccant carryover, several membrane separation processes, including reverse 
osmosis (RO) [101] and electro-dialysis (ED) [99], have recently been investigated for 
regenerating liquid desiccants. However, the high electricity demand of RO and ED renders 
them less attractive for LDAC applications. 
Membrane distillation (MD) is a combination of thermal evaporation and membrane 
separation. MD has several notable attributes that are particularly suitable for desalination 
application of extreme saline solutions. Indeed, the technical viability of MD for the 
treatment of RO brine from seawater [21, 159, 172] and coal seam gas produced water [72, 
112], fracking fluid [197], and draw solution for forward osmosis [22, 23] has been widely 
demonstrated in the literature. In MD, a microporous hydrophobic membrane is used as a 
physical barrier to prevent the penetration of liquid water while allowing for the transport of 
water vapour (gas) across the membrane. A variety of hydrophobic materials such as 
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polyvinylidene fluoride (PVDF), polypropylene (PP), and polytetrafluoroethylene (PTFE) 
can be used as MD membranes [13, 198]. Only water in vapour form can be transported 
through the membrane; thus, MD can theoretically offer complete salt rejection [7, 13]. 
Therefore, desiccant loss due to carryover during liquid desiccant regeneration using MD is 
expected to be negligible. In addition, unlike the conventional thermal evaporation process, 
MD can be operated at a lower feed temperature (from 40 to 80 C) that is more compatible 
with low-grade waste heat and solar thermal [7, 13]. 
Unlike a typical desalination process for clean water production, MD regeneration of 
liquid desiccant encounters an extremely concentrated feed solution. Thus, in addition to the 
temperature polarisation effect, concentration polarisation is expected to be significant in the 
MD process for liquid desiccant regeneration. In MD, the water vapour pressure gradient 
induced by the temperature difference across the membrane is the driving force for the 
transport of water vapour. Temperature polarisation effect renders the temperature difference 
between the feed and the distillate membrane surfaces smaller than that between the bulk feed 
and distillate streams, thus reducing the actual driving force and hence water flux of the MD 
process [25, 199]. Similarly, due to the concentration polarisation effect, salt concentration at 
the feed membrane surface can be higher than in the bulk solution, thus reducing water 
activity and hence water vapour pressure. Indeed, the significant influence of concentration 
polarisation effect has also been reported in the osmotic distillation process of hypersaline 
solutions [200, 201]. Thus, it is essential to evaluate the impact of concentration polarisation 
effect on the regeneration of liquid desiccant by MD [202]. It is also important to identify 
parameters that can be manipulated to alleviate the concentration polarisation effect. 
This chapter aims to assess the viability of MD for regenerating LiCl liquid desiccant for 
LDAC. The MD process was first characterised with ultrapure (Milli-Q) water to determine 
the significance of the temperature polarisation effect. Then, the effect of concentration 
polarisation on water flux during the MD process with the LiCl solution was examined. The 
influence of operating conditions, including feed temperature, LiCl concentration, and 
circulation cross flow velocity, on the process regeneration capacity and thermal energy 
consumption was also systematically investigated. 
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 Materials and methods 
 Materials 
A lab-scale direct contact membrane distillation (DCMD) system was used. The system 
(Figure 9.1) consisted of a plate-and-frame membrane module with two acrylic semi-cells 
and a hydrophobic flat-sheet PTFE membrane. Detailed description of the acrylic semi-cells 
is available elsewhere [105]. The flat-sheet PTFE membrane was from Porous Membrane 
Technology (Ningbo, China). The thickness, nominal pore size, and porosity of this 
membrane were 60 m, 0.2 m, and 80%, respectively. The membrane module had an active 
membrane area of 138 cm2 available for mass transfer. 
The feed solution (2 L) from the feed tank was heated using stainless steel coils 
submerged in a hot water bath, and then fed into the feed channel of the membrane module. 
As the hot feed solution moved along the membrane in the feed channel, water evaporated 
and transferred in vapour phase through the membrane pores to the distillate stream, thus 
concentrating the feed solution. The reconcentrated solution leaving the membrane module 
was returned to the feed tank. On the other side of the membrane, 2 L of Milli-Q water (i.e. 
used as the initial distillate) was circulated through the distillate channel to condense the 
water vapour that permeated from the feed stream. The temperatures of the feed and distillate 
stream were controlled using a heating element with a temperature control unit and a chiller, 
respectively. The circulation flow rates of the feed and the distillate streams were regulated 
and monitored using two variable-speed gear pumps (Model 120/IEC71-B14, Micropump 
Inc., Vancouver, Washington, USA) and two rotameters. The feed solution was continuously 
weighed using a digital balance connected to a computer to determine the water flux. 
 
Figure 9.1. The schematic diagram of the DCMD unit. 
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Laboratory grade anhydrous lithium chloride (LiCl) and Milli-Q water were used to 
prepare the liquid desiccant solution. 
 Analytical methods 
The electrical conductivity of the distillate was measured using an Orion 4-Star Plus 
pH/conductivity meter (Thermo Scientific, Waltham, Massachusetts, USA). The distillate 
LiCl concentration (i.e. in ppm) was then calculated from the distillate electrical conductivity 
(i.e. in S/cm) using the conversion coefficient of 0.64. The feed LiCl concentration was 
calculated based on the initial LiCl concentration (i.e. 20 wt.%) and the recorded weight of 
the feed solution with the assumption that the MD process provided a complete salt rejection.  
 Experimental protocols 
9.2.3.1. Process characterisation experiments 
Milli-Q water was first used as the feed to characterise the process and to quantify the 
temperature polarisation effect. Milli-Q water feed at temperature of 55, 60, and 65 C was 
introduced to the feed channel at a volumetric flow rate of 0.5, 0.75, and 1.0 L/min (i.e. 
equivalent to a cross flow velocity of 0.03, 0.045, 0.06 m/s, respectively). The distillate at a 
constant temperature of 25 C was circulated though the distillate channel at the same flow 
rate to the feed. Water flux of the process at each set of operating conditions was measured 
for 1 hour after the attainment of stable operation. 
9.2.3.2. LiCl solution regeneration by MD 
MD of the LiCl solution feed was tested to assess the significance of concentration 
polarisation effect, and to elucidate the influence of operating conditions on water flux, 
regeneration capacity, and specific thermal energy consumption of the process. The operating 
conditions were as described above. During the experiments, water flux and the distillate 
electrical conductivity were regularly measured. 
 Mass transfer coefficient of the MD system 
Water flux of DCMD is proportional to the water vapour pressure difference between two 
sides of the membrane, and is expressed as [7]: 
)PP(CJ distillate.mfeed.mm        (9.1) 
where J is water flux (L/m2.h), Cm is the membrane mass transfer coefficient (L/m2.h.Pa), and 
Pm.feed and Pm.distillate are the water vapour pressure (Pa) at the feed and distillate membrane 
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surfaces, respectively. Cm is a function of membrane properties and process operating 
conditions, and can be theoretically calculated [6, 7]. However, the theoretical calculation of 
Cm can be trivial [6] because water flux calculation using Cm involves the water vapour 
pressure at the membrane surfaces. Indeed, it is more practical to use water vapour pressure 
of the feed and distillate streams for water flux calculation. Taking this approach, water flux 
of DCMD can be calculated as: 
)PP(KJ distillatefeedm         (9.2) 
where Km is the process mass transfer coefficient (L/m2.h.Pa), and Pfeed and Pdistillate are the 
water vapour pressure (Pa) of the feed and distillate streams, respectively. Water vapour 
pressure of the feed and distillate streams can be calculated as [6]: 
0waterwater PaxP         (9.3) 
where xwater and awater are the water molar fraction and water activity, and P0 is the vapour 
pressure (Pa) of pure water in the feed and distillate streams. P0 can be calculated using the 
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where T is the temperature (K) of the feed and distillate streams, which can be readily 
measured using temperature sensors. For the DCMD process with LiCl solution feed, xwater 
can be calculated based on the weight concentration of the LiCl solution, whereas awater can 
be estimated using the Pitzer model by the “PHREEQC” software. Additionally, the salt 
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where Cfeed and Cdistillate are the LiCl concentration of the feed and distillate, respectively. 
Due to polarisation effects, the water vapour pressure at membrane surfaces differs from 
that in the bulk feed and distillate streams. For the DCMD process with Milli-Q water, only 
temperature polarisation effect exists given the negligible concentration of salts. It is 
noteworthy that temperature polarisation effect has been incorporated in the value of Km 
while concentration polarisation effect was excluded. 
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 Regeneration capacity and energy consumption 
The regeneration capacity of the MD process is evaluated based on the increase in LiCl 









       (9.6) 
where C is in wt.%, Ffeed and Fdistillate are the mass flow rate (kg/h) of the feed and distillate, 
respectively. Actually, C is the difference in LiCl concentration between the outlet and the 
inlet of the feed channel. 
The process specific thermal energy consumption (), which is the amount of heating 
required to increase LiCl weight concentration by 1%, can be calculated as: 
( )feed p feed
3






      (9.7) 
where  is in kW/wt.%, and Cp is the specific heat capacity (kJ/kg.C) of the feed solution. 
Cp is dependent on the concentration and temperature of the LiCl solution, and its calculation 
is given elsewhere [203]. 
 Results and discussions 
 MD process characterisation 
The process water flux and mass transfer coefficient (Km) were first experimentally 
determined using Eqs. (9.2) – (9.4) and Milli-Q water as the feed solution (Figure 9.2). As 
can be seen in Eqs. (9.2) – (9.4) (section 9.2.4), the temperature polarisation effect was 
embedded in the experimentally determined Km value. Because Milli-Q water was used as the 
feed solution, the concentration polarisation effect could be excluded. The temperature 
polarisation effect can be assessed by comparing Km values at different feed solution 
temperatures and hydraulic conditions at the membrane surface (presented by the circulation 
cross flow velocity). As expected, the temperature polarisation effect was more severe at high 
feed temperature, reflected by a decrease in Km as feed temperature increased from 55 to 65 
°C (Figure 9.2B). These results are consistent with the literature [140, 204]. In contrast, 
increasing the circulation cross flow velocity improved the hydraulic condition at the 
membrane surface, hence mitigating the effect of temperature polarisation [140, 205]. Indeed, 
both water flux and Km increased as the circulation cross flow velocity was elevated (Figure 
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9.2A&B). It is noteworthy that the influence of circulation cross flow velocity on water flux 
and Km was more significant at high feed temperature (i.e. 65 °C) where the temperature 





























































Figure 9.2. (A) Water flux and (B) process mass transfer coefficient (Km) of the MD process 
with Milli-Q water at various feed temperature and circulation cross flow velocities, and a 
constant distillate temperature (Tdistillate) of 25 C. 
 Concentration polarisation during MD regeneration of LiCl solution 
Based on the Km value obtained from Milli-Q water as the feed solution, the water flux of 
the MD process with the LiCl solution feed was calculated using Eqs. (9.2) – (9.4) and then 
experimentally compared. The results demonstrated in Figure 9.3 indicate a profound 
influence of LiCl concentration and particularly the concentration polarisation effect on water 
flux during the MD process with the LiCl solution feed. 
LiCl at high concentration in the feed solution significantly reduced MD water flux. The 
initial water flux of the MD process with the LiCl 20 wt.% solution feed was noticeably 
lower than that obtained during the process with Milli-Q water feed under the same operating 
conditions (Figure 9.3). In addition, as the LiCl solution was concentrated, both the 
calculated and measured water flux decreased linearly (Figure 9.3). For example, the 
calculated water flux at a feed temperature of 55 C gradually decreased from 12.0 to 2.5 
L/m2.h as the LiCl solution concentration increased from 20 to 30 wt.%. The reduction in the 
calculated water flux was largely attributed to the decrease in the water activity and hence the 
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water vapour pressure of the LiCl solution. Indeed, the estimated water activity of the LiCl 
solution at 55 C (i.e. using the PHREEQC software) decreased from 0.68 to 0.21 as its 
concentration increased from 20 to 30 wt.%. 
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Figure 9.3. Influence of LiCl concentration on the calculated and experimentally measured 
water flux during the MD process with the LiCl solution at various feed temperature. 
Operating conditions: Tdistillate = 25 C, circulation cross flow velocity Vfeed = Vdistillate = 0.06 
m/s (i.e. Re = 205). Water flux obtained during the process characterisation with Milli-Q 
water feed at the same operating conditions was incorporated for comparison. 
Compared to the calculated values, the experimentally measured MD water flux with the 
LiCl solution feed was much lower (Figure 9.3). This reduction reveals the significance of the 
concentration polarisation effect during MD regeneration of the LiCl liquid desiccant. The Km 
values used for the water flux calculation with the LiCl solution feed were obtained during 
the system characterisation with Milli-Q water, in which the concentration polarisation effect 
was excluded. For the process with the LiCl solution feed, the impact of feed concentration 
on water flux was discernible as discussed above. The concentration polarisation effect 
rendered the LiCl concentration at the membrane surface higher than that in the bulk feed 
solution [25, 140, 167], thus aggravating the negative impact of feed concentration on the 
process water flux. As a result, all experimentally measured water flux was less than half of 
the calculated values under the same operating conditions (Figure 9.3). Significant deviation 
of experimentally measured water flux values from simulated data has also been reported 
during the MD desalination process of seawater and CSG RO brine at high water recoveries 
[206, 207] and the concentration of cranberry juice by osmotic distillation [201] due to severe 
concentration polarisation effect. 
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The impact of concentration polarisation on water flux is considered negligible compared 
to that of temperature polarisation for MD processes with seawater (i.e. with average salinity 
of 3.5 wt.%) or aqueous salt solutions with similar concentrations [48, 60, 140]. However, for 
the MD regeneration of LiCl liquid desiccant, the feed concentration is significantly higher 
(i.e. > 20 wt.% for this study), and thus the concentration polarisation effect exerts a much 
stronger influence on water flux compared to that encountered in seawater desalination 
applications. Methods to increase flow turbulence, including gas bubbling [208, 209], 
ultrasonic irradiation [210, 211], microwave irradiation [30], and use of  spacers [28, 212], 
help mitigate polarisation effects in MD regeneration of LiCl solution, but at the cost of 
increased process complexity and energy consumption. It is worth reiterating that unlike 
seawater desalination for fresh water production, MD regeneration of liquid desiccant 
requires the removal of only a small volume of water from the feed. Thus, low water flux can 
be more tolerated for MD regeneration of liquid desiccant compared to seawater desalination 
applications. 
Of a particular note, the MD process demonstrated an excellent separation efficiency and 
a negligible LiCl leakage (i.e. LiCl loss into the distillate) (Figure 9.4). Indeed, during the 
first 240 mins of the experiment at feed temperature of 60 C, LiCl remained undetectable in 
the distillate and a complete LiCl rejection was achieved despite the increased feed LiCl 
concentration (Figure 9.4). LiCl at a trace level of 46 ppm (compared to the feed 
concentration of over 29 wt.%) was only detectable at the end of the experiment. Throughout 
the experiment, LiCl rejection was over 99.98%. 
Similar to what observed during the experiments with Milli-Q water, feed temperature 
also exerted a great influence on the MD process with the LiCl solution feed. Increasing feed 
temperature raised the water vapour pressure of the LiCl feed stream, thus favouring a higher 
water flux. Indeed, the measured water flux of the process with LiCl solution was almost 
doubled when the feed temperature increased from 55 to 65 C (Figure 9.3). Elevating feed 
temperature also increased the ‘workability’ of the MD process with LiCl solution. As 
demonstrated in Figure 9.3, the process at feed temperature of 55 C could only concentrate 
the LiCl solution up to 25 wt.%, whereas a LiCl concentration of 29% could be achieved in 
the process at feed temperature of 65 C. Feed temperature also strongly affected the 
regeneration capacity and thermal energy consumption of the process. This will be further 
discussed in the next section. 
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Figure 9.4. Feed and distillate LiCl concentration as functions of operating time during the 
MD process with the LiCl solution feed. Operating conditions: Tfeed = 65 C, Tdistillate = 25 C, 
Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). 
 Regeneration capacity and energy consumption 
Both regeneration capacity and thermal efficiency are crucial process performance 
parameters for MD regeneration of liquid desiccants. The regeneration capacity of the MD 
process with LiCl solution was evaluated using the increase in LiCl concentration between 
the inlet and the outlet of the feed channel (C). On the other hand, thermal efficiency of the 
MD process was assessed using the specific thermal energy consumption (). 
Feed temperature strongly affected the regeneration capacity and thermal efficiency 
during the MD regeneration of LiCl solution. Increasing feed temperature exponentially 
raised the driving force for water vapour transfer from the LiCl solution to the distillate, thus 
boosting both water flux and C. Indeed, similar to water flux, C was almost doubled when 
feed temperature increased from 55 to 65 C (Figure 9.5). Increasing feed temperature was 
also beneficial to the process with respect to . Elevating feed temperature resulted in 
increase in both C and the thermal energy input of system (Eq. (9.7)). However, C 
increased at a higher rate compared to the thermal energy input with increased feed 
temperature, thus leading to decrease in  (Figure 9.6). 
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Figure 9.5. Regeneration capacity (C) as a function of feed concentration during the MD 
process of LiCl solution at different feed temperatures. Other operating conditions: Tdistillate = 
25 C, Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). 
Unlike feed temperature, increasing feed concentration resulted in a linear reduction in 
C (Figure 9.5). The increase in LiCl concentration in the feed also led to an increase in  
following a hyperbolical function (Figure 9.6). As expressed in Eq. (9.6), C was dependent 
on both feed concentration (Cfeed) and the distillate flow rate (Fdistillate) at a constant feed flow 
rate. An increase in Cfeed resulted in a decrease in Fdistillate at a higher rate (Figure 9.3). As a 
result, C linearly decreased with increased Cfeed. In contrast, increasing Cfeed slightly 
reduced the specific heat capacity (Cp) of the feed solution, thus resulting in a small reduction 
in the thermal energy input. The rate of thermal energy input reduction was much smaller 
than that of C. As a result,  increased as a hyperbolical function of Cfeed. The increase in  
at below the defection point of the hyperbola was small (Figure 9.6). On the other hand, 
beyond the deflection point,  increased sharply as LiCl concentration continued increasing 
(Figure 9.6). Results in Figure 9.6 suggest that LDAC should be operated at LiCl 
concentration below the defection point of the hyperbola. In other words, the maximum LiCl 
concentrations at feed temperatures of 55, 60, and 65 °C are approximately 23, 25, and 27 
wt.%, respectively. The maximum LiCl concentration could be increased by operating the 
process at a higher feed temperature and thus alleviating the negative influence of increased 
feed concentration on  (Figure 9.6). 
 
163 
































Figure 9.6. Specific thermal energy consumption () as a function of feed concentration 
during the MD process of LiCl solution at different feed temperatures. Other operating 
conditions: Tdistillate = 25 C, Vfeed = Vdistillate = 0.06 m/s (i.e. Re = 205). 
Circulation cross flow velocity also exerted discernible effects on both C and  of the 
process. As demonstrated in the MD experiments with Milli-Q water feed, circulation cross 
flow velocity had a profound effect on water flux. This influence was even stronger for the 
MD process with the LiCl solution feed that encountered significant polarisation effects. 
Increasing circulation cross flow velocity helped promote water flux by mitigating both 
temperature and concentration polarisation effects, thus resulting in higher C (Figure 9.7). 
Increasing circulation cross flow velocity also raised the thermal energy input of the system 
similarly to increasing feed temperature (Eq. (9.7)); however, the increase rate of thermal 
energy input was smaller than that of C. As a result,  was reduced for the process at a 
higher circulation cross flow velocity (Figure 9.7). 
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Figure 9.7. Regeneration capacity (C) and specific thermal energy consumption () as 
functions of feed concentration during the MD process of LiCl solution at two different water 
circulation cross flow velocities. Other operating conditions: Tfeed = 65 C, Tdistillate = 25 C. 
It is noteworthy that C and  values obtained in this study were from a single-pass lab-
scale MD system. The thermal efficiency and C of the MD regeneration of LiCl solution 
can be significantly improved for pilot or large-scale systems with a larger membrane area 
and more effective heat insulation [102]. In addition, MD can be operated in brine recycling 
mode to improve the process thermal efficiency and to increase LiCl concentration [115]. 
Heat exchangers can also be employed to utilise the sensible heat of the regenerated LiCl 
solution and distillate stream for pre-heating the feed stream [70]. The recovery of the 
sensible heat from the regenerated LiCl stream not only is beneficial to the MD process but 
also helps reduce the cooling load required for the regenerated stream before entering the 
dehumidifier. It is also noted that  reported in this study was calculated for 1% increase in 
LiCl concentration (Eq. (9.7)). Indeed, during the dehumidification process, the LiCl 
concentration difference between the inlet and the outlet the dehumidifier can be as low as 
0.1% [213]. Therefore, the actual thermal energy consumption of MD regeneration of LiCl 
desiccant solution can be much lower than the reported  values. 
The results reported here reveal the importance of process optimisation when integrating 
MD with the dehumidifier in LDAC. A more concentrated LiCl solution at lower temperature 
is preferred for the dehumidifier to obtain higher air dehumidification efficiency [92, 193]. In 
contrast, the MD process is more efficient (i.e. with respects to water flux, C, and ) with 
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LiCl solution at lower concentration and higher temperature. On the other hand, increasing 
the circulation cross flow velocity is beneficial for both dehumidification and the subsequent 
MD regeneration of the LiCl solution. Operating the integrated dehumidifierMD at higher 
circulation cross flow velocity leads to increases in dehumidifier effectiveness [214] and in 
MD water flux and C, and a decrease in . It is noteworthy that increasing LiCl solution 
circulation cross flow velocity also increases the electricity consumption of LDAC and the 
risk of MD membrane wetting [6, 7]. As a result, further studies on process optimisation, 
particularly at a pilot level, are necessary to realise the practical integration of MD with 
LDAC operation. 
 Conclusions 
The suitability of membrane distillation (MD) for regenerating LiCl liquid desiccant for 
air conditioning application was demonstrated in this chapter. At feed temperature of 65 C, 
the process could increase LiCl concentration up to 29 wt.% without any significant LiCl 
loss. However, unlike traditional desalination application, the effect of concentration 
polarisation during the MD operation with the LiCl solution was significant. Operating 
parameters to optimise MD regeneration of LiCl solution include LiCl concentration, feed 
temperature, and circulation cross flow velocity. Increasing LiCl concentration led to a linear 
decrease in both water flux and regeneration capacity (C). On the other hand, the increase in 
LiCl concentration in the feed resulted in an increase in the specific thermal energy 
consumption () following a hyperbolic function. By increasing feed temperature and 
circulation cross flow velocity of the MD process, an increase in water flux as well as C and 
a reduction in  could be achieved.  
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 Conclusions and Recommendations for 
Future Work 
 Conclusions 
The results reported in this thesis demonstrate the great feasibility of MD for strategic 
desalination applications including small-scale seawater desalination for fresh water 
provision in remote coastal areas, brine volume reduction for the treatment and management 
of CSG produced water, and regeneration of liquid desiccant solutions used in air 
conditioning systems. During the MD process of saline solution feeds, increased feed salinity 
led to a slight decrease in water flux; however, the influence of increased feed salinity on the 
MD water flux was negligible compared to that of increased feed osmotic pressure on the RO 
water flux. Thus, the MD process could achieve a much higher water recovery ratio (i.e. 70% 
without any observable membrane scaling) than the RO process when seawater was used as 
the feed. Moreover, the MD process could concentrate the brine from a RO treatment of CSG 
produced water by 5-fold, and extract 80% of fresh water from CSG RO brine. A zero-liquid 
discharge treatment of CSG RO brine could be achieved in a combined MD - membrane 
electrolysis (ME) process, in which fresh water and sodium hydroxide (NaOH) were 
simultaneously extracted from the brine for beneficial uses. Finally, the MD process was 
compatible with more concentrated liquid desiccant solutions as compared with the RO 
process. The MD process at a feed temperature of 65 C could concentrate a LiCl liquid 
desiccant solution up to 29 wt.%, while the RO process is only workable for LiCl solution 
with concentration below 15 wt.%. 
Membrane scaling caused by the precipitation of sparingly soluble salts (e.g. salts of 
calcium, magnesium, and silicate) was a considerable challenge to the MD process of 
seawater and CSG RO brine at high water recoveries. Ultimate increase in water recovery 
inevitably led to the formation of scale layers on the membrane due to complex compositions 
of seawater and CSG RO brine, thus resulting in significant water flux decline and distillate 
quality deterioration. However, membrane scaling during the MD process could be 
effectively mitigated by anti-scalant addition, lowering feed operating temperature and hence 
water flux, and chemical membrane cleaning. An anti-scalant dosage (i.e. 0.5 mg/L) during 
the AGMD process with an actual seawater feed successfully prevented membrane scaling in 
a long operation at 70% water recovery. Lowering water flux together with anti-scalant 
addition helped the DCMD process with CSG RO brine achieve a water recovery of 80% 
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without and observable membrane scaling. When membrane scaling occurred, cleaning the 
scaled membrane with chemicals (e.g. commercial cleaning agents and domestic vinegar) 
could remove most of scale deposits from the membrane surface to restore the performance 
of the MD process. Nevertheless, little amounts of scale particles remaining on the membrane 
surface after chemical cleaning could act as nuclei for salt crystallisation, and hence 
facilitating the scale formation in the next MD process. Thus, chemical cleaning was 
recommended only as the last resort for membrane scaling mitigation during the MD process 
of seawater and CSG RO brine. 
High energy consumption is still a major hurdle for the full realisation of MD for 
desalination applications. Optimisation of a pilot-scale MD process for improved thermal 
efficiency and hence reduced energy consumption was conducted for the first time in this 
thesis. The influences of operating conditions (e.g. feed inlet temperature and water 
circulation rate) on water flux and energy consumption of a single-pass pilot AGMD process 
were examined. The single-pass AGMD process allowed for the recovery of the latent heat of 
water vapour condensation to preheat the seawater feed inside the membrane module, thus 
reducing the thermal energy demand of the process. Elevating feed inlet temperature 
improved thermal efficiency of the AGMD process, and therefore led to a reduction in the 
process specific thermal and electrical energy consumption. On the other hand, elevating 
water circulation rate reduced the efficacy of the internal heat recovery, hence increasing both 
specific thermal and electrical energy consumption of the process. Finally, the AGMD 
process of actual seawater feed with the lowest specific thermal and electrical energy 
consumption of 90 and 0.13 kWh/m3 respectively was demonstrated. 
Thermal efficiency and energy consumption during a DCMD process of seawater with 
brine recycling was optimised for the first time. Brine recycling in the DCMD process helped 
utilise the sensible heat of the brine, thus reducing the process thermal energy consumption. 
Brine recycling also facilitated the utilisation of membrane surface area to increase the 
process water recovery. The results obtained in this thesis reveal an optimal water recovery 
range of 20 to 60% with respects to the process thermal efficiency. In the optimal water 
recovery range, the DCMD process with brine recycling exhibited the highest thermal 
efficiency with a specific thermal energy consumption halved of that obtained in a single-
pass DCMD process under the same operating conditions. Moreover, the DCMD process 
with actual seawater in the optimal water recovery range did not experience any issues 
associated with membrane scaling. Operating the DCMD process with actual seawater feed at 
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water recoveries above the optimal range resulted in lower thermal efficiency and increased 
membrane scaling risk. Finally, operating conditions including feed temperature and water 
circulation rates exerted strong impacts on thermal efficiency of the DCMD process with 
brine recycling. 
This thesis also proved the technical feasibility of MD for regeneration of the LiCl 
solutions used in liquid desiccant air conditioners (LDAC). The DCMD process at feed and 
distillate temperature of 65 and 25 C could concentrate the LiCl solution up to 29 wt.% 
without any discernible LiCl loss. However, like the MD process with seawater and CSG RO 
brine at high water recoveries, the MD process with the LiCl liquid desiccant solution 
confronted severe polarisation effects, particularly concentration polarisation due to its 
extreme salinity. The experimentally measured water fluxes of the process were less than half 
of the simulated values that were solely based on the process mass transfer coefficient and 
water activity of the LiCl solution. Moreover, the performance of the DCMD process with the 
LiCl solution feed was strongly affected by operating feed temperature, circulation cross flow 
velocity, and especially the LiCl concentration. The process at a higher feed temperature and 
circulation cross flow velocity achieved increased water flux and regeneration capacity with a 
lower specific thermal energy consumption. On the other hand, increasing LiCl concentration 
resulted in decrease in both water flux and regeneration capacity, thus increasing the specific 
thermal energy consumption following a hyperbolic function. 
 Recommendations for future work 
The MD process with internal heat recovery and brine recycling investigated in chapter 4 
and 5 exhibits significantly improved thermal efficiency. However, the energy consumption 
of the MD process is still much higher than that of RO or MSF and MED for seawater 
applications. The full application of MD for seawater desalination can only be realised when 
it is coupled with solar thermal energy or waste heat for energy demand. The process 
optimisation work done in chapter 4 and 5 was for the MD process alone, and solar thermal 
collectors or heat exchangers were excluded from the MD process optimisation. Thus, 
additional effort should be devoted to optimising seawater solar thermal or waste heat driven 
MD desalination as a whole process for improved energy efficiency. 
Membrane scaling caused by the complexation of silicate and salts of calcium during the 
MD process of CSG RO brine at high water recoveries deserves thoroughly investigating. 
Calcium salts in CSG RO brine facilitates the complexation of silicate, thus aggravates 
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membrane scaling during the MD process. As demonstrated in chapter 6, the remnants of the 
silicate scales on the membrane promotes scale formation and reduces the efficiency of 
subsequent membrane cleaning. Thus, membrane scaling associated with silicate 
complexation can be a technical hurdle for zero-liquid discharge treatment of CSG RO brine 
using the MD process. 
Extensive research effort should be invested in optimising the MD process for 
regeneration of liquid desiccant solutions. Chapter 9 demonstrates the viability of MD for 
regeneration of LiCl liquid desiccant solution. However, the MD process achieved limited 
water flux and regeneration capacity due to low water activity of the LiCl solution feed and 
severe polarisation effects, particularly concentration polarisation. The MD process at feed 
temperature of 65 C could concentrate the LiCl solution up to 29 wt.%, while the LiCl 
solution at concentration as high as 43 wt.% can be used in LDAC. Thus, techniques to 
improve water flux and regeneration capacity of the MD regeneration of liquid desiccant 
solutions are worth investigating. Coupling the MD process with liquid desiccant solutions 
with solar thermal energy also deserves studying. Thermal energy is the primary energy input 
to the LDAC systems, and the demand for thermal comfort and indoor air quality coincides 
with the abundance of solar radiations. Therefore, coupling solar thermal energy with MD 
regeneration of liquid desiccant will render LDAC highly preferable to conventional 
compression air conditioners for indoor thermal comfort and air quality in humid and hot 
areas. 
REFERENCE 
1. H. Cooley, P.H. Gleick, and G. Wolff, Desalination, with a grain of salt: A California 
perspective,  (2006) 1-100. 
2. A.D. Khawaji, I.K. Kutubkhanah, and J.M. Wie, Advances in seawater desalination 
technologies, Desalination 221 (2008) 47-69. 
3. M. Elimelech and W.A. Phillip, The Future of Seawater Desalination: Energy, 
Technology, and the Environment, Science 333 (2011) 712-717. 
4. L.K. Wang, J.P. Chen, Y. Hung, and N.K. Shammas, Membrane and Desalination 
Technologies, Handbook of Environmental Engineering Vol. 13., Humana Press, 
London, 2011. 
5. O.A. Hamed and H.A. Al-Otaibi, Prospects of operation of MSF desalination plants at 
high TBT and low antiscalant dosing rate, Desalination 256 (2010) 181-189. 
6. K.W. Lawson and D.R. Lloyd, Membrane distillation, Journal of Membrane Science 
124 (1997) 1-25. 
7. A. Alkhudhiri, N. Darwish, and N. Hilal, Membrane distillation: A comprehensive 
review, Desalination 287 (2012) 2-18. 
 
170 
8. N. Dow, S. Gray, J.-d. Li, J. Zhang, E. Ostarcevic, A. Liubinas, P. Atherton, G. 
Roeszler, A. Gibbs, and M. Duke, Pilot trial of membrane distillation driven by low 
grade waste heat: Membrane fouling and energy assessment, Desalination 391 (2016) 
30-42. 
9. W.G. Shim, K. He, S. Gray, and I.S. Moon, Solar energy assisted direct contact 
membrane distillation (DCMD) process for seawater desalination, Separation and 
Purification Technology 143 (2015) 94-104. 
10. L.D. Nghiem and T. Cath, A scaling mitigation approach during direct contact 
membrane distillation, Separation and Purification Technology 80 (2011) 315-322. 
11. M. Gryta, Fouling in direct contact membrane distillation process, Journal of 
Membrane Science 325 (2008) 383-394. 
12. P. Wang and T.-S. Chung, Recent advances in membrane distillation processes: 
Membrane development, configuration design and application exploring, Journal of 
Membrane Science 474 (2015) 39-56. 
13. E. Drioli, A. Ali, and F. Macedonio, Membrane distillation: Recent developments and 
perspectives, Desalination 356 (2015) 56-84. 
14. J. Zhang, J.-D. Li, M. Duke, Z. Xie, and S. Gray, Performance of asymmetric hollow 
fibre membranes in membrane distillation under various configurations and vacuum 
enhancement, Journal of Membrane Science 362 (2010) 517-528. 
15. T.Y. Cath, V.D. Adams, and A.E. Childress, Experimental study of desalination using 
direct contact membrane distillation: a new approach to flux enhancement, Journal of 
Membrane Science 228 (2004) 5-16. 
16. T.D. Dao, S. Laborie, and C. Cabassud, Direct As(III) removal from brackish 
groundwater by vacuum membrane distillation: Effect of organic matter and salts on 
membrane fouling, Separation and Purification Technology 157 (2016) 35-44. 
17. T.D. Dao, J.P. Mericq, S. Laborie, and C. Cabassud, A new method for permeability 
measurement of hydrophobic membranes in Vacuum Membrane Distillation process, 
Water Research 47 (2013) 2096-2104. 
18. C. Cabassud and D. Wirth, Membrane distillation for water desalination: How to chose 
an appropriate membrane?, Desalination 157 (2003) 307-314. 
19. P. Zhang, P. Knötig, S. Gray, and M. Duke, Scale reduction and cleaning techniques 
during direct contact membrane distillation of seawater reverse osmosis brine, 
Desalination 374 (2015) 20-30. 
20. J. Ge, Y. Peng, Z. Li, P. Chen, and S. Wang, Membrane fouling and wetting in a 
DCMD process for RO brine concentration, Desalination 344 (2014) 97-107. 
21. J.-P. Mericq, S. Laborie, and C. Cabassud, Vacuum membrane distillation of seawater 
reverse osmosis brines, Water Research 44 (2010) 5260-5273. 
22. C.R. Martinetti, A.E. Childress, and T.Y. Cath, High recovery of concentrated RO 
brines using forward osmosis and membrane distillation, Journal of Membrane Science 
331 (2009) 31-39. 
23. X.M. Li, B. Zhao, Z. Wang, M. Xie, J. Song, L.D. Nghiem, T. He, C. Yang, C. Li, and 
G. Chen, Water reclamation from shale gas drilling flow-back fluid using a novel 
forward osmosis-vacuum membrane distillation hybrid system, Water Science and 
Technology 69 (2014) 1036-1044. 
24. M. Xie, L.D. Nghiem, W.E. Price, and M. Elimelech, A Forward Osmosis–Membrane 
Distillation Hybrid Process for Direct Sewer Mining: System Performance and 
Limitations, Environmental Science & Technology 47 (2013) 13486-13493. 
25. P. Termpiyakul, R. Jiraratananon, and S. Srisurichan, Heat and mass transfer 
characteristics of a direct contact membrane distillation process for desalination, 
Desalination 177 (2005) 133-141. 
 
171 
26. J. Phattaranawik, R. Jiraratananon, and A.G. Fane, Heat transport and membrane 
distillation coefficients in direct contact membrane distillation, Journal of Membrane 
Science 212 (2003) 177-193. 
27. J. Phattaranawik and R. Jiraratananon, Direct contact membrane distillation: effect of 
mass transfer on heat transfer, Journal of Membrane Science 188 (2001) 137-143. 
28. J. Phattaranawik, R. Jiraratananon, and A.G. Fane, Effects of net-type spacers on heat 
and mass transfer in direct contact membrane distillation and comparison with 
ultrafiltration studies, Journal of Membrane Science 217 (2003) 193-206. 
29. J. Phattaranawik, R. Jiraratananon, A.G. Fane, and C. Halim, Mass flux enhancement 
using spacer filled channels in direct contact membrane distillation, Journal of 
Membrane Science 187 (2001) 193-201. 
30. Z. Ji, J. Wang, D. Hou, Z. Yin, and Z. Luan, Effect of microwave irradiation on 
vacuum membrane distillation, Journal of Membrane Science 429 (2013) 473-479. 
31. Y. Yun, J. Wang, R. Ma, and A.G. Fane, Effects of channel spacers on direct contact 
membrane distillation, Desalination and Water Treatment 34 (2011) 63-69. 
32. H. Julian, S. Meng, H. Li, Y. Ye, and V. Chen, Effect of operation parameters on the 
mass transfer and fouling in submerged vacuum membrane distillation crystallization 
(VMDC) for inland brine water treatment, Journal of Membrane Science 520 (2016) 
679-692. 
33. S. Meng, Y.-C. Hsu, Y. Ye, and V. Chen, Submerged membrane distillation for inland 
desalination applications, Desalination 361 (2015) 72-80. 
34. G. Rao, S.R. Hiibel, and A.E. Childress, Simplified flux prediction in direct-contact 
membrane distillation using a membrane structural parameter, Desalination 351 (2014) 
151-162. 
35. E. Curcio and E. Drioli, Membrane distillation and related operations - A review, 
Separation and Purification Reviews 34 (2005) 35-86. 
36. G. Rao, S.R. Hiibel, A. Achilli, and A.E. Childress, Factors contributing to flux 
improvement in vacuum-enhanced direct contact membrane distillation, Desalination 
367 (2015) 197-205. 
37. H. Zhu, H. Wang, F. Wang, Y. Guo, H. Zhang, and J. Chen, Preparation and properties 
of PTFE hollow fiber membranes for desalination through vacuum membrane 
distillation, Journal of Membrane Science 446 (2013) 145-153. 
38. S. Cerneaux, I. Strużyńska, W.M. Kujawski, M. Persin, and A. Larbot, Comparison of 
various membrane distillation methods for desalination using hydrophobic ceramic 
membranes, Journal of Membrane Science 337 (2009) 55-60. 
39. S. Khemakhem and R.B. Amar, Grafting of fluoroalkylsilanes on microfiltration 
Tunisian clay membrane, Ceramics International 37 (2011) 3323-3328. 
40. A.C.M. Franken, J.A.M. Nafey, M.H.V. Mulder, D. Bargeman, and C.A. Smolders, 
Wetting criteria for the applicability of membrane distillation, Journal of Membrane 
Science 33 (1987) 315-328. 
41. E. Alhseinat and R. Sheikholeslami, A completely theoretical approach for assessing 
fouling propensity along a full-scale reverse osmosis process, Desalination 301 (2012) 
1-9. 
42. K.L. Tu, A.R. Chivas, and L.D. Nghiem, Effects of membrane fouling and scaling on 
boron rejection by nanofiltration and reverse osmosis membranes, Desalination 279 
(2011) 269-277. 
43. L.D. Tijing, Y.C. Woo, J.-S. Choi, S. Lee, S.-H. Kim, and H.K. Shon, Fouling and its 




44. D.M. Warsinger, J. Swaminathan, E. Guillen-Burrieza, H.A. Arafat, and J.H. Lienhard 
V, Scaling and fouling in membrane distillation for desalination applications: A review, 
Desalination 356 (2014) 294-313. 
45. C. Park, H. Kim, S. Hong, S. Lee, and S.I. Choi, Evaluation of organic matter fouling 
potential by membrane fouling index, Water Science and Technology 7 (2007) 27-33. 
46. L.D. Nghiem, N. Oschmann, and A.I. Schäfer, Fouling in greywater recycling by direct 
ultrafiltration, Desalination 187 (2006) 283-290. 
47. G. Zuo and R. Wang, Novel membrane surface modification to enhance anti-oil fouling 
property for membrane distillation application, Journal of Membrane Science 447 
(2013) 26-35. 
48. L.D. Nghiem, F. Hildinger, F.I. Hai, and T. Cath, Treatment of saline aqueous solutions 
using direct contact membrane distillation, Desalination and Water Treatment 32 (2011) 
234-241. 
49. F. He, K.K. Sirkar, and J. Gilron, Studies on scaling of membranes in desalination by 
direct contact membrane distillation: CaCO3 and mixed CaCO3/CaSO4 systems, 
Chemical Engineering Science 64 (2009) 1844-1859. 
50. J. Gilron, Y. Ladizansky, and E. Korin, Silica fouling in direct contact membrane 
distillation, Industrial and Engineering Chemistry Research 52 (2013) 10521-10529. 
51. F. He, J. Gilron, H. Lee, L. Song, and K.K. Sirkar, Potential for scaling by sparingly 
soluble salts in crossflow DCMD, Journal of Membrane Science 311 (2008) 68-80. 
52. M. Gryta, Alkaline scaling in the membrane distillation process, Desalination 228 
(2008) 128-134. 
53. L. Wang, B. Li, X. Gao, Q. Wang, J. Lu, Y. Wang, and S. Wang, Study of membrane 
fouling in cross-flow vacuum membrane distillation, Separation and Purification 
Technology 122 (2014) 133-143. 
54. S. Meng, Y. Ye, J. Mansouri, and V. Chen, Crystallization behavior of salts during 
membrane distillation with hydrophobic and superhydrophobic capillary membranes, 
Journal of Membrane Science 473 (2015) 165-176. 
55. A. Chafidz, S. Al-Zahrani, M.N. Al-Otaibi, C.F. Hoong, T.F. Lai, and M. Prabu, 
Portable and integrated solar-driven desalination system using membrane distillation 
for arid remote areas in Saudi Arabia, Desalination 345 (2014) 36-49. 
56. M. Khayet, Solar desalination by membrane distillation: Dispersion in energy 
consumption analysis and water production costs (a review), Desalination 308 (2013) 
89-101. 
57. D. Winter, J. Koschikowski, and S. Ripperger, Desalination using membrane 
distillation: Flux enhancement by feed water deaeration on spiral-wound modules, 
Journal of Membrane Science 423-424 (2012) 215-224. 
58. M.R. Qtaishat and F. Banat, Desalination by solar powered membrane distillation 
systems, Desalination 308 (2013) 186-197. 
59. K.L. Hickenbottom and T.Y. Cath, Sustainable operation of membrane distillation for 
enhancement of mineral recovery from hypersaline solutions, Journal of Membrane 
Science 454 (2014) 426-435. 
60. S. Adham, A. Hussain, J.M. Matar, R. Dores, and A. Janson, Application of membrane 
distillation for desalting brines from thermal desalination plants, Desalination 314 
(2013) 101-108. 
61. G. Chen, X. Yang, R. Wang, and A.G. Fane, Performance enhancement and scaling 




62. D. Hou, Z. Wang, G. Li, H. Fan, J. Wang, and H. Huang, Ultrasonic assisted direct 
contact membrane distillation hybrid process for membrane scaling mitigation, 
Desalination 375 (2015) 33-39. 
63. Y. Peng, J. Ge, Z. Li, and S. Wang, Effects of anti-scaling and cleaning chemicals on 
membrane scale in direct contact membrane distillation process for RO brine 
concentrate, Separation and Purification Technology 154 (2015) 22-26. 
64. A. Al-Karaghouli and L.L. Kazmerski, Energy consumption and water production cost 
of conventional and renewable-energy-powered desalination processes, Renewable and 
Sustainable Energy Reviews 24 (2013) 343-356. 
65. G. Zaragoza, A. Ruiz-Aguirre, and E. Guillén-Burrieza, Efficiency in the use of solar 
thermal energy of small membrane desalination systems for decentralized water 
production, Applied Energy 130 (2014) 491-499. 
66. L. Carlsson, The new generation in seawater desalination SU membrane distillation 
system, Desalination 45 (1983) 221-222. 
67. J. Koschikowski, M. Wieghaus, and M. Rommel, Solar thermal-driven desalination 
plants based on membrane distillation, Desalination 156 (2003) 295-304. 
68. F. Banat, N. Jwaied, M. Rommel, J. Koschikowski, and M. Wieghaus, Performance 
evaluation of the “large SMADES” autonomous desalination solar-driven membrane 
distillation plant in Aqaba, Jordan, Desalination 217 (2007) 17-28. 
69. A. Criscuoli, M.C. Carnevale, and E. Drioli, Evaluation of energy requirements in 
membrane distillation, Chem. Eng. Process. 47 (2008) 1098-1105. 
70. S. Lin, N.Y. Yip, and M. Elimelech, Direct contact membrane distillation with heat 
recovery: Thermodynamic insights from module scale modeling, Journal of Membrane 
Science 453 (2014) 498-515. 
71. R.B. Saffarini, E.K. Summers, H.A. Arafat, and J.H. Lienhard V, Technical evaluation 
of stand-alone solar powered membrane distillation systems, Desalination 286 (2012) 
332-341. 
72. Y.C. Woo, Y. Kim, W.-G. Shim, L.D. Tijing, M. Yao, L.D. Nghiem, J.-S. Choi, S.-H. 
Kim, and H.K. Shon, Graphene/PVDF flat-sheet membrane for the treatment of RO 
brine from coal seam gas produced water by air gap membrane distillation, Journal of 
Membrane Science 513 (2016) 74-84. 
73. L.D. Nghiem, C. Elters, A. Simon, T. Tatsuya, and W. Price, Coal seam gas produced 
water treatment by ultrafiltration, reverse osmosis and multi-effect distillation: A pilot 
study, Separation and Purification Technology 146 (2015) 94-100. 
74. M.H. Plumlee, J.-F. Debroux, D. Taffler, J.W. Graydon, X. Mayer, K.G. Dahm, N.T. 
Hancock, K.L. Guerra, P. Xu, J.E. Drewes, and T.Y. Cath, Coalbed methane produced 
water screening tool for treatment technology and beneficial use, Journal of 
Unconventional Oil and Gas Resources 5 (2014) 22-34. 
75. L.D. Nghiem, T. Ren, N. Aziz, I. Porter, and G. Regmi, Treatment of coal seam gas 
produced water for beneficial use in Australia: A review of best practices, Desalination 
and Water Treatment 32 (2011) 316-323. 
76. M. Taulis and M. Milke, Coal seam gas water from Maramarua, New Zealand: 
Characterisation and comparison to United States analogues, Journal of Hydrology 
New Zealand 46 (2007) 1-17. 
77. T.A. Moore, Coalbed methane: A review, International Journal of Coal Geology 101 
(2012) 36-81. 
78. I. Hamawand, T. Yusaf, and S.G. Hamawand, Coal seam gas and associated water: A 
review paper, Renewable and Sustainable Energy Reviews 22 (2013) 550-560. 
79. S. Mondal and S.R. Wickramasinghe, Produced water treatment by nanofiltration and 
reverse osmosis membranes, Journal of Membrane Science 322 (2008) 162-170. 
 
174 
80. P. Xu and J.E. Drewes, Viability of nanofiltration and ultra-low pressure reverse 
osmosis membranes for multi-beneficial use of methane produced water, Separation 
and Purification Technology 52 (2006) 67-76. 
81. M. Yang, Y.W. Ju, L. Tong, and G. Xu, Characteristics of coalbed produced water in 
the process of coalbed methane development, Environmental Engineering and 
Management Journal 10 (2011) 985-993. 
82. X. Liu, Z. Hu, C. Zhu, G. Wen, and X. Meng, Removal of fluoride and total dissolved 
solids from coalbed methane produced water with a movable ultra-low pressure reverse 
osmosis system, Desalination and Water Treatment 51 (2013) 4359-4367. 
83. AGL Upstream Investments Pty Ltd, 2013 Flow Testing of Craven 06 and Waukivory 
03 Gas Wells, (2014), pp. 1-117. 
84. W.H. Orem, C.A. Tatu, H.E. Lerch, C.A. Rice, T.T. Bartos, A.L. Bates, S. Tewalt, and 
M.D. Corum, Organic compounds in produced waters from coalbed natural gas wells in 
the Powder River Basin, Wyoming, USA, Applied Geochemistry 22 (2007) 2240-2256. 
85. I. McBeth, K.J. Reddy, and Q.D. Skinner, Chemistry of trace elements in coalbed 
methane product water, Water Research 37 (2003) 884-890. 
86. State of Queensland (Department of Environment and Heritage Protection), Coal seam 
gas water management policy, 2012, pp. 1-6. 
87. P. Xu, J.E. Drewes, and D. Heil, Beneficial use of co-produced water through 
membrane treatment: technical-economic assessment, Desalination 225 (2008) 139-155. 
88. S. Sethi, S. Walker, J. Drewes, and P. Xu, Existing & Emerging Concentrate 
Minimization & Disposal Practices for Membrane Systems, Florida Water Resources 
Journal (2006) 38-48. 
89. M. Zaman, G. Birkett, C. Pratt, B. Stuart, and S. Pratt, Downstream processing of 
reverse osmosis brine: Characterisation of potential scaling compounds, Water 
Research 80 (2015) 227-234. 
90. P.J. Davies, D.B. Gore, and S.J. Khan, Managing produced water from coal seam gas 
projects: implications for an emerging industry in Australia, Environmental Science and 
Pollution Research (2015). 
91. M. Gryta, Desalination of thermally softened water by membrane distillation process, 
Desalination 257 (2010) 30-35. 
92. M.M. Rafique, P. Gandhidasan, and H.M.S. Bahaidarah, Liquid desiccant materials and 
dehumidifiers – A review, Renewable and Sustainable Energy Reviews 56 (2016) 179-
195. 
93. A.H. Abdel-Salam and C.J. Simonson, State-of-the-art in liquid desiccant air 
conditioning equipment and systems, Renewable and Sustainable Energy Reviews 58 
(2016) 1152-1183. 
94. H.-X. Fu and X.-H. Liu, Review of the impact of liquid desiccant dehumidification on 
indoor air quality, Building and Environment 116 (2017) 158-172. 
95. A.H. Abdel-Salam, G. Ge, and C.J. Simonson, Performance analysis of a membrane 
liquid desiccant air-conditioning system, Energy and Buildings 62 (2013) 559-569. 
96. Y. Chen, Y. Yin, and X. Zhang, Performance analysis of a hybrid air-conditioning 
system dehumidified by liquid desiccant with low temperature and low concentration, 
Energy and Buildings 77 (2014) 91-102. 
97. Q. Cheng and X. Zhang, Review of solar regeneration methods for liquid desiccant air-
conditioning system, Energy and Buildings 67 (2013) 426-433. 
98. A. Lowenstein, Review of Liquid Desiccant Technology for HVAC Applications, 
HVAC&R Research 14 (2008) 819-839. 
 
175 
99. Y. Guo, Z. Ma, A. Al-Jubainawi, P. Cooper, and L.D. Nghiem, Using electrodialysis 
for regeneration of aqueous lithium chloride solution in liquid desiccant air 
conditioning systems, Energy and Buildings 116 (2016) 285-295. 
100. F.A. Al-Sulaiman, P. Gandhidasan, and S.M. Zubair, Liquid desiccant based two-stage 
evaporative cooling system using reverse osmosis (RO) process for regeneration, 
Applied Thermal Engineering 27 (2007) 2449-2454. 
101. A.A. Al-Farayedhi, P. Gandhidasan, and S. Younus Ahmed, Regeneration of liquid 
desiccants using membrane technology, Energy Conversion and Management 40 (1999) 
1405-1411. 
102. F.H. Choo, M. KumJa, K. Zhao, A. Chakraborty, E.T.M. Dass, M. Prabu, B. Li, and S. 
Dubey, Experimental Study on the Performance of Membrane based Multi-effect 
Dehumidifier Regenerator Powered by Solar Energy, Energy Procedia 48 (2014) 535-
542. 
103. J.-P. Mericq, S. Laborie, and C. Cabassud, Evaluation of systems coupling vacuum 
membrane distillation and solar energy for seawater desalination, Chemical 
Engineering Journal 166 (2011) 596-606. 
104. B. Bolto, T. Tran, and M. Hoang, Membrane distillation - A low energy desalting 
technique?, Water 34 (2007) 59-62. 
105. H.C. Duong, M. Duke, S. Gray, T.Y. Cath, and L.D. Nghiem, Scaling control during 
membrane distillation of coal seam gas reverse osmosis brine, Journal of Membrane 
Science 493 (2015) 673-682. 
106. J. Koschikowski, M. Wieghaus, M. Rommel, V.S. Ortin, B.P. Suarez, and J.R. 
Betancort Rodríguez, Experimental investigations on solar driven stand-alone 
membrane distillation systems for remote areas, Desalination 248 (2009) 125-131. 
107. N. Ghaffour, J. Bundschuh, H. Mahmoudi, and M.F.A. Goosen, Renewable energy-
driven desalination technologies: A comprehensive review on challenges and potential 
applications of integrated systems, Desalination 356 (2015) 94-114. 
108. E. Guillén-Burrieza, G. Zaragoza, S. Miralles-Cuevas, and J. Blanco, Experimental 
evaluation of two pilot-scale membrane distillation modules used for solar desalination, 
Journal of Membrane Science 409-410 (2012) 264-275. 
109. J. Minier-Matar, A. Hussain, A. Janson, F. Benyahia, and S. Adham, Field evaluation 
of membrane distillation technologies for desalination of highly saline brines, 
Desalination 351 (2014) 101-108. 
110. H.C. Duong, P. Cooper, B. Nelemans, T.Y. Cath, and L.D. Nghiem, Evaluating energy 
consumption of membrane distillation for seawater desalination using a pilot air gap 
system, Separation and Purification Technology 166 (2016) 55-62. 
111. D. Winter, Comparative analyses of membrane distillation configurations, PhD Thesis, 
2014, pp. 16-17. 
112. H.C. Duong, A.R. Chivas, B. Nelemans, M. Duke, S. Gray, T.Y. Cath, and L.D. 
Nghiem, Treatment of RO brine from CSG produced water by spiral-wound air gap 
membrane distillation - A pilot study, Desalination 366 (2015) 121-129. 
113. R. Schwantes, A. Cipollina, F. Gross, J. Koschikowski, D. Pfeifle, M. Rolletschek, and 
V. Subiela, Membrane distillation: Solar and waste heat driven demonstration plants for 
desalination, Desalination 323 (2013) 93-106. 
114. R.G. Raluy, R. Schwantes, V.J. Subiela, B. Peñate, G. Melián, and J.R. Betancort, 
Operational experience of a solar membrane distillation demonstration plant in Pozo 
Izquierdo-Gran Canaria Island (Spain), Desalination 290 (2012) 1-13. 
115. H.C. Duong, P. Cooper, B. Nelemans, and L.D. Nghiem, Optimising thermal efficiency 
of direct contact membrane distillation via brine recycling for small-scale seawater 
desalination, Desalination 374 (2015) 1-9. 
 
176 
116. E. Curcio, X. Ji, G. Di Profio, A.O. Sulaiman, E. Fontananova, and E. Drioli, 
Membrane distillation operated at high seawater concentration factors: Role of the 
membrane on CaCO3 scaling in presence of humic acid, Journal of Membrane Science 
346 (2010) 263-269. 
117. M. Gryta, Long-term performance of membrane distillation process, Journal of 
Membrane Science 265 (2005) 153-159. 
118. E. Guillén-Burrieza, J. Blanco, G. Zaragoza, D.-C. Alarcón, P. Palenzuela, M. Ibarra, 
and W. Gernjak, Experimental analysis of an air gap membrane distillation solar 
desalination pilot system, Journal of Membrane Science 379 (2011) 386-396. 
119. E. Guillen-Burrieza, A. Ruiz-Aguirre, G. Zaragoza, and H.A. Arafat, Membrane 
fouling and cleaning in long term plant-scale membrane distillation operations, Journal 
of Membrane Science 468 (2014) 360-372. 
120. J. Swaminathan, H.W. Chung, D.M. Warsinger, F.A. AlMarzooqi, H.A. Arafat, and J.H. 
Lienhard V, Energy efficiency of permeate gap and novel conductive gap membrane 
distillation, Journal of Membrane Science 502 (2016) 171-178. 
121. A.S. Alsaadi, L. Francis, H. Maab, G.L. Amy, and N. Ghaffour, Evaluation of air gap 
membrane distillation process running under sub-atmospheric conditions: Experimental 
and simulation studies, Journal of Membrane Science 489 (2015) 73-80. 
122. A. Khalifa, D. Lawal, M. Antar, and M. Khayet, Experimental and theoretical 
investigation on water desalination using air gap membrane distillation, Desalination 
376 (2015) 94-108. 
123. A.S. Alsaadi, N. Ghaffour, J.D. Li, S. Gray, L. Francis, H. Maab, and G.L. Amy, 
Modeling of air-gap membrane distillation process: A theoretical and experimental 
study, Journal of Membrane Science 445 (2013) 53-65. 
124. R.C. Reid, J.M. Prausnitz, and T.K. Shewood, The Properties of Gases and Liquids, 
McGraw-Hill, New York, 1977. 
125. M. Wilf and K. Klinko, Optimization of seawater RO systems design, Desalination 138 
(2001) 299-306. 
126. A.L. Zydney, Stagnant film model for concentration polarization in membrane systems, 
Journal of Membrane Science 130 (1997) 275-281. 
127. H. Ozbek, Viscosity of aqueous sodium chloride solutions from 0-150 oC, American 
Chemical Society 29th Southeast Regional Meeting, Tapa, FL, November 9-11, 1971. 
128. A. Hausmann, P. Sanciolo, T. Vasiljevic, U. Kulozik, and M. Duke, Performance 
assessment of membrane distillation for skim milk and whey processing, Journal of 
Dairy Science 97 (2014) 56-71. 
129. Y.Z. Tan, J.W. Chew, and W.B. Krantz, Effect of humic-acid fouling on membrane 
distillation, Journal of Membrane Science 504 (2016) 263-273. 
130. E. Guillen-Burrieza, R. Thomas, B. Mansoor, D. Johnson, N. Hilal, and H. Arafat, 
Effect of dry-out on the fouling of PVDF and PTFE membranes under conditions 
simulating intermittent seawater membrane distillation (SWMD), Journal of Membrane 
Science 438 (2013) 126-139. 
131. F. He, K.K. Sirkar, and J. Gilron, Effects of antiscalants to mitigate membrane scaling 
by direct contact membrane distillation, Journal of Membrane Science 345 (2009) 53-
58. 
132. M. Gryta, Polyphosphates used for membrane scaling inhibition during water 
desalination by membrane distillation, Desalination 285 (2012) 170-176. 
133. A. Kullab and A. Martin, Membrane distillation and applications for water purification 




134. A.S. Alsaadi, L. Francis, H. Maab, G.L. Amy, and N. Ghaffour, Evaluation of air gap 
membrane distillation process running under sub-atmospheric conditions: Experimental 
and simulation studies, Journal of Membrane Science 489 (2015) 73-80. 
135. I. J. Karassik, J. P. Messina, P. Cooper, and C. C. Heald, Pump Handbook, Third 
edition, McGraw-Hill, USA, 2001, pp. 1-1790. 
136. S. Al-Obaidani, E. Curcio, F. Macedonio, G. Di Profio, H. Al-Hinai, and E. Drioli, 
Potential of membrane distillation in seawater desalination: Thermal efficiency, 
sensitivity study and cost estimation, Journal of Membrane Science 323 (2008) 85-98. 
137. J. Zhang, S. Gray, and J.-D. Li, Predicting the influence of operating conditions on 
DCMD flux and thermal efficiency for incompressible and compressible membrane 
systems, Desalination 323 (2013) 142-149. 
138. Z. Song, L. Li, H. Wang, B. Li, and S. Wang, DCMD flux curve characteristics of 
cross-flow hollow fiber membrane, Desalination 323 (2013) 107-113. 
139. L. Martínez-Díez, F.J. Florido-Díaz, and M.I. Vázquez-González, Study of evaporation 
efficiency in membrane distillation, Desalination 126 (1999) 193-198. 
140. L. Martínez-Díez and M.I. Vázquez-González, Temperature and concentration 
polarization in membrane distillation of aqueous salt solutions, Journal of Membrane 
Science 156 (1999) 265-273. 
141. E.K. Summers, H.A. Arafat, and J.H. Lienhard V, Energy efficiency comparison of 
single-stage membrane distillation (MD) desalination cycles in different configurations, 
Desalination 290 (2012) 54-66. 
142. G. Guan, X. Yang, R. Wang, and A.G. Fane, Evaluation of heat utilization in 
membrane distillation desalination system integrated with heat recovery, Desalination 
366 (2015) 80-93. 
143. F. Banat, N. Jwaied, M. Rommel, J. Koschikowski, and M. Wieghaus, Desalination by 
a “compact SMADES” autonomous solar-powered membrane distillation unit, 
Desalination 217 (2007) 29-37. 
144. G.W. Meindersma, C.M. Guijt, and A.B. de Haan, Desalination and water recycling by 
air gap membrane distillation, Desalination 187 (2006) 291-301. 
145. D. Winter, J. Koschikowski, and M. Wieghaus, Desalination using membrane 
distillation: Experimental studies on full scale spiral wound modules, Journal of 
Membrane Science 375 (2011) 104-112. 
146. C. Fritzmann, J. Löwenberg, T. Wintgens, and T. Melin, State-of-the-art of reverse 
osmosis desalination, Desalination 216 (2007) 1-76. 
147. C. Charcosset, A review of membrane processes and renewable energies for 
desalination, Desalination 245 (2009) 214-231. 
148. L.M. Camacho, L. Dumée, Z. Jianhua, L. Jun-de, M. Duke, J. Gomez, and S. Gray, 
Advances in membrane distillation for water desalination and purification applications, 
Water 5 (2013) 94-196. 
149. A. Figoli, S. Simone, A. Criscuoli, S.A. Al-Jlil, F.S. Al Shabouna, H.S. Al-Romaih, E. 
Di Nicolò, O.A. Al-Harbi, and E. Drioli, Hollow fibers for seawater desalination from 
blends of PVDF with different molecular weights: Morphology, properties and VMD 
performance, Polymer 55 (2014) 1296-1306. 
150. C. Yang, X.-M. Li, J. Gilron, D.-f. Kong, Y. Yin, Y. Oren, C. Linder, and T. He, CF4 
plasma-modified superhydrophobic PVDF membranes for direct contact membrane 
distillation, Journal of Membrane Science 456 (2014) 155-161. 
151. G. Chen, Y. Lu, W.B. Krantz, R. Wang, and A.G. Fane, Optimization of operating 
conditions for a continuous membrane distillation crystallization process with zero salty 
water discharge, Journal of Membrane Science 450 (2014) 1-11. 
 
178 
152. U.K. Kesieme, N. Milne, H. Aral, C.Y. Cheng, and M. Duke, Economic analysis of 
desalination technologies in the context of carbon pricing, and opportunities for 
membrane distillation, Desalination 323 (2013) 66-74. 
153. Y.-D. Kim, K. Thu, N. Ghaffour, and K. Choon Ng, Performance investigation of a 
solar-assisted direct contact membrane distillation system, Journal of Membrane 
Science 427 (2013) 345-364. 
154. G. Zakrzewska-Trznadel, M. Harasimowicz, and A.G. Chmielewski, Concentration of 
radioactive components in liquid low-level radioactive waste by membrane distillation, 
Journal of Membrane Science 163 (1999) 257-264. 
155. State of Queensland (Department of Natural Resources and Mines), Forecasting coal 
seam gas water production in Queensland's Surat and southern Bowen basins: 
Summary, 2012, pp 1-25. 
156. C.R. Johnston, G.F. Vance, and G.K. Ganjegunte, Irrigation with coalbed natural gas 
co-produced water, Agricultural Water Management 95 (2008) 1243-1252. 
157. J.E. Drewes, N.T. Hancock, K.L. Benko, K. Dahm, P. Xu, D. Heil, and T.Y. Cath, 
Treatment of coalbed methane produced water, Exploration & Production/Oil and Gas 
Review 7 (2009) 126-128. 
158. A. Simon, T. Fujioka, W.E. Price, and L.D. Nghiem, Sodium hydroxide production 
from sodium carbonate and bicarbonate solutions using membrane electrolysis: A 
feasibility study, Separation and Purification Technology 127 (2014) 70-76. 
159. A. Subramani and J.G. Jacangelo, Treatment technologies for reverse osmosis 
concentrate volume minimization: A review, Separation and Purification Technology 
122 (2014) 472-489. 
160. C. Forrestal, Z. Stoll, P. Xu, and Z.J. Ren, Microbial capacitive desalination for 
integrated organic matter and salt removal and energy production from unconventional 
natural gas produced water, Environmental Science: Water Research & Technology 1 
(2015) 47-55. 
161. A.M. Alklaibi and N. Lior, Membrane-distillation desalination: Status and potential, 
Desalination 171 (2005) 111-131. 
162. H. Geng, J. Wang, C. Zhang, P. Li, and H. Chang, High water recovery of RO brine 
using multi-stage air gap membrane distillation, Desalination 355 (2015) 178-185. 
163. G.P. Thiel, S.M. Zubair, and J.H. Lienhard V, An Analysis of Likely Scalants in the 
Treatment of Produced Water From Nova Scotia, Heat Transfer Engineering 36 (2014) 
652-662. 
164. L. Martínez, Comparison of membrane distillation performance using different feeds, 
Desalination 168 (2004) 359-365. 
165. R. Sheikholeslami, I.S. Al-Mutaz, S. Tan, and S.D. Tan, Some aspects of silica 
polymerization and fouling and its pretreatment by sodium aluminate, lime and soda 
ash, Desalination 150 (2002) 85-92. 
166. L. Martínez-Díez, F.J. Florido-Díaz, and M.I. Vázquez-González, Study of evaporation 
efficiency in membrane distillation, Desalination 126 (1999) 193-198. 
167. M. Qtaishat, T. Matsuura, B. Kruczek, and M. Khayet, Heat and mass transfer analysis 
in direct contact membrane distillation, Desalination 219 (2008) 272-292. 
168. World Energy Outlook, Are We Entering a Golden Age of Gas?, IEA, Paris, 2011, pp 
1-131. 
169. General Electric, GE and Penrice Consortium to trial converting coal seam gas brine 





170. B.L. Pangarkar, M.G. Sane, S.B. Parjane, and M. Guddad, Status of membrane 
distillation for water and wastewater treatment-A review, Desalination and Water 
Treatment (2013) 1-20. 
171. E. Drioli, F. Laganà, A. Criscuoli, and G. Barbieri, Integrated membrane operations in 
desalination processes, Desalination 122 (1999) 141-145. 
172. X. Ji, E. Curcio, S. Al Obaidani, G. Di Profio, E. Fontananova, and E. Drioli, 
Membrane distillation-crystallization of seawater reverse osmosis brines, Separation 
and Purification Technology 71 (2010) 76-82. 
173. J.P. Mericq, S. Laborie, and C. Cabassud, Vacuum membrane distillation for an 
integrated seawater desalination process, Desalination and Water Treatment 9 (2009) 
287-296. 
174. K.L. Tu, L.D. Nghiem, and A.R. Chivas, Coupling effects of feed solution pH and ionic 
strength on the rejection of boron by NF/RO membranes, Chemical Engineering 
Journal 168 (2011) 700-706. 
175. A. Alkhudhiri, N. Darwish, and N. Hilal, Produced water treatment: Application of air 
gap membrane distillation, Desalination 309 (2013) 46-51. 
176. J. Zhang, N. Dow, M. Duke, E. Ostarcevic, J.-D. Li, and S. Gray, Identification of 
material and physical features of membrane distillation membranes for high 
performance desalination, Journal of Membrane Science 349 (2010) 295-303. 




178. S.A. Kalogirou, Solar thermal collectors and applications, Progress in Energy and 
Combustion Science 30 (2004) 231-295. 
179. R.M. Abousnina, L.D. Nghiem, and J. Bundschuh, Comparison between oily and coal 
seam gas produced water with respect to quantity, characteristics and treatment 
technologies: a review, Desalination and Water Treatment 54 (2015) 1793-1808. 
180. G.J. Millar, J. Lin, A. Arshad, and S.J. Couperthwaite, Evaluation of electrocoagulation 
for the pre-treatment of coal seam water, Journal of Water Process Engineering 4 (2014) 
166-178. 
181. N. Melián-Martel, J.J. Sadhwani, and S. Ovidio Pérez Báez, Saline waste disposal reuse 
for desalination plants for the chlor-alkali industry: The particular case of pozo 
izquierdo SWRO desalination plant, Desalination 281 (2011) 35-41. 
182. A.A. Jalali, F. Mohammadi, and S.N. Ashrafizadeh, Effects of process conditions on 
cell voltage, current efficiency and voltage balance of a chlor-alkali membrane cell, 
Desalination 237 (2009) 126-139. 
183. S. Savari, S. Sachdeva, and A. Kumar, Electrolysis of sodium chloride using composite 
poly(styrene-co-divinylbenzene) cation exchange membranes, Journal of Membrane 
Science 310 (2008) 246-261. 
184. N. Melián-Martel, J.J. Sadhwani Alonso, and S.O. Pérez Báez, Reuse and management 
of brine in sustainable SWRO desalination plants, Desalination and Water Treatment 
51 (2013) 560-566. 
185. D.L. Shaffer, L.H. Arias Chavez, M. Ben-Sasson, S. Romero-Vargas Castrillón, N.Y. 
Yip, and M. Elimelech, Desalination and Reuse of High-Salinity Shale Gas Produced 
Water: Drivers, Technologies, and Future Directions, Environmental Science & 
Technology 47 (2013) 9569-9583. 
186. S.P. Nunes and K.-V. Peinemann, Membrane technology in the chemical industry, 
Wiley-VCH Verlag GmbH, 2001. 
 
180 
187. S.S. Madaeni and V. Kazemi, Treatment of saturated brine in chlor-alkali process using 
membranes, Separation and Purification Technology 61 (2008) 68-74. 
188. R.W. Schofield, Membrane distillation: An experimental study, Doctor of Philosophy, 
The University of New South Wales, 1989. 
189. H.T. El-Dessouky and H.M. Ettouney, Fundamentals of Salt Water Desalination, 
Elseivier Science B.V., The Netherlands, 2002, 526-563. 
190. H. Yu, X. Yang, R. Wang, and A.G. Fane, Numerical simulation of heat and mass 
transfer in direct membrane distillation in a hollow fiber module with laminar flow, 
Journal of Membrane Science 384 (2011) 107-116. 
191. L. Martínez and J.M. Rodríguez-Maroto, On transport resistances in direct contact 
membrane distillation, Journal of Membrane Science 295 (2007) 28-39. 
192. D.W. Green and R.H. Perry, Perry's Chemical Engineers' Handbook, Eighth Edition, 
The McGraw-Hill Companies, Inc., 2008. 
193. L. Mei and Y.J. Dai, A technical review on use of liquid-desiccant dehumidification for 
air-conditioning application, Renewable and Sustainable Energy Reviews 12 (2008) 
662-689. 
194. M.S. Buker and S.B. Riffat, Recent developments in solar assisted liquid desiccant 
evaporative cooling technology  A review, Energy and Buildings 96 (2015) 95-108. 
195. S. Alizadeh, Performance of a solar liquid desiccant air conditioner – An experimental 
and theoretical approach, Solar Energy 82 (2008) 563-572. 
196. E. Elsarrag, Evaporation rate of a novel tilted solar liquid desiccant regeneration system, 
Solar Energy 82 (2008) 663-668. 
197. J. Minier-Matar, A. Hussain, A. Janson, and S. Adham, Treatment of Produced Water 
from Unconventional Resources by Membrane Distillation, International Petroleum 
Technology Conference (2014). 
198. E. Drioli, A. Ali, S. Simone, F. Macedonio, S.A. Al-Jlil, F.S. Al Shabonah, H.S. Al-
Romaih, O. Al-Harbi, A. Figoli, and A. Criscuoli, Novel PVDF hollow fiber 
membranes for vacuum and direct contact membrane distillation applications, 
Separation and Purification Technology 115 (2013) 27-38. 
199. A.M. Alklaibi and N. Lior, Heat and mass transfer resistance analysis of membrane 
distillation, Journal of Membrane Science 282 (2006) 362-369. 
200. B. Ravindra Babu, N.K. Rastogi, and K.S.M.S. Raghavarao, Concentration and 
temperature polarization effects during osmotic membrane distillation, Journal of 
Membrane Science 322 (2008) 146-153. 
201. C. Zambra, J. Romero, L. Pino, A. Saavedra, and J. Sanchez, Concentration of 
cranberry juice by osmotic distillation process, Journal of Food Engineering 144 (2015) 
58-65. 
202. C.A. Quist-Jensen, A. Ali, S. Mondal, F. Macedonio, and E. Drioli, A study of 
membrane distillation and crystallization for lithium recovery from high-concentrated 
aqueous solutions, Journal of Membrane Science 505 (2016) 167-173. 
203. M.R. Conde, Properties of aqueous solutions of lithium and calcium chlorides: 
formulations for use in air conditioning equipment design, International Journal of 
Thermal Sciences 43 (2004) 367-382. 
204. L. Martínez-Díez, M.I. Vázquez-González, and F.J. Florido-Díaz, Temperature 
Polarization Coefficients in Membrane Distillation, Separation Science and Technology 
33 (1998) 787-799. 
205. L. Martinez-Diez, F.J. Florido-Diaz, and M.I. Vazquez-Gonzalez, Study of polarization 
phenomena in membrane distillation of aqueous salt solutions, Separation Science and 
Technology 35 (2000) 1485-1501. 
 
181 
206. H.C. Duong, M. Duke, S. Gray, P. Cooper, and L.D. Nghiem, Membrane scaling and 
prevention techniques during seawater desalination by air gap membrane distillation, 
Desalination 397 (2016) 92-100. 
207. H.C. Duong, M. Duke, S. Gray, B. Nelemans, and L.D. Nghiem, Membrane distillation 
and membrane electrolysis of coal seam gas reverse osmosis brine for clean water 
extraction and NaOH production, Desalination 397 (2016) 108-115. 
208. G. Chen, X. Yang, Y. Lu, R. Wang, and A.G. Fane, Heat transfer intensification and 
scaling mitigation in bubbling-enhanced membrane distillation for brine concentration, 
Journal of Membrane Science 470 (2014) 60-69. 
209. G. Chen, X. Yang, R. Wang, and A.G. Fane, Performance enhancement and scaling 
control with gas bubbling in direct contact membrane distillation, Desalination 308 
(2013) 47-55. 
210. D. Hou, G. Dai, H. Fan, H. Huang, and J. Wang, An ultrasonic assisted direct contact 
membrane distillation hybrid process for desalination, Journal of Membrane Science 
476 (2015) 59-67. 
211. D. Hou, L. Zhang, Z. Wang, H. Fan, J. Wang, and H. Huang, Humic acid fouling 
mitigation by ultrasonic irradiation in membrane distillation process, Separation and 
Purification Technology 154 (2015) 328-337. 
212. M.N. Chernyshov, G.W. Meindersma, and A.B. de Haan, Comparison of spacers for 
temperature polarization reduction in air gap membrane distillation, Desalination 183 
(2005) 363-374. 
213. N. Fumo and D.Y. Goswami, Study of an aqueous lithium chloride desiccant system: 
air dehumidification and desiccant regeneration, Solar Energy 72 (2002) 351-361. 
214. X.H. Liu, Y. Zhang, K.Y. Qu, and Y. Jiang, Experimental study on mass transfer 
performances of cross flow dehumidifier using liquid desiccant, Energy Conversion and 
Management 47 (2006) 2682-2692. 
